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ABSTRACT

Membrane reactors (MR) are known for their ability to improve the selectivity and yield of
chemical reactions. In this paper, a novel high-pressure MR employing a liquid sweep was applied
to the methanol synthesis (MeS) reaction, aiming to increase the per single-pass conversion. For
carrying-out the reaction, an asymmetric ceramic membrane was modified with a silylating agent
in order to render its pore surface hydrophobic. A commercial MeS catalyst was used for the
reaction, loaded in the MR shell-side, while the tube-side was swept with a high boiling point
organic solvent with high solubility towards methanol. The membrane reactor was studied under
a variety of experimental conditions (different pressures, temperatures, space times, and liquid
sweep flow rates) and showed improved carbon conversion when compared to the conventional

packed-bed reactor operating under the same conditions.



1. Introduction

A consequence of a growing world population along with continued industrialization, is the
increased global demand for energy. Today, fossil fuel resources such as natural gas (NG), crude
oil, and coal dominate the world’s energy supply. These traditional energy resources are, however,
limited in size, and the fast-growing world population and the booming economies of developing
countries such as China and India further intensify concerns about their future availability. Another
concern with fossil fuels is the carbon dioxide (CO2) emissions produced during their combustion
for power generation. CO» is thought today to be a key contributor to global warming, and its
emissions may have to be reduced considerably to avoid potential catastrophic consequences in
the future. One way to decrease the world’s reliance on fossil fuels and to decrease the potential
environmental impacts is the use of renewable energy sources, like solar and geothermal energy,
biomass, wind and ocean wave power [1, 2]. Another way is to convert the CO, from power
generation with fossil fuels into chemicals and fuels (this is known as carbon capture and

utilization (CCU)).

Methanol (MeOH) is among the most important/versatile industrial materials with
numerous applications such as a feedstock for producing various chemicals (e.g., C2-Cs olefins
and aromatics [3-5]), fuels and fuel additives like DME, MTBE and DMC [6-8]), and as hydrogen
carrier in energy storage. Converting CO2 into MeOH is a promising CCU route and has attracted
recent attention. Methanol can be synthesized via several methods including the direct oxidation
of methane [9], but the common approach today is catalytically from syngas (a mixture of CO,
CO; and H) produced from either coal (via gasification) or NG (via steam reforming or partial

oxidation). The reactions reported as taking place during methanol synthesis (MeS) are shown

below.
CO;, + 3H, —» CH30H + H.O AH® =-49.5 (kJ/mol) (R1)
CO +2H,; — CH;0H AH® =-90.6 (kJ/mol) (R2)
CO + H;O — CO; + Hz AH® = -41.2 (kJ/mol) (R3)



Though we list all three reactions here, due to the fact that different research groups still hold
different opinion on the carbon source for methanol during MeS, it should be noted that only two
out of these three reactions are linearly independent. In our fitting of our kinetic data, as discussed
later, we only use reactions R1 and R3. The overall MeS reaction is exothermic and associated
with a mole decrease, meaning that high-pressure and low-temperature operating conditions are

favored thermodynamically.

The commercial so-called low-pressure Cu-ZnO-Al>O3 MeS catalyst commonly employed
today (including in this study) is highly selective (selectivity, typically, >99 %), with DME being
the main by-product [9]. There are today several commercial MeS processes (e.g., Lurgi [2],
Johnson Matthey/Davy Process Technology [2], and Haldor-Topsoe [10]), and though they differ
in their technical features, they all try to overcome two key challenges that MeS faces under these
relatively low-pressure conditions: low per-pass conversions that dictate recycle of the unreacted
syngas [2], and the need to efficiently remove the reaction heat. These challenges have also
motivated the continued development of novel MeS processes [11-17], but none has reached
commercial maturity. The low per-pass conversion is particularly problematic for MeOH
production from renewable biomass, and from the so-called stranded gas from oil extraction
operations. These are small-scale, distributed-type applications for which the large-scale
commercial processes do not provide an efficient solution. For example, the syngas produced from
biomass gasification will likely have a large N> content, since the use of oxygen-blown gasifiers
is not economic for such an application because of the costs involved in the installation of an air
separation unit (ASU). For these applications, increasing the per-pass conversion (to ~85%) is key
to commercial adaptation, which requires being able to substantially overcome the thermodynamic
limitations of the MeS reaction. Reactive separation processes, including membrane reactors (MR),

are potentially of interest in this area.

MR have, indeed, been studied previously for MeS (and also for the related Fischer-
Tropsch (FT) reaction) to overcome low conversion and thermal management hurdles [18-27].
Galucci et al. [20], e.g., studied a packed-bed MR (PBMR) for MeS using a commercial Cu-Zn
catalyst and a zeolite-A membrane. Under the same level of conversion, the PBMR gave higher

selectivity than the conventional PBR due to the selective removal of H>O and CH3OH via the
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membrane. Earlier, Barbieri et al. [21] predicted such behavior via simulations. Struis et al. [23]
carried-out an experimental study of MeS in a MR employing a Nafion® membrane which is
permselective towards methanol and water, with the syngas flowing in the membrane tube-side
(loaded with Sud-Chemie AG Cu/Zn catalyst), and with sweep gas (Argon) flowing counter-
currently in the shell-side. They examined membranes with different counter-ions (e.g., Li*, H
and K") at temperatures up to 200 °C and demonstrated improvements in reactor performance by
increasing the pressure, and by optimizing the membrane structure and the module configuration.
A model was also developed for the validation of the experimental results [24]. Chen and Yuan
[25] performed a similar study using a silicone rubber composite membrane on alumina support
and observed higher conversion in the PBMR over the traditional reactors. The experimental
conversions were <10%, however, and there is concern about the long-term stability of such
membranes under the high pressure/temperature MeS conditions. A modeling study of a MR for
MeS that uses a water-permselective silica membrane for the in situ water removal (via a permeate-
side sweep) to achieve a higher rate of methanol production was carried out by Farsi and Jahanmiri
[28]. A modest enhancement in conversion over equilibrium (~4 %) was predicted, but a potential
added benefit of removing the water was noted, which is enhanced catalyst lifetime, since water is

also thought to promote catalyst deactivation via sintering.

Distributor-type MRs have also been studied for the FT process and for alcohol synthesis
[22, 26, 27, 29-35], including MeS. Rahimpour and Ghader [22], e.g., simulated a Pd-membrane
based distributor-type MR for MeS in which the catalyst is placed in the membrane tube-side
where the syngas is fed to and the reaction takes place; additional H is fed into the membrane
shell-side and permeates through the membrane to reach the reactor side, the idea here being to
adjust “on the fly” the H> concentration in the tube-side for optimal performance. The concept has
yet to be validated experimentally, though. Rahimpour and coworkers also modeled several dual-
reactor systems [36-40]. For example, they studied a distributor-type MR [41-43] that coupled
MeS with cyclohexane dehydrogenation via a Pd/Ag membrane. Unfortunately, none of these
interesting systems have undergone experimental validation to date. Bradford et al. [44] studied
the FT reaction in a contactor-type MR running in a “flow-through” mode (FTCMR) that used a

catalytic porous alumina membrane. They observed a higher C2+ hydrocarbon yield and a lower



olefin/paraffin ratio in the MR than in the traditional reactor, and attributed the enhanced
performance to be due to a higher H»/CO-ratio prevailing within the catalytic membrane. Khassin
and coworkers [45] also tested a similar concept and obtained high selectivity toward C5+
hydrocarbons, a higher space-time yield of liquid hydrocarbons, and up to three times higher

catalyst activity with the FTCMR when compared with a slurry reactor.

In summary, the MR proposed to date for MeS use either Pd-type membranes for the
controlled dosing of H: into the reactive mixture (these MR have yet to be tested experimentally,
however) or MeOH/H;0 selective membranes in order to improve the MeS yield. The
H>O/MeOH-selective membranes that have been tested to date (Nafion®, silica) are unlikely to be
robust long-term in the high-temperature and high-pressure MeS environment, however. And the
robustness/performance of Pd membranes in the same conditions (temperatures <300 °C, in CO-
rich environments at high pressures) remains to be validated experimentally (problems with
applying such membranes in large-scale processes relating to the cost and/or availability of the
metal, not-withstanding). In this work, we investigate, instead, a different process concept, in
which a membrane with the desired characteristics serves as an interface contactor in between the
MeS environment in the shell-side and a liquid sweep solvent flow in the membrane permeate-
side. Tetraethylene glycol dimethyl ether (TGDE)) is chosen as the solvent, because methanol has
high solubility in it but permanent gases like H> and CO do not. TGDE also has a relative high
boiling point (275 °C), which makes it robust to the MeS environment. By removing in situ the
MeOH generated, this allows the reactor conversion to reach beyond equilibrium. In the proposed
process, the separation selectivity is provided by the sweep liquid used and not the membrane, and
thus commercial off-the-self inorganic membranes can be utilized, which require no further major
developmental effort beyond modifying the hydrophobicity of their surface. One is, therefore, no
longer constrained by the limited availability (or lack of robustness) of appropriate permselective
membrane materials and can, instead, rely on a greater range of available liquid solvents to attain
the desired selective properties. TGDE was also previously used by Westerterp at al. [46] in an
absorptive trickle-bed MeS reactor. The potential advantages of using the proposed MR when
compared to the trickle-bed reactor is that it provides (i) for better gas (G)-liquid (L)

disengagement, (i1) for lower loss of solvent since in the latter reactor the solvent is in direct contact



with the catalyst, and in the MR (iii) the presence of the solvent does not interfere with catalyst
function, since the syngas components do not have to diffuse through the liquid layer (coating the

catalyst surface) to reach the catalyst.

2. Experimental Section

2.1 Experimental Set-Up

The schematic of the lab-scale experimental set-up is shown in Fig. 1. This set-up consists of three
parts: the gas delivery system, the reactor module, and the gas analysis section. The inlet feed-
stream is prepared by mixing the various gas components which are delivered from UHP gas
cylinders, their flow rates being controlled via individual Mass Flow Controllers (MFC, Brooks
5400). The syngas mixture thus prepared is first pre-heated using heating tapes, and is then fed
into the high-pressure and high-temperature MeS reactor. For the experiments reported here, the
operating pressure range was 20-30 bar and the temperature range 200-240 °C. Three ceramic
band-heaters, each controlled by an individual PID controller, were used to maintain the catalyst
bed isothermal. A three-point thermocouple (from OMEGA) was inserted in the reactor to monitor

the temperature at three different positions in the bed.
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A schematic of the membrane reactor itself is shown as Fig. 2. A tubular ceramic membrane
(for further details, see discussion to follow) divides the reactor into two zones: the shell-side
(often, also referred to as the reject-side) and the tube-side (permeate side). The catalyst is packed
in the shell-side where the MeS reaction takes place, with the methanol that is produced
transporting through the membrane and carried away by dissolving into the liquid sweep that flows
through the tube-side. The pressure of the MR reject-side is controlled by a back-pressure regulator
(BPR, TESCOM 26-1765-24-161). The gas stream exiting the BPR in the MR reject-side passes
through a condenser, whose role is to condense the methanol, and potentially other liquid products
of the MeS reaction for further analysis (to prevent any condensation on the tube walls, the tubing
in between the reactor and the BPR is heated with heating tapes at 170 °C). The condenser is filled
with glass beads (for more effective cooling of the gaseous stream) and is immersed in a cooling
bath that contains a mixture of dry-ice and acetone, and whose temperature is maintained at -78
°C, thus ensuring the complete condensation of methanol and H>O and any other potential MeS
by-products in the gas outlet (however, the catalyst employed is highly selective, and in the

experiments reported here only a minor amount of dimethyl ether (DME) has been observed). This



is verified by the fact that no MeOH or other organic compounds are detected in the gas stream
(analyzed via a Gas Chromatograph equipped with a Thermal Conductivity Detector (GC-TCD,
HP5890, column #Carboxe 1000) exiting the condenser that contains only CO, CO2 and H. The
composition of the liquid phase collected in the condenser is analyzed with a Gas Chromatograph

equipped with a Flame Ionization Detector (GC-FID, HP5800, column # DB-1301).
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Figure 2. Schematic of the membrane reactor

The membrane permeate-side is connected to a liquid pumping system, that consists of the sweep
liquid reservoir, a HPLC pump (and the associated tubing and valves), which is used to pump the
sweep liquid through the tube-side of the membrane. The pressure of the membrane permeate-side
is again controlled by a BPR (TESCOM 26-1765-24-161) installed in the exit line. After exiting
the BPR, the liquid is depressurized into a condenser, that is installed after the BPR operating at
room temperature and atmospheric pressure, in order to release any permanent gases (CO, CO-
and H») that may potentially be dissolved in the sweep liquid. The gas stream from the liquid
condenser is then re-combined with the gas stream exiting the MR shell-side BPR (for the purpose
of properly closing mass balances), and the resulting total gas stream exiting the MR is sent to the
reject-side condenser described above to collect the condensable vapors. The liquid-phase from

the permeate-side condenser is analyzed with a GC-FID instrument. The same experimental set-



up is used for carrying out packed-bed reactor (PBR) experiments by closing both the inlet and

exit of the permeate side of the membrane.

2.2 Experimental Procedure

In the experiments, a commercial Cu-based MeS catalyst (MK-121, from Haldor-Topsoe) was
utilized, whose composition and other properties, as provided by the manufacturer, are shown in
Table 1. Prior to loading into the reactor, the catalyst was ground, and 30 g of the powdered catalyst
with particle sizes in the range from 650 um to 850 um were diluted with quartz of the same size,
for the mixture to be loaded into the reactor. The reactor itself is an autoclave made of stainless
steel, 4.2 cm in internal diameter (ID) and 21 c¢cm in length.

Table 1. MK-121 catalyst properties, (catalyst cylinders with domed ends, 6x4 mm)

Property Value

Chemical Composition

Cu % >43
Zn % 2043
Al % 5+1

Graphite, Oxygen in the metallic oxides,

Carbonates, moisture, % Balance
Axial crush strength, kg/cm? >220
Expected filling density, kg/l 1

The membrane is attached to the top of the autoclave with flexible stainless steel tubing that allows
for thermal expansion; it is connected to the tubing with the aid of Swagelok fittings and graphite
gaskets. Before installing the membrane and loading the catalyst into the reactor, its bottom part
is first filled with pure quartz particles with smaller sizes than the catalyst, in the range from 150
pm to 650 pum. Then, the membrane is installed with its bottom located just above the quartz

particle bed, and the catalyst (intermixed with sufficient quantity of quartz to fill the reactor along

10



the length of the membrane) is added to create the MR section. Above the MR section, a bed of
coarser quartz particles (size from 850 um to 1000 um) is then added. The feed into the reactor is
through a tube that traverses the length of the reactor from the top of the autoclave in the middle
of the fine quartz particle bed at the bottom of the reactor. When the reactor operates as a PBR,
the inlet and outlet of the membrane permeate side are kept closed. The reactor operates
isothermally, both in the PBR and the MR configurations, with the temperature difference across
the whole reactor length being less than 2 °C. The pressure drop in both reactor (PBR and MR)

configurations is less than 0.1 bar.

Each experiment starts with the calibration of the various MFC’s. Then, a leak test is
performed, which involves pressurizing the reactor to 30 bar with N2, closing the reactor inlet and
outlet, and monitoring the pressure. The reactor is considered “leak-free” and ready to initiate
experiments with, if the pressure drop is determined to be <0.2 bar over a 24 h period (during the
reactor experiments, the system sealing performance was also routinely monitored under flowing
H;. by monitoring and recording input and output flow rates). Then the catalyst activation step
commences. The catalyst, as received from the manufacturer, is potentially in an oxidized state
because of its prior exposure to atmospheric air conditions. Before beginning the experiments, the
catalyst must, therefore, be activated via hydrogenation. For that, the reactor is heated to 180 °C,
at a rate of 50 °C /h, in flowing N2 (flow rate of 600 cc/min) at a pressure of 18 bar. In the next
step, flowing H> is introduced into the reactor (12 vol.% in N»), while keeping the total flow rate
constant at 600 cc/min. Upon the introduction of Hz, an initial increase (~10 °C) in the temperature
of the catalyst bed is observed (the hydrogenation reaction is exothermic), after which the
temperature returns slowly back to its original value. After 3 h from the time the catalyst was first
exposed to the H> mixture, the H> concentration is increased to 14 vol. %, and after waiting for 2
h, the same procedure (i.e., increments in concentration of 2 vol. %, waiting for 3 h, etc.) is repeated
till the Hz concentration reaches 18 vol.%. At that point, and after waiting for another 3 h, the
catalyst bed temperature is increased to 200 °C at a rate of 10 °C/h. In the next step, the hydrogen
concentration is increased gradually to 22 vol.% over a period of 18 h while maintaining the total
flow rate constant at 600 cc/min and the pressure at ~18 bar. When a H» concentration of 22 vol. %

is reached, the reactor is left there for an additional 3 h in order to complete the activation process.
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After the catalyst is activated, the reactor is purged with N at a flow rate of 600 cc/min for
~ 1 h before starting the (PBR or MR) experiments. For each separate experiment, the experimental
conditions are adjusted to the target values through the temperature controllers, the BPR’s, the
MFC’s, the HPLC pump (for the MR experiments), etc. The reactor temperature and pressure are
continuously monitored as is the outlet total gas flow rate (via bubble-flow meters) and
composition (via GC-TCD). A steady state is assumed to be reached, when a constant outlet
composition and flow is observed (less than 5% relative change in the concentration and less than

2% change in the outlet flow rate).

2.3 Membrane Preparation

We utilize in this project a multilayer ceramic membrane, from Media and Process Technology,
Inc. (M&PT) whose properties, as reported by the manufacturer, are shown in Table 2. As
explained above, the role of the membrane is to remove in situ the methanol that is generated in
the shell-side while preventing the reactant gases from passing through. In order for the membrane
to function that way, we maintain the pressure in the tube-side higher than that in the shell-side,
so that the liquid will penetrate into the pores of the membrane, thus blocking the pathway for gas
transport. We do not wish, however, the solvent to completely infiltrate the membrane because
that may create a very large resistance for the MeOH molecules to permeate through (the desired
configuration is shown schematically in Fig. 3). For that the membrane must be modified, so that
its surface becomes hydrophobic to be able to prevent the solvent from completely penetrating

through.
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Figure 3. Gas-liquid phase contact in a hydrophobic membrane

Table 2. Properties of the ceramic membrane installed in the membrane reactor

Layer Material Thickness (um) | Average pore size (A)
Support a- Alumina | 1100 2000- 4000

First layer o- Alumina | 10-20 500

Second layer | y- Alumina | 2-3 100

Outer Diameter (mm) 5.7

Inner Diameter (mm) 4.7

The M&PT ceramic membrane is intrinsically hydrophilic, so in order to modify its surface
we have adapted a method first developed by Lu et al. [47], which uses a fluoroalkylsilane (FAS)
compound with hydrolysable groups and hydrophobic ends [48] (see Fig. 4) as a surface modifier.
It has been reported [47, 48] that FAS compounds attach to metal oxide surfaces through a reaction
between their hydrolysable groups with the surface hydroxyl groups, as it is also shown
schematically in Fig. 4. Prior to the modification step, the membrane is glazed on both ends, ~1
cm long, to ensure complete sealing when installed in the reactor. Further details about the glazing

procedure are reported elsewhere [49].
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Figure 4. FAS attachment mechanism onto the membrane surface

For the surface modification, the membrane tube is cleaned via ultra-sonication, first in ethanol
and then in de-ionized (DI) water for 30 min each. Then, the membrane is soaked in an ethanol/DI
water solution (2:1 volume ratio) for 24 h, and then dried in air at 333 K for 24 h. The dry
membrane is then immersed into a FAS/hexane (0.1 mol/l) solution (prepared by dissolving FAS
into hexane under vigorous stirring for 12 h at room temperature), ultra-sonicated for 30 min and
then left in the FAS solution for an additional 24 h to allow the surface coupling reaction to
complete. The membrane is then rinsed multiple times with hexane to remove any unreacted FAS
from its surface and is then dried in an oven at 373 K for 12 h. The membrane soaking in the
FAS/hexane, washing and drying steps are then repeated 4 times, and the modified membrane in
then placed in a furnace and heated in flowing Ar at 200 °C for 6 h.

After the modification, the membrane surface becomes visibly hydrophobic (see Fig 5
showing DI water droplets placed on the membrane tube). To more quantitively assess the ability
of the modification procedure to render the membrane surface hydrophobic and to establish the
detailed procedure, a number of characterization tests are carried out. They include break-through
pressure tests, contact angle measurements, membrane morphology testing via electron
microscopy (SEM), FTIR-DRIFTS characterization (to verify that the surface coupling reaction
has, indeed, taken place), and thermogravimetric analysis (TGA) to verify that the surface
modification is robust at the temperatures employed in MeS. The results of these studies are

reported in greater detail elsewhere [50].
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Figure 5. DI water drops on the surface of the modified membrane

Prior to the initiation of the MR experiments, the ability of the modified membrane to
prevent complete infiltration (and thus break-through) of the solvent employed as a sweep (TGDE
in this study) is tested at room temperature. For that, the solvent is allowed to flow through the
membrane tube-side at a pressure which is ~1.5 bar higher than the membrane shell-side, which is
kept at 1 bar under flowing N». The solvent exiting the membrane is recycled continuously back
into its reservoir and from there back into the membrane tube-side. The leak rate is then estimated
from the change in the mass of solvent in the reservoir after a certain time period. The membrane
surface modification and the membrane sealing are considered successful, and the MR experiment

is initiated, if the rate of solvent loss is smaller than 2 ml/day.

Despite efforts to tightly seal the membrane and to appropriately modify the membrane
surface, some solvent loss is unavoidable during the extended membrane reactor experimental
runs. To prevent the solvent that may have infiltrated through from potentially interfering with the
reactor runs (e.g., deactivating the catalyst), at regular intervals (typically after ~16 h of continuous
MR operation) the reactor experiment is interrupted to rid the MR of any solvent that may have
accumulated (physically adsorbed) on the surface of the catalyst. For that, the solvent flow is first
stopped, and the reactor feed is replaced with a pure H> flow (150 cc/min) at 220 °C. After flushing
the reactor at these conditions for ~1 h, the reactor pressure is lowered to atmospheric and the

system is left under Hz flow at 220 °C overnight to purge any infiltrated solvent out of the reactor.
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(It should be noted, however, that in fact we have no evidence from our lab-scale study that catalyst
deactivation is caused by solvent accumulation, but out of over-abundance of caution we still
followed the aforementioned catalyst regeneration protocol through the whole MR/PBR study. We
do find no mention of catalyst deactivation in the Westerterp et al. study [46] either).

3. Results and Discussion

Prior to the initiation of the MR experiments, a series of experiments were performed with the
membrane permeate-side inlet and outlet being closed and the system operating as a PBR. The
purpose of these experiments was two-fold: First, to provide the basis for comparison for the MR
experiments, i.e., whether the MR performs better or worse than the PBR under identical
experimental conditions; and second to generate the experimental data needed to fit a global rate
expression from the technical literature to be employed in a MR model to be subsequently used
for further process design and scale-up (the development of such a model goes beyond the scope
of this experimental paper, however, and will be described in a future publication [51]). In the PBR
experiments, we study the impact on the performance of the reactor of five key parameters, namely
temperature (T), pressure (P), catalyst weight to inlet molar flow-rate ratio (W/F), the carbon factor
in the feed (CF =mol CO/( mol CO + mol COy)), and the feed stoichiometric number (SN = (mol
Hz- mol CO»)/(mol CO +mol CO») ). Our experiments indicate that the MeOH selectivity is always
higher than 98 %, so global rate expressions for reactions R1 and R3 developed by Vanden
Bussche et al. [52] (based on a prior mechanism for R3 by Rozovskii and Lin [53] and Chinchen
et al. [54]) and thermodynamic parameters from Graaf et al. [55] were tested to verify whether

they are in agreement with the experimental data.

Fig. 6 shows an iso-conversion graph plotting the predicted (by fitting the global reaction
rate expressions of Vanden Bussche et al. [52]) carbon conversion (defined by Eqn. 1 below)
values vs. the experimental data, indicating a good agreement between model and experiments.
(further details about the methods employed for parameter fitting, and the use of the derived global

rate expressions in the MR model for design and scale-up will be presented elsewhere [51]).
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Figure 6. [so-conversion plot of experimental vs. predicted carbon conversions

In the membrane reactor experiments, in order to prevent the solvent from completely
wetting the membrane, its surface is rendered hydrophobic, as noted in Sec. 2.3. To prevent the
gases in the reaction side (membrane shell-side) from bubbling-through into the membrane tube-
side, the pressure of the latter is maintained ~1 bar higher than that of the reaction side. By
employing a liquid sweep in the tube-side, the methanol generated in the shell-side is removed in
situ from the reactor side, resulting in a shift of equilibrium toward methanol. (In a commercial
setting, the methanol would then be removed from the resulting TGDE/MeOH stream, with the
solvent being recycled back into the MR — in the experiments reported here fresh, pure TGDE
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solvent is used for the duration of each run). One other key role of the solvent sweep, from a
process design standpoint, is for carrying away the exothermic heat of reaction. The membrane
plays an important role in the process as an interphase contactor between the reactive mixture and
the product removing solvent, without requiring the solvent to come directly in contact with the
catalyst (as is the case with employing trickle-bed reactors), thus reducing the impact that the

catalyst may have on solvent stability and vice versa, and as a result prolonging their life-times.

A series of experiments are reported here aiming to investigate the performance of the
membrane reactor under different temperatures, pressures, sweep liquid flow rates, and W/F
(catalyst weight/total molar flow rate), and to compare its behavior with that of the PBR under the
same conditions. For these initial series of experiments, we have kept constant both the

stoichiometric number (SN = 1.96) as well as the carbon factor (F¢o/(Fco + Fco,) = 0.625)
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Figure 7. Effect of W/F on MR and PBR conversion. P =32 bar, T = 220 °C

Fig. 7 plots the MR conversion vs. W/F for a shell-side (reactor-side) pressure of 32 bar, a

temperature of 220 °C, and two different sweep liquid flow rates (LF). Shown on the same figure
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are the corresponding PBR conversions as well as the calculated equilibrium conversion. As
expected, both the MR and the PBR conversions increase with increasing W/F (in our case this is
equivalent to decreasing the syngas flow rate since the catalyst weight and the syngas composition
are kept constant in these experiments). Note that the conversion for the PBR, though increasing
with W/F, still remains below the equilibrium conversion, which for these conditions, despite the
relatively low temperature employed, is still fairly low (~44%). For the MR runs, employing the
low sweep liquid flow rate (LF=1 cc/min), the MR conversion begins below the equilibrium line,
but crosses the line as the W/F increases, and eventually exceeds the equilibrium. For the MR runs
employing the higher sweep flow rate (LF=6 cc/min), the MR conversion exceeds the
corresponding equilibrium conversion for all W/F values studied, being higher by ~ 50% for the

highest W/F value studied.

To further explore the effect of sweep liquid, a series of experiments were carried out at a
shell-side MR pressure of 32 bar, a temperature of 220 °C, and at a fixed value of W/F= 170
kg*s/mol while varying the sweep liquid flow rate, and the results are shown in Fig. 8, which
shows the effect of increasing the sweep liquid flow rate on the MR conversion. As expected, the
reactor conversion increases with increasing liquid sweep flow rates, with all MR conversions
under these conditions exceeding the thermodynamic values (it should be noted, that in the
experiments reported in Fig. 8 and throughout this paper, in order to maintain reactor isothermality,
the liquid sweep was preheated to the operating temperature prior to entering the membrane tube-
side). This is because a higher liquid sweep flow rate helps to remove a larger amount of methanol
from the reaction side, and in so doing pushes further the equilibrium toward methanol generation.
There is, of course, a limit of how high of a flow rate one can employ, since the higher the flow
rate is the more dilute the MeOH concentration will be, which then negatively impacts downstream
processing. Selecting the most optimal liquid sweep flow rate is, therefore, an important aspect of
process optimization, which goes beyond the scope of the present paper, however, and will be

dealt with in a forthcoming paper [51].
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Figure 8. Effect of liquid sweep flow rate on MR conversion. P = 32 bar, T =220 °C, W/F =170

kg*s/mol

Fig. 9 shows a series of experiments in which the MR shell-side pressure was set at 32 bar,
the sweep liquid flow rate was set at 1 cc/min, and W/F was set equal to 170 kg*s/mol, and the
reactor temperature was varied. The figure compares the experimental MR conversions with the
conversion in a PBR under the same experimental conditions. The fairly narrow range of
temperatures studied is due to concerns about damaging the FAS coating that renders the
membrane surface hydrophobic (because with this particular silylating agent a safe operating
temperature is < 230 °C [50]) and because of concerns with catalyst selectivity (the catalyst
manufacturer recommends a reaction temperature higher than 190 °C in order to prevent the
production of wax). As shown in the figure, the conversion of MR increases with increasing
temperature, due likely to the increased reaction rate and methanol transport across the membrane
as the temperature increases. However, for the PBR, the conversion passes through a maximum
with the reactor conversion at T = 220 °C being lower than that at T = 214 °C, due likely to

thermodynamic limitations coming into play under this relatively high W/F and temperature
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conditions. Shown on the same figure are the calculated equilibrium conversions. Note, that at this
low temperature, the equilibrium conversion is high but the PBR conversion is low because of the
low reaction rate prevailing at these conditions. At the temperature of 220 °C, the PBR conversion
approaches the equilibrium conversion and under this condition, the membrane reactor attains a
conversion that is higher than the PBR conversion but also the equilibrium conversion as well. For
all the experiments presented here, the MR conversions are higher than the corresponding PBR
values, though the gains are relatively modest due to the size of the membrane utilized, and the

low value of liquid sweep flow rate employed.

70

® Equilibrium
MR

60 * PBR

50

af

30

Conversion (%)

201

205 210 215 220 225
Temperature (°C)

Figure 9. Effect of temperature on PBR, MR and equilibrium conversion. P = 32 bar, liquid sweep rate =

1 cc/min, W/F =170 kg*s/mol.
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Figure 10. Effect of pressure on PBR, MR and equilibrium conversion. T = 220 °C, liquid sweep rate = 1

cc/min, W/F = 170 kg*s/mol

Finally, Fig. 10 shows a series of experiments in which the MR temperature was set at 220
°C, the sweep liquid flow rate was set at 1 cc/min, and W/F was set equal to 170 kg*s/mol, and the
MR shell-side pressure was varied. The figure again compares the experimental MR conversions
with the conversion in a PBR under the same experimental conditions; shown on the same figure
are also the calculated equilibrium conversions. As one can see, at this relatively high temperature
the BPR conversions are fairly close to the equilibrium conversions, particularly for the lower
pressures. For all conditions in this figure, the MR exhibits conversions that are higher than
equilibrium. The MR, PBR and the calculated equilibrium conversions all increase with increasing
pressure, which is to be expected since the MeS reaction results in an overall reduction in the
number of moles and is, thus, thermodynamically favored at higher pressures. An added reason
for the increase in the MR conversion with increasing pressure, in addition to more methanol being
generated, is that the increase in pressure means that a higher amount of methanol transports

through the membrane and is removed by the TGDE, thus further shifting the equilibrium towards
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the methanol generation side. For the whole range of pressures studied, the MR attains higher

conversions than the PBR.

Though limitations with the lab-scale experimental system, which only accommodates one
membrane, prevents us from investigating a wider range of experimental conditions, the
aforementioned data-validated MR model allows one to access a much broader range of conditions
for process scale-up and design purposes in order to study the practical feasibility of the proposed
technology. The model predicts, for example, in line with experimental observations, that an
increase in reactor pressure and space time (i.e., W/F) are both beneficial for the performance of
the MR. For sufficiently high pressures, membrane area and W/F values, the model indicates that
conversions close to 90 % are attained in the MR, significantly higher than the equilibrium
conversions under these conditions. Preliminary economic evaluations indicate that such high
conversions (~85%) would allow the proposed process to operate on biomass-derived syngas in
one-pass configuration without recycle of unreacted syngas needed. Further discussions
describing the basic physics of the model and the assumptions, and detailed presentation of the

model results and predictions will be presented in a future publication [51].

4. Conclusions

In this paper, a novel liquid sweep membrane reactor has been studied experimentally. In the
reactor, we employ commercial mesoporous alumina membranes whose surface is rendered
hydrophobic via the application of a fluorosurfactant agent. A high B.P. liquid with good solubility
toward methanol flows in the tube-side of the membrane to remove in situ the methanol from the
reaction zone, thus helping the MR to attain conversions higher than the thermodynamic
equilibrium conversions and those observed in a PBR under similar experimental conditions.
Though due to the limited size of membrane as well as of the reactor itself, the reported gains in
conversion are generally modest, preliminary process scale-up simulations employing a data-
validated model indicate the potential of the proposed concept to attain per single-pass conversions
greater than 85%, which will make the proposed MR system applicable for distributed-type

biomass gasification applications.
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The proposed MR design shares the same conceptual basis with the absorptive gas-liquid-
solid (GLS) trickle-bed reactor [46], since both reactive separation technologies in their application
to MeS employ a high B.P. solvent to in situ remove the MeOH, and thus favorably shift the reactor
conversion and yield. We believe, however, that the present MeS MR system has a number of
potential advantages over the absorptive reactor system. They include (i) better G-L
disengagement, (ii) less solvent volatilization, and most importantly (iii) less reactive loss of

solvent (and potentially catalyst deactivation).

For the application of the technology we envision (i.e., alcohol synthesis in the context of
distributed-type biomass gasification applications), the key advantage of both reactive separation
MeS technologies is to attain high conversions to the level where no syngas recycle will be needed.
A second advantage is to use the liquid sweep to remove some of the reaction’s exothermic heat.
A potential disadvantage for both processes, compared to the conventional fixed-bed reactor MeS
technology, is the fact that a portion of the alcohol ends-up in the solvent, from which alcohol
needs to be separated out via distillation. Though we have not, as yet, completed a technical and
economic analysis (TEA) for the process, we do not expect this to be a particularly challenging

separation, however, given the differences in the boiling point between the two compounds

Our studies of the MeS MR process are continuing, with a key focus being process
optimization and scale-up. A key optimization condition, for example, is the concentration of the
alcohol in the solvent, since it correlates with reactor conversion and, of course, with product
separation and recovery. It depends in a complex way on catalyst weight (and its activity), the
membrane area utilized (and its transport characteristics), the solvent flow and the rest of the
experimental parameters (e.g., temperature, pressure, syngas composition). Another related key
optimization condition is the fraction of the alcohol product recovered in the product stream. In
the experiments reported here, it varied from ~75% to more than 90%, but it also depends in a
complex way on catalyst weight and activity, membrane area and permeation characteristics, the
solvent flow and the rest of the experimental parameters. We employ in our process design and
optimization studies the data-validated MR model, since it allows us to access a significantly

broader range of operating conditions than it is otherwise possible with the present lab-scale
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experimental set-up. Key findings and conclusions from such optimization and scale-up will be

presented in an upcoming publication [51].

A key future Task in our ongoing studies of the MR-based high-pressure alcohol synthesis
process is to further validate the potential advantages noted for the MR technology over its sister
reactive separation absorptive technology in side-by-side comparisons with similar catalysts,
solvents, syngas compositions and other experimental conditions. In particular, a key emphasis
will be to compare the G-L transport characteristics for the two configurations in side-by-side

modeling and experiments.
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