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ARTICLE INFO ABSTRACT

Keywords: Compared to traditional biomass and coal-fired power plants, a process that includes integrated pyrolysis and
Techno-Economic Analysis subsequent gasification is a promising technology to deliver a larger electrical output through the production of
Chemical Looping high-purity hydrogen with a low carbon footprint. Chemical looping can further enhance the biomass contri-
E}fﬁ?ﬁ;ﬂ bution to the global renewable energy demand while fulfilling the stringent CO, emission cuts needed in the
Gasification energy sector. This study aims at investigating the feasibility of developing a solar catalytic chemical looping

biomass refinery (SCCLBR) power plant for sustainable production of energy using a comprehensive plant
modeling and techno-economic assessment. The plant is composed of 7 sequential units: i) biomass preparation
(drying, transferring, and grinding), ii) reacting unit (SCCLBR), iii) water gas shift unit and heat recovery, iv) CO2
and H,S separation (Rectisol Process), v) sulfur removal (Claus Process), vi) air separation and vii) catalyst
regeneration. The simulation was performed for 1-6 tonne/hour of biomass as input. The effect of key variables
(feedstock load, water injection, and temperature) on the economic performance of the plant were analyzed. The
simulated results of the chemical looping reactor were validated against the experimental results, while the
results of Rectisol and air separation units were validated against the thermodynamic simulation. The results
demonstrated that the CCLBR (without solar integration) and integrated SCCLBR can reach the efficiency of 34%
and 41% respectively, yet the results have not been optimized. The sensitivity analysis indicated that water
injection rate is the most influential parameter, which can even suppress the impact of biomass loading rate. A
separate thermodynamic simulation was also performed to investigate the reaction equilibrium of oxygen carrier
regeneration (CagFezOs) using CO2. The results demonstrated that a temperature above 730 °C is required to
avoid carbonation (Fe3O3 and CaCOg3 production). The maximum greenhouse gas emission in SCCLBR is 10.70,
which is significantly lower than traditional coal-to-hydrogen and biomass-to-hydrogen power plants. It has also
been found that across varying feedstock input rates, greenhouse gas emissions average 12.8% lower when solar
PV supplements refinery power needs; optimization of the steam/biomass ratio may reduce emissions even
further.

Solar energy

United States (US), 43% of which was supplied by biomass sources (EIA)
[1]. On the other hand, the US and China possess the world’s largest
biomass power plant capacities at 16.2 and 17.8 GW, respectively [2].
The United States has abundant biomass resources (214.7 million metric
dry tons), about 61.3% of which is corn stover [3]. Increasing the use of
biomass and other renewable energy can contribute to reducing the
United States’ reliance on fossil fuels and combating climate change.
Pyrolysis and gasification are two promising technologies that

1. Introduction

The global capacity of biomass plants totaled 140 GW in 2020.
Biomass is currently the most widely used renewable energy source in
the European Union (EU), representing about 90% of all renewable-
based heating. However, according to 2020’s statistical analysis,
renewable energy provided only 11% of total energy consumption in the
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Nomenclature

A Pre-exponential Factor )]

A Heat transfer area (m?)

ASU Air Separation Unit

Cp Heat capacity at constant pressure (kJ kmol ! K1)
Cin Inlet concentrations (kmol/m®)

Cout Outlet concentrations (kmol/m?)

CcuU Claus Unit

CCL Catalytic Chemical Looping

CellA Intermediate Active cellulose

Cp heat capacity (kcal/kg-°C)

D. Conveyor diameter (m)

dp, Particle diameter (m)

Ej Activation energy of reaction j (kJ mol™!)
F Volumetric flowrate (m>/h)

AH Enthalpy changes (kcal/h)

h Enthalpy (keal or kJ)

HTSR high-temperature shift reaction

AHOf Heat of formation of a feed stream (kJ kmol")
HMFU  5-hydroxymethyl-furfural

HAA Hydroxyl-acethaldehyde (C2H405)
Hfeed Feed enthalpy (kJ kmol™1)

HP High pressure

kw Kilowatt

K dimensionless number related to geometry
k, specific heats (C,/C,)

k;; Binary interaction constant

ky Henry’s constant

LOD Loss on drying

LTSR Low-temperature shift reaction

LP Low pressure

LVG Levoglucosan (1,2-anhydro-a-D-glucopyranose,
C6H1005)

L. Conveyor diameter (m)

L Total liquid flow rate

LigH Lignin Rich in Hydrogen (C32H2g00)
LigO Lignin Rich in Oxygen (CoH22010)

LigC Lignin Rich in Carbon (C15H;404)

my Mass flow rate (kg/h)

MW Megawatt

MeOH  Methanol

n Tangential velocity distribution

nc Number of components in the mixture

P Power consumption (kW)

P Pressures (Pa)

Pc Critical pressure (Pa)

PSRK Predictive SRK

Q, Operating throughput (m%/h)

Qs Specific throughput (m®3/h-m?)

Q heat input or removal (kcal/h)

RU Rectisol Unit

SRK Soave-Redlich-Kwong equation of state
tonne Metric Ton

T Temperature (°C)

ATim Log mean temperature difference (°C)
AT Temperature change (°C)

Tc Critical temperature (°C)

U Heat transfer coefficient (kcal/h-°C-m?)
A% Total vapor flow rate (m3/h)

WGSR  Water gas shift reaction

WHB Waste Heat Boiler

Xj Mole fractions of component i in the liquid phase
Vi Mole fractions of component i in the vapor phase
W Dimensionless number related to operating conditions
Pps Particle density (g cm ~)

PLi Pure component liquid densities (kg/m?)
W, Gas viscosity (Pa.s)

ur Tangential particle velocity

n Efficiency (%)

\21 Volumetric throughput (m%/h)

A Volumetric contribution coefficients

TA Combined reaction rate

v Stoichiometric coefficients

® Acentric factor

exploit energy from biomass. Pyrolysis is the thermochemical decom-
position of biomass in the absence of oxygen to form a char and a gas
and/or liquid that can be used to produce electricity or other fuels. In
contrast, gasification is a thermal decomposition of biomass with the
help of a gasifying agent to produce a gas (syngas). The gasification
process comprises three main steps: moisture evaporation, de-
volatilization followed by homogeneous oxidation of the volatile mat-
ter, and heterogeneous oxidation of the char. Air, oxygen, and steam are
the most widely used gasifying agents. Temperature, gasifying agent,
feedstock type, size, inherent moisture content, and catalyst are among
the most important parameters for estimating gasification effectiveness.
In typical biomasses, the cellulose-to-lignin and hemicellulose-to-lignin
ratios have the values of 0.5-2.7 and 0.5-2.0, respectively. Cellulose and
hemicellulose yield gaseous products directly, while the lignin content is
partially decomposed to oil. Therefore, a higher ratio of cellulose and
hemicellulose to lignin yields a greater fraction of gaseous product. In
terms of temperature effects, higher temperature (between 500 and
1400 °C) and faster heating rate lead to greater gas production and less
tar production. Additionally, lower biomass particle size increases the
conversion rate and product quantity. Smaller particles have higher heat
transfer ability and more uniform temperature, which increases the
gasification rate. Generally, a particle size of up to 0.15 mm is recom-
mended for entrained flow gasifiers. Moreover, the gasifying agent af-
fects the calorific value of the product gas. Although gasification is a

proven technology for syngas production, optimization of the process
and developing new technologies are still necessary to tackle the prob-
lems associated with energy production from biomass. Gasification de-
mands a large amount of energy, particularly in the air separation unit.

Recent studies have demonstrated the possibility of Hy enrichment
through the integration of pyrolysis and inner-looping gasification. The
concept of integrated pyrolysis and gasification has the purpose of
shifting the reactions from exothermic to endothermic, which enhances
the syngas yield and produces a high-quality gas: one with low tar
content, higher hydrogen content, and subsequently greater heating
value [4]. Additionally, the process consumes less energy compared
with conventional gasification [5]. However, the process needs a bi-
functional catalyst to simultaneously promote catalytic pyrolysis and
gasification. Metal oxide composites have recently gained attention due
to their low-cost and high (hydro) thermal stability. Fan et al [6]
recently suggested that calcium ferrite catalyst composites (e.g.
CagFey0s) can increase Ha-rich gas production with tar abatement in
steam-refinery of pinewood biomass. In integrated pyrolysis and gasi-
fication, CO and Hj of syngas resulting from the steam-pyrolysis step
reduce the CayFesOs to form CaO and Fe, while the catalyst can be
oxidized (partially regenerated) during the steam gasification. As a
result, gas production, tar cracking, and carbon conversion increased
compared with the same process in the absence of CasFesOs catalyst. Im-
orb et al [7] evaluated the technical and economic performance of
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Fig. 1. A conceptual schematic diagram of chemical looping in SCCLBR (Adopted partially based on [6]).

integrated biomass pyrolysis and gasification for synthesis gas produc-
tion from rice straw under different operating temperatures
(400-700 °C) and concluded that 700 °C offers the best technical per-
formance. Chai et al. [8] developed and studied a new catalyst Ni-CaO-C
and evaluated its performance and CO2 adsorption capability for inte-
grated pyrolysis and gasification of plastics and biomass. Their experi-
mental results indicated that high Hy production (86.74 mol% and
115.33 mmol/g) and low CO, concentration (7.31 mol %) under the
optimal operating conditions. Dai et al. [9] studied the integration of
pyrolysis and entrained-bed gasification for the production of chemicals
from Victorian brown coal. According to their results, the integrated
process possesses an exergy efficiency 4.5% higher than the

lWet Biomass

drying-gasification process. With a particular focus on lowering the
gasification temperature and improving reactor design, Bartocci et al
[10] investigated the hydrogen-rich gas production through integrated
pyrolysis and steam gasification of the charcoal pellet. The process could
reach hydrogen concentrations equal to 58.26% in volume. The results
showed that the pyrolysis reaction could cover the entire heat required
for the pyrolysis, reforming, and steam gasification stages.

On the other hand, the emerging concept of chemical looping (CL)
refers to the decomposition of a chemical reaction into multiple sub
reactions. The CL process typically involves the reduction and regener-
ation of an oxygen carrier (OC), such as metal oxides that can oxidize
feedstocks. There are different types of CL processes such as chemical

Is

Unit 1: Biomass Preparation
= Rotary Dryer with steam as heating agent,
Inlet water content of biomass: 24.8%
Outlet water content of biomass: 5.09%
= Grinder: Inlet density of biomass: 60 kg/m’
Outlet density of biomass: 156 kg/m?

Unit 6: Claus Process (Conversion of sulphur
containing compounds to S element)
Flame Zone, H,S+3/20,— SO,+H>0 , Adiabatic

l Dried/Grinded Biomass

Unit 2: Biomass Refinery (CSPR Reactor)
(Integrated Pyrolysis and Gasification)
Pyrolysis

CH,0. — H,+CO+CO>+CHy+tar+Char
Steam Gasification

(x+z)C + (x+3y)H:0 — (x-3y+2z)CO + (x+3y)H> +
(3y-z)CO;

CaFe;0s Reduction and Partial Regeneration
CaxFe;05+3C0O —2Ca0+2Fe+3C0;
CaxFe;Os+3H; —»2CaO+2Fe+3H>0
4CasFe;05+3CHy —8CaO+8Fe+3CO>+6H>0
3H>0+ 2Fe+2Ca0O — CaFe>Os+3H>

Anoxic Zone, H>S « S+H, , Adiabatic
2H>S + SO; « 3S+2H>0
Waste Heat Boiler, Tou: 65 °C
Fris
Unit 5: Rectisol (H2S, CO: H,
separation from syngas) —>
= MeOH is used for H,S and CO> removal
using two adsorption reactors: P8, P25.
Operating Conditions of P8: 32 bar, -42 °C | €Oy
Operating Condition of P25: 32 bar, -42 °C
= CO; and H»S are desorbed, while H»S is re-
adsorbed in Na,
= The rest of CO; is stripped by N» in P34 | COZ;
Operating Conditions of P34:
= MeOH is regenerated in P42
Operating Conditions: 2 bar, 68 °C

CaO
Fe

y
CO, CO, N, 0:

l CasFe,0s T Raw Syngas
¥

Ha

e

Unit 4: Catalyst Regeneration

(COCR)

2CaO+2Fe +3C0O; — CazFe;0s
+3CO

Operating Conditions in P17:

Outlet temperature: 750 °C

Unit 3: Water-Gas Shift (WGS)
CO+H>0 < CO;+H;
Operating Conditions
Outlet T: 360 °C, P:1.3 bar
Operating Conditions
Adiabatic, Inlet T:200 °C, P:1.3 bar

Unit 7: Air Separation Unit
(ASU)

Operating Conditions in
Distillation Columns: 5.7, 1.2 bar
Flash: T: -185 (isothermal), P:1.3
bar

in HWGS:

in LWGS:

Fig. 2. Simplified process flow diagram of the SCCLBR representing the related reactions, model assumptions, performance indicators, and key parameters.



B. Sajjadi et al.

Energy Conversion and Management 243 (2021) 114341

Table 1 Table 2

The chemical characterization of pinewood and corn stover [53 54 55]. Technical parameters used for the simulation of the power plant.
Content Pinewood (wt%) Corn Stover (wt%) Item Equipment Parameter Unit Value
Cellulose 34.28 33.75 P-1 Rotary Dryer Initial LOD- Final LOD % 24.86-5.09
Hemicellulose 19.78 22.08 Heating Agent-Temperature -, °C Steam, 242
Lignin 19.97 12.99 Specific Evaporation Rate (kg/h)/ 20
Ethyl alcohol 0.71 0.71 m?
Moisture 24.86 24.87 Outlet Gas T- Product T °C 100
Sulfur 0.12 0.12 Heat Transfer Efficiency % 70%
Ash 0.26 5.59 [17]

looping full oxidation, partial oxidation, thermochemical COy/H20
splitting, selective oxidation, CO9 capture, super-dry reforming, and
desulfurization, among others. Chemical looping gasification is a
particular case of partial oxidation, which aims at improving the yields
of hydrogen production. This process has the potential to generate high
quality syngas with lower CO5 content and higher hydrogen production.
This study integrates the two concepts of integrated pyrolysis/gasifica-
tion with chemical looping in a (solar) catalytic chemical looping
biomass refinery power plant (SCCLBR). CasFe;Os was considered as the
catalytic oxygen carrier (COC) of the CL process, the reduced form of
which is re-oxidized and regenerated in the catalyst regeneration unit.
Two different loops must be distinguished in this study. The first loop
(outer looping) represents the biomass pyrolysis and the inner looping
steam gasification along with partial regeneration of the catalyst using
steam. This process occurs in one reactor (catalytic steam pyrolysis
reactor, CSPR in biomass refinery unit). The second loop involves the
complete regeneration of the reduced COC catalyst (CaO and Fe®) using
CO3 (in catalyst regeneration unit) and the outer looping. In the overall
process, the catalyst regenerator is the oxidation reactor, while the
biomass refinery is the reducer reactor. A conceptual schematic diagram
of these two loops has been provided in Fig. 1. The main objective the
work focuses on assessing the feasibility and efficiency of establishing a
full SCCLBR power plant based on the concepts of integrated pyrolysis/
gasification with chemical looping using a comprehensive plant model.
The entire process design, technical performance, and validation are
presented in detail. The process includes seven units: i) biomass prep-
aration, ii) reacting unit (SCCLBR) and heat recovery, iii) water gas shift
unit, iv) CO and HsS separation unit (Rectisol), v) sulfur removal, vi) air
separation unit (ASU) and vii) catalyst regeneration. Simulation of the
process was performed using the SuperPro Designer package (Version
10) based on the experimental work on refinery reactor (half of the
chemical looping process) done by our consortium at the University of
Wyoming [6]. Rectisol and ASU units were separately simulated using
PROV/II to ensure the accuracy of the economic analysis. While steam
and oxygen are usually applied to re-oxidize the reduced catalyst, this
study through the thermodynamic modelling proves, for the first time,
that the reduced form of CasFe;Os (CaO and Fe®) can be re-oxidized and
regenerated using CO-. Therefore, a separate thermodynamic modelling
was also performed to investigate the CasFepO5 regeneration using CO».

2. Process Description and Simulation

A summary of the process modeled has been provided in Fig. 2. Each
step in the process is detailed in the following sections.

2.1. Biomass Source

Biomass mainly consists of cellulose, hemicellulose, lignin, and
moisture. The elemental composition of biomass is influenced by the
environmental conditions, harvesting method, and elapsed time after
harvest. For instance, corn stover biomass produced in the Northern US
Corn Belt contains moisture at varying levels ranging from 47% to 66%
[11]. Based on the 3-year average of the data presented in [12] 37% of
the potential stover would be harvested at a range of moisture from 45%
to 32%. On the other hand, according to the database for the

Volatile Content of Outlet- wt/wt 0.02

Gas dry
P-2 Screw Shaft rotating rate RPM 50
Conveyer
Bulk Density of Conveyed kg/m*® 60
Material [56]
P-4 Screw Shaft rotating rate RPM 50
Conveyer
Bulk Density of Conveyed kg/m? 156
Material [57,58]
P-5 CCL Reactor Temperature °C 750-850
Pressure bar 1.3
Water kg/h 200-560
P-72  Tar Reformer Outlet Temperature °C 700
Pressure bar 1.3
P-73  H-WGS Outlet Temperature °C 360
P-10 L-WGS Adiabatic - -
P-8 Absorption Thermal Equilibrium, bar 32
Pressure
P-25  Absorption Thermal Equilibrium, bar 32
Pressure
P-39 H,S Pressure bar 3
Concentrator
Top Stream Temperature °C —42
P-34  Stripper Thermal Equilibrium, bar 2
Pressure
P-42  Regenerator Pressure bar 2
Top Stream Temperature °C 68
P-29 Flash Adiabatic, Pressure bar 7.5
P-30 Flash Adiabatic, Pressure bar 7.5
P-36  Flash Adiabatic, Pressure bar 1
P-50 Flash Adiabatic, Pressure bar 1.2
P-54  Electric Outlet Temperature °C 600
Heating
P-60  Electric Outlet Temperature °C 305
Heating
P-13  Electric Outlet Temperature °C 250
Heating
P-55 Flame Zone Adiabatic, Pressure bar 1.3
P-53 Anoxic Zone Adiabatic, Pressure bar 1.3
P-81 Distillation No. of Trays - 45
Pressure bar 5.7
P-87  Distillation No. of Trays - 70
Pressure bar 1.2
P-85 Flash Isothermal, Temperature °C —185
Pressure bar 1.3

physicochemical composition of (treated) lignocellulosic biomass [13]
and a number of commercial lines [14] the moisture content of different
biomass sources is between 24 and 25%. Accordingly, the average value
of 24.87% moisture content was assumed for process simulation in this
study and the rest of the components (e.g. cellulose, hemicellulose, and
lignin) were normalized. Moreover, two different biomass sources
including pinewood and corn stover were used for modeling the process.
The characteristics of the biomass sources defined in the simulation
were summarized in Table 1.

2.2. Unit 1: Biomass Preparation Unit

2.2.1. Drying
There are over 100 distinct types of dryers commonly available

which are categorized according to the particle size, uniformity of the
input material, heating mode, as well as their capital and operating
costs. The most common dryers are rotary dryers, belt dryers, flash
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Fig. 3. Structure of different types of Lignin.

dryers, and fluidized-bed dryers. Rotary dryers are highly efficient op-
tions for solid bulks in large scale plants. These dryers are often chosen
for their robust processing and uniform results. The rotary dryer consists
of a large inclined rotating cylindrical drum with a diameter of 1-6 m,
mounted on rollers and driven at a low speed. Heating can be applied
either directly or indirectly. In direct heating, the hot air or gases pass
through the material, while in an indirect configuration, hot gases in
external tubes heat the material in an inner shell. Hot waste gases, flue
gases, hot air, or flame (direct heating) could be the heat sources of
dryers. Steam is another alternative that may be fed to a series of tubes
inside the dryer’s shell. Although the drying medium can flow in either
co-current or counter-current of the material, the former is usually
preferred for heat-sensitive materials. In this study, a rotary dryer with
an indirect heating agent using high-pressure steam has been considered
for the simulation. The details of the operating conditions have been
summarized in Table 2 and its energy consumption has been validated
against the commercial dryers [15-18].

2.2.2. Transferring

Screw conveyors are one of the most cost-effective devices for
transporting bulk materials such as flakes, seeds, granules, grains, and
powders. These devices can move non-flowing, wet, or caking materials
that might otherwise be difficult to transport. Alternatively, they can be
used to blend or mix materials. Screw conveyors consist of a helical
screw element within a casing. They can work as independent mobile
devices or as a part of other grain handling items such as dryers, feed
mixers, distribution systems, etc. Screw conveyors normally have a
diameter between 75 and 400 mm and a length of between 1 and 30 m
[19]. In this study, two screw conveyors were modeled as summarized in
table 2. The first one is a multi-step conveyor for transporting the initial
biomass bulk and the second one is a one-step conveyor for transporting
the ground and dried biomass powder. The power requirements, ca-
pacity, and volumetric efficiency of a screw conveyor are affected by the
conveyor geometry, size, operating parameters and the properties of the
material being conveyed [20]. The power requirements of the rotary
conveyors of this study were calculated by considering the biomass
particle size, density, shaft rotating rate as well as the number of con-
veyors needed in the multi-step one. The operating conditions were
selected according to the commercial conveyors [20,21].

2.2.3. Grinding

Size reduction is one of the major pre-processing operations to pro-
duce the particle size needed. Grinders require considerable energy
input (10-50 kW Mg-1) depending on the grinding mechanisms (impact,
shear, attrition) and material [22]. The energy consumption by the
grinder increases as the particle size decreases. Multiple-stage grinding
is required in some processes. The main size reduction devices include
disk chipper and drum chipper which reduce the size with replacement
knives, producing clean edge/two-sided particles. Swing hammer hogs,
fixed hammer hogs, and knife hogs are the other types of grinders that
use swimming hammers, fixed hammers, and semi-sharp hammers
respectively, to produce coarse/multi-surface particles and semi-coarse

particles [23]. SuperPro Designer does not offer many different
grinder options. In this study, a bulk grinder was modeled with a specific
power consumption of 0.04 kW/(kg/h).

2.3. Unit 2: Biomass Refinery Unit

2.3.1. Integrated Pyrolysis-Gasification

The Solar Catalytic Chemical Looping Biomass Refinery (SCCLBR) in
this study consists of two parts: a catalytic steam pyrolysis reactor
(CSPR) and catalytic oxygen carrier regenerator (COCR). The first
operational step in the SCCSPR involves the mixing of biomass particles
with COC particles, followed by feeding the solid mixture into the CSPR.
The CSPR is the outer-looping process that cycles between catalytic
pyrolysis of biomass and inner-looping steam gasification of biochar.
The primary pyrolysis kinetics and the corresponding heat of reactions
used in this study as well as the details of the lignin structures were
summarized in Table 2 and Fig. 3. Pyrolysis mainly includes 15 subse-
quent reactions in which biomass is decomposed into char, tar, and
volatiles. The rest of the reactions in Table 3 include the secondary
pyrolysis reactions for tar (Reactions 16-25), steam gasification (Re-
actions 29-31) as well as the tar generation from (lumped) phenol and
its conversion (Reactions 32-37). Generally, an oxygen carrier is a type
of metal oxide, which provides oxygen for fuel gasification. Iron-based
oxygen carriers (OCs), such as FepOs, Fe03/A1203, and hematite, are
the most widely used OC due to the low cost and environmental
friendliness. However, the previous studies demonstrated that Fe-based
OCs do not have enough reactivity, selectivity, and stability. Fe-
contained composite oxides or those supported on LayOs, CeO,, and
Al,03 have improved dispersion and alleviate the sintering problem.
The selectivity of Fe-based OCs has also been further improved in
CaFe;04 and BaFey04, CagFeyOs, and FeAl,04. These new composites
had a low reactivity with synthesis gas in contrast to their great activity
while reacting with solid fuel [24,25]. The technical and economic
analysis of the catalyst consumption was validated against the experi-
mental results. However, the lack of kinetic information related to the
catalyst activity caused some deviation between the simulation results of
the CSPR and the experimental results. Additionally, three different
temperatures (from 750 to 850 °C) and water injection rates (from 0.08
to 0.235 steam/biomass weight ratio, dry basis) were considered. In real
power plants, higher ratios of steam/biomass are usually applied (up to
0.5-1) to ensure the complete conversion of the reactions [26,27].
However, a number of reactions in the gasification process are revers-
ible. Particularly, water gas shift reactions are severely affected by the
amount of steam injected. On the other hand, Superpro designer as-
sumes instant and perfect mixing of inlet streams with the compounds in
the reactor. Therefore, any additional steam above stoichiometry may
significantly affect the simulation results. In this study, the minimum
quantity of steam has been considered for the simulation to ensure the
validity of the results against the experimental ones.

2.3.2. Unit 4: Operation of COCR
The consumed catalyst can undergo a single-step oxidation regen-
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Table 3
Primary pyrolysis reactions along with the reaction heat [59 60 61 62 63], [64 65], [66 67]
No. Reactions A E(kJ/mol) AH(kJkg™")
1. Cell - CellA 8 x 10" 192.5 447.7
2. CellA — 5H,0 + 6Char 8 x 107 133.9 -1087.8
3. CellA — Levoglucosan 4T 41.8 732.2
4. CellA — 0.95HAA + 0.25Glyoxal + 0.2Acetaldehyde + 0.25HMFU+-0.2Acetone + 0.16CO; + 0.23CO + 0-.9H,0 + 0.1CH4 1 x 10° 125.5 899.6
+ 0.61Char
5. HCell — 0.4HCell1 + 0.6HCell2 1 x 10%° 129.7 548.1
6. HCell — 0.8CO; + 0.675C + 1.4CO + 0.25 C,H,4 + 0.125 EtOH + 0.5Formaldehyde + 0.75H, + 0.625CH4 + 0.25 MeOH + 3 x 10° 113 447.7
0.125Water
7. HCelll - Xylosan 3T 46 707.1
8. HGCell2 — CO, + 0.5CH, + 0.25C,H, + 0.8CO + 0.8H; + 0.7 Formaldehyde + 0.25Methanol + 0.125 EtOH + 0-.125H,0 + 1 x 10'° 138.1 259.4
Char
9. LigC — 0.35LigCC + 0.1pCoumaryl + 0.08Phenol + 0.41C,H, + H,0-+0.495CH4 + 1 Hy + 1.32CO + 5.735Char 4 x 10'° 202.9 602.5
10.  LigH — LigOH + Acetone 2 x 10" 156.9 523.0
11.  LigO — LigOH + CO, 1 x 10° 106.7 510.4
12.  LigCC — 0.3pCoumaryl + 0.2Phenol + 0.35Acrylic Acid + 0-.7H,0+-0.65CH, + 0.6C,Hy4 + 1.8CO + Hy + 6.4Char 5 x 10° 131.8 288.7
13.  LigOH — Lig + H,0 + Methnaol + 0.45CH4 + 0.2CoHg4 + 2CO + 0.7H, + 4.15Char 3 x 108 125.5 100.4
14.  4.5lig » 1GgHO5(Resorcinol) + 3C;Hg0,(Guaiacol) + 3CgHgO3(Vanillin) 8T 50.2 577.4
15. Lig — H,0 + 2CO + 0.2Formaldehyde + 0.4methanol + 0.2Acetaldehyde+0.2Acetone + 0.6CH4 + 0.65C;H4 + 0.5H; + 1.2 x 10° 125.5 —205.2
5.5Char
16.  HMFU — 3CO + 1.5C;H, 4.28 x 10°  108.0 642.7
17.  Acetone — 0.5CO; + 0.5H; + 1.25C,H,4 4.28 x 10°  108.0 1878.2
18. pCoumaryl — CO; + 2.5C;H, + 3Char 4.28 x 10°  108.0 —-359.6
19.  Phenol — 0.5C0O5 + 1.5CoH, + 2.5Char 4.28 x 10°  108.0 -143.1
20.  Xylan — 2CO; + Hy + 1.5CoH,4 4.28 x 10°  108.0 ~563.0
21.  LVG — 2.5C0, + 1.5H; + 1.75C,H, 4.28 x 10°  108.0 1701.6
22.  HAA - 2CO + 2H, 4.28 x 10°  108.0 3562.7
23.  Glycoxal — 2CO + 1H, 4.28 x 10°  108.0 -156.6
24.  Acrylic-Acid - CO; + CoHy 4.28 x 10°  108.0 -912.9
25.  Formaldehyde — CO + H, 5 x 10! 272 -
26.  C+ COy — 2CO 4364 248.12 -
27. C+Hy0 - CO+H, 3.42T -
29  CH40 — CO + 2H, 4.28 x 10° 108 -
30  CyH40 + Hy0 — 2CO + 3H, 4.28 x 10° 108 -
31.  CO+ Hy0 < CO, + Hy 7.68 x 304.624 -74.8
1010
31.  Reversed Reaction 6.4 x 10° 326.407 -
32.  CgHsOH(Phenol) — 1CsHg + 1CO 1 x 10" 209 3295.8
33.  2CsHg — 2H; + 1C;oHg (Naphthalene) 2 x 107 16.7 —268.0
34. 2CgHgO- (Resorcinol) — 1CqoHg + 2C0O, + 2H, 5.01 x 310,871 2646.3
1014
35.  CgHgO3 (Vanillin) + Hy — G;HgO + 1CO + H,0 1.3 x 10" 175.309 -1956.9
36.  C;HgO (Anisole) + 2H, — CeHs0H + Hy0 7.94 x 226.354 -1062.7
1010
37.  C;HgO, (Guaiacol) + 2H, — C¢HsOH + CH4 + H,0 1.58 x 191.000 —720.6
1012

eration, as below:

2Ca0(s) + 2Fe(s) 4+ 3C0,(g) < CazFe,05(s) +3CO(g)AH,
= —7.05kjmol™!

In the COCR reactor, CO; is added to react with and regenerate spent
COC. The O in CO; is used to replenish the O in spent COC. The re-
generated COC particles are then separated from the outlet gas stream
via another cyclone unit. The regenerated COC particles with severe
coke deposition are recycled back to the COCR for carbon removal or
further regeneration, whereas the COC particles with much less carbon
deposition are returned to the CSPR, leading to the termination of one
chemical looping. A cyclone directly connected to the CSPR is used to
separate the gas mixture from biochar, unreacted biomass, and oxygen-
depleted COC. The unreacted biomass discharged at the bottom of the
cyclone can then recycled back to the SCSPR; whereas, the spent COC
and biochar are carried to an auxiliary cyclone unit for further separa-
tion. At the outlet of this unit, the spent COC is transferred to the COCR
for regeneration.

2.3.2.1. Particulate Removal Using Cyclone Separator. The product gas
stream from the gasifier contains a significant level of particulates and

tar, which are problematic if not handled properly. The particulates
consist of unconverted char, ash, and bed material (e.g. catalysts).
Deposition of particulates in the downstream equipment causes plug-
ging and increases the maintenance costs. Cyclone separators have
routinely and widely been used to separate the particulate impurities
above 5 ~ 10 pm in diameter from the gas stream. Separation in a
cyclone is achieved by utilizing inertial forces. Smaller particulates can
be further removed using wet scrubbers, various barrier filters, and
electrostatic precipitators. In a typical cyclone, the incoming flow is
forced to rotate, while it simultaneously moves down due to gravity. The
shrinkage cross-section of the bottom of the cone generates a reverse
flow pulling the flow (light components e.g. gas) upward. The perfor-
mance of the cyclone is generally affected by the cyclone dimensions,
the particle properties, and the operating conditions [28]. In industrial
scales, multiple cyclones are usually used to increase separation effi-
ciency. In this study, the effect of three cyclones on the gas stream was
modeled. The first one (P-23) was used to separate ash and unreacted
carbon, which are usually accumulated at the bottom of the reactor. The
second cyclone (P-6) was used for the separation of consumed COC and
the third one (P-14) was used to boost the impact of the other two cy-
clones in the separation of trace amount of ash and carbon from the
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Fig. 4. “Tar” maturation scheme proposed by Elliot (1988) [31].

Table 4
Kinetic Parameters of tar cracking and steam reforming, [64 68]

No. Reactions Reaction rate

38 C10Hg + 4H,0 — CgHg + 4CO r=1 x 10" exp(—324.000/RT) [C10Hg]

+ 5Hy [Hp]%4
39  CgHg + 5H20 — 5CO + 6Hy + 1= 4.4 x 10° exp(—220.000/RT) [C6H]
CH4
40 CH4 + H,0 —» CO + 3H, r = 3.0 x 10° exp(—15.042/T)[CH,4]
[H20]
41 CoH, + 2H,0 — 2CO + 4H, r = 3100.0 exp(—15.000/T)[C2H,4]
[H20]?
42 CyHeO + Hy0 — 2CO + 4H, r = 4.28 x 10° exp(—108/RT) [CoH4O]
[H20]

consumed COC. The operating conditions and cyclone performance have
been defined and validated according to the industrial ones [29,30].

2.3.3. Steam Reforming of Biomass Tar

One of the main problems of biomass gasification is that the pro-
duced gas usually contains amounts of highly viscous impurities, which
are known as “tar”. These compounds comprise a mixture of single- to
five-ring aromatics, some oxygen-containing hydrocarbons, and com-
plex polycyclic aromatic hydrocarbons (PAH) which are produced dur-
ing thermal decomposition of biomass, mainly lignin. According to
Elliott’s scheme [31] the chemical structure of tars can be classified as
per their gasification or pyrolysis temperatures (Fig. 4). Tar compounds
can be divided into three groups of primary, secondary and tertiary,
which are produced in temperatures ranging between 400 and 700 °C,
700-850 °C, and 850-1000 °C, respectively [32]. The stability of tar
compounds increases with gasification temperature. Based on molecular
weight, tars can also be divided into 5 classes: Class 1) not detectable by
GC; Class 2) Heterocyclic aromatic compounds which are water-soluble;
Class 3) Light hydrocarbon aromatic compounds (1 ring); Class 4) Light
polyaromatic hydrocarbon compounds (2-3 rings), and Class 5) Heavy
polyaromatic hydrocarbon compounds (4-7 rings) [32]. In this study, a
high temperature (750-900 °C) is applied, resulting in secondary and
tertiary tars (mainly tertiary), including PAH with 2-3 rings and heavy
PAH with 4-7 rings, as the most probable produced tars. The kinetic
parameters for the tar generation from (lumped) phenol used for
simulation of tar compounds formation were summarized in Table 2
(reactions 32-37). Tars are condensable and can block pores either in
the condensed or cracked form (or coke), and cause fouling corrosion,
abrasion, and erosion of process equipment. Generally, tars can be
removed through physical non-catalytic processes (e.g. thermal
cracking) or chemical catalytic conversions; among which the latter is
more economical due to the decomposition of tar compounds to fuel
gases (e.g. Hy, CO, CHy) at a lower temperature compared with non-
catalytic tar conversion. Catalytic tar conversion can be accomplished
through two methods: 1) mixing catalyst with the feed biomass prior to
gasification or 2) catalytic elimination of the produced tars in a sec-
ondary reactor after gasification. Minerals (e.g. calcined rocks, olivine,
clay minerals, and ferrous metal oxides) and synthetic compounds (e.g.
char, FCC Catalysts, alkali metal carbonates, and transition metals-
based) are the two main categories of the catalyst used in the catalytic
conversion of tars. Minerals exist naturally and can be used directly or
with slight modification and hence they are relatively cheap [33].
Among different tar elimination methods, catalytic steam reforming has
been widely used since the presence of a catalyst can effectively convert
tar into fuel gas and the presence of steam assists the process in pro-
ducing lighter molecules such as Hy and CO. Accordingly, steam

Table 5
WGS reaction rate with high (HTSR) and low temperature (LTSR) catalysts,
[69,70].

No. Reactions Re A E(kJ/ AH(kj/
mol) g)

43 CO + Hy0 — CO3 + Hy HTSR 7.39 75 —1.46

44 CO; + Hy —» CO + HyO HTSR 33 75 1.46

45 CO + Hy0 — CO5 + Hy LTSR 2.96 x 10° 47.4 —1.46

46 CO5 + Hy » CO + H0 LTSR 1.409 x 10° 47.4 1.46

reforming was selected for tar removal in the current study (Table 4).

2.3.4. Heat Recovery

The syngas leaving the gasifier or CSPR (herein) and the subsequent
tar removal reactor has a high temperature (sometimes up to 1600 °C).
Hence, all plants require cooling or a heat recovery system after the
gasifier or CSPR (herein) and before the cleaning systems (e.g. scrubber
and the sulphur removal system), which usually operate at temperatures
remarkably lower than that of the gasifier. This task is accomplished by
using a heat exchanger (also known as syngas cooler), which transfers
the heat of the syngas to the cooling medium, converting water into high
pressure, high-temperature steam. Heat recovery can improve process
efficiency by approximately 5% and can reclaim a remarkable portion
(5-25%) of the energy in the feed. The syngas can be cooled by a radiant
cooler, convective cooler, or direct quench system. A radiant syngas
cooler (RSC) includes a tube cage comprising a plurality of tubes and a
vessel shell defining an interior region for cooling of syngas. Heat is
exchanged from the hot syngas (greater than700-1650 °C) at an interior
region to the water that flows in tubes through radiant heat transfer. Asa
result, high-pressure (HP) steam is generated. There is a slag quench
chamber at the bottom of the RSC, which collects and removes the
cooled molten slag. Convective syngas coolers (CSC) comprise a
container (shell) and set of tubes inside the container. CSC is usually
used to recover heat from gas at a temperature around or below 1000 °C.
CSC uses convection and conduction to cool the hot syngas in the tubes
and produce high or intermediate pressure (IP) steam (between 10 and
15 MPa) in the shell. Quenching is the fastest technique for cooling the
syngas. In direct quench coolers, a cooling medium is directly injected
into the syngas. The cooling medium could be water, cooled syngas, or
chemical quench cooling. Water injection into the quench system im-
poses the water gas shift reaction, increasing Hy production and the
efficiency of the system. The addition of chemical quench has not been
widely applied in industry. However, on the other hand, there is no heat
recovery in the quench cooling process. In other words, the significant
heat of the hot syngas is converted to low-level process heat rather than
high-pressure steam [34]. In this study, two subsequent heat exchangers
were simulated to recover the syngas heat to produce high pressure,
high-temperature steam, which was recycled to the biomass refinery
reactor.

2.4. Unit 3: Water Gas Shift Unit

The main purpose of the water gas shift reaction (WGSR) is to
convert the CO in the product syngas to CO5, while the steam used in the
process further increases the hydrogen content of the final product.
Hence, the water gas shift reaction enriches the CO, and Hj in the
processed gas. WGSR is a moderately exothermic equilibrium-limited
reaction, which is kinetically favored at high temperatures and ther-
modynamically favored at low temperatures. To maximize the CO
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Fig. 5. Simulation configuration of solar catalytic chemical looping biomass refinery (SCCLBR) power plant using SuperPro Designer.

conversions and reaction rates and subsequently Hy-enriched biogas,

WGSR typically occurs in two adiabatic reactors, with cooling between

them. The first reactor consists of a high-temperature shift section

(HTSR at 320-360 °C) with an iron-based catalyst, while the second one

is a low-temperature shift converter (LTSR at 190-250 °C), using a
copper-based material. The reactions and kinetics used in this study for
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the two-step WGS reactors were summarized in Table 5.

2.5. Unit 5: CO2 and H3S Removal Unit based on Rectisol Technology

one of the leading processes concerned with selective

removal of HpS and CO; from any raw syngas while preserving the Hy

Fig. 6. Simulation configuration of the Rectisol process for CO, capture using PRO/IIL
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Table 6
WGS reaction Rate with high and low temperature catalysts [71-73 74,75
37,75]

No. Reactions Re AGs™ E(kJ/ AH(kj/
mol) g)
47 H,S +1.50, - SO,  Flame Zone 14 x 10* 46,024 —15.23
+ Hx0
48 HyS - Hy + S Anoxic Zone 5.263 x 188,280 3.109
10°
49 H; + S - H,S Anoxic Zone 13.6 x 97,905 -3.109
10°
50 2H,S + SO, — 3S Anoxic Zone 1.57 x 208,781 1.364
+ 2H,0 107
51 3S + Hy0 — 2H,S Anoxic Zone 5 x 10° 187,861 —1.364
+ SO,
52 2H,S + SO, — 3S Catalytic Conversion Factor
+ 2H,0 Reactor

and CO. Rectisol is a tight integration of absorption/desorption with
significant pressure and temperature variations. In Rectisol process, cold
methanol is used as a solvent to physically absorb acid gas components
from the syngas. The main advantages of the process are the use of an
inexpensive and easily available solvent, generation of high purity
syngas, and flexibility in process configuration. However, Rectisol can
be quite expensive due to the required refrigeration to reduce the tem-
perature of methanol to —40 °C to —62 °C.

The Rectisol process simulated in this study is the adapted version of
the process originally developed and patented by Lurgi and Linde
[35,36]. The process is composed of four main blocks: i) two acid gas
absorbers, ii) HyS concentrator (CO4 desorber), iii) CO3 stripper, and iv)
solvent regenerator. The process starts with two absorption columns in
which two chilled methanol streams at 223 and 213 K wash the CO»,
HjS, and carbonyl sulfide (COS) out from the syngas. The bottom col-
umn captures all H,S essentially because its solubility into methanol is
significantly larger than that of CO2. Hence, CO3 is partially captured in
the bottom column and the rest of the CO5 is captured in the upper
column. The next block consists of the flash of the CO5-loaded methanol,
which releases almost all CO; and partially releases HyS by lowering the
pressure, and an absorber column that re-absorbs the HsS, resulting in
the enrichment of MeOH with H»S. The remaining fraction of CO3 in the
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HsS-enriched methanol stream is then stripped with nitrogen in the acid
gas stripper. A mixture of Ny and CO; is extracted at the top of the
stripper. Finally, the HyS-enriched methanol is fed into the regeneration
tower, where HyS and any remaining CO; are removed from the solvent
through cooling and flashing. Methanol is recycled to the top of the
column, combined with additional MeOH, heated, and recycled to the
bottom of the regenerator. The flow diagram of the Rectisol process
simulated using SuperPro Designer (unit 5) and Pro II have been pre-
sented in Figs. 5 and 6, respectively.

2.6. Unit 6: Sulfur Recovery Unit based on Claus Technology

The acid gas produced by the solvent regenerator (from Rectisol
Process) contains large amounts of sulfur components (e.g. H2S) which
cannot be emitted to the atmosphere. Among a broad number of pro-
cesses that could be implemented for sulfur recovery, the Claus process
is applicable for feeds containing a high amount of H,S (greater than 30
mol %). The Claus process is composed of one thermal stage and two
catalytic stages. In the thermal stage, the HyS-laden gas is preheated and
burned with air or oxygen. The thermal stage consists of three zones: the
flame zone, anoxic zone and Waste Heat Boiler (WHB). H,S is a
combustible gas. In the flame zone, which is typically adiabatic, HyS is
combusted to form sulfur dioxide(H2S + 3/202—SO;, + H,0) with a
desired stoichiometric ratio of2:1 HyS to SO3. The gas then passes
through the anoxic zone, where a wide range of reactions may occur
depending on the gas composition, the most important of which result in
sulfur formation (Reactions 48-51). The flame and anoxic zones both
happen in different zones of a single furnace, however, they are sepa-
rately modeled as adiabatic plug flow reactors. As the hot furnace
exhaust (926-1300 °C) is cooled in the WHB (to 230-370 °C), middle-
pressure steam is produced, while elemental sulfur is condensed and
removed from the gases. Usually, about 60-70% of the total elemental
sulfur is produced in the thermal stage [37]. The outlet stream of WHB
passes through two catalytic processes, either of which consists of
heating, catalytic reaction, cooling and condensation. The reactions and
kinetics used in this study for the Claus process were summarized in
Table 6.

Fig. 7. Simulation configuration of the Air Separation process for using PRO/IIL.



B. Sajjadi et al.
2.7. Unit 7: Air Separation Unit

The technologies to separate oxygen from air are categorized into
cryogenic and non-cryogenic methods. The non-cryogenic air separa-
tions are mainly applied through adsorption or membrane-based
methods. Adsorption of nitrogen from the air at the surface of beds (e.
g. zeolite) is among the most widely used methods. The process runs
cyclically between two adsorption columns (in on and off modes). When
the adsorbent bed is saturated, the column mode is switched to off-mode
and regeneration takes place by reducing the pressure (pressure swing
adsorption). High purity oxygen (95%) can be obtained in this method.
In cryogenic methods, separation takes place by the use of differences in
condensation temperatures of particular gases in rectifying columns. In
this process, pre-cooling (to —200 °C) and compression steps are applied
to liquefy and condense air and overcome pressure drops during gas
flows. Water vapor condenses and is removed using absorbent filters.
Carbon dioxide freezes at —79 °C and is removed by a molecular sieve.
The liquid nitrogen (liquefied at —196 °C) and oxygen (liquefied at
—183 °C) are then separated by fractional distillation. The oxygen-
enriched stream is then subjected to another step for the removal of
argon. The oxygen product purity in this method usually ranges from
97.5 to 99.5%. The flow diagram of the cryogenic process simulated
using SuperPro Designer (unit 7) and Pro II have been presented in
Figs. 5 and 7, respectively.

The simulation configuration of the solar catalytic chemical looping
biomass refinery (SCCLBR) power plant is presented in Fig. 5.

2.8. Mathematical Modeling

2.8.1. Rotary Drying

The evaporation calculations are based on the liquid/solid portion of
the wet feed stream only. A two-phase modeling was assumed in which
the dried product (final solids) stream appears entirely in the liquid
phase and that the outlet drying gas stream appears entirely in the
gaseous phase. The component material balances were done based on
the evaporation percentages of pure steam that is set as volatile. The
evaporation percentage was calculated based on the specified ‘Final loss
on drying (LOD)’ value. A stream’s LOD is calculated as below:

LoD = 2.
mps

(€Y

where my, (in kg/h), and my s (in kg/h) denote the total liquid mass flow
rate and total liquid/solid mass flow rate, respectively. The ‘Initial LOD’
(LOD; : the LOD of the wet feed stream) is first determined by dividing
the total liquid mass flow rate of the wet feed stream by the total liquid/
solid mass flow rate of that stream. The ‘Final LOD’ (LODs) was specified
according to the literature, and the evaporation percentage (E) was
calculated using eq (2).

(LOD; — LODy)

E = 100 x ot ~H0r)
* LoD,/(1 - LODy)

()

In this work, air and steam were considered as the drying gas and
heating agent. Therefore, the following energy balance was solved to
calculate the heating duty (Q) and the mass flow rate of the heating
agent (m,):

Z (hA,i + hei + Q) = Z (hA.o + hP.o)

3

(€3]

my =17 X —

A =1 o
where hy;, hsi, hao hpo denote the enthalpy of the inlet drying gas
stream, wet feed stream, and outlet drying gas stream, outlet dried
product stream, respectively. n and oy denote the efficiency and the
heating agent’s mass-to-energy factor. The dew point of the outlet gas

10

Energy Conversion and Management 243 (2021) 114341

stream was calculated by flashing the outlet gas stream based on the
assumption that Raoult’s law is applicable to all volatile components
contained in it. The operating pressure in the dryer was assumed to be
equal to the minimum pressure of the two inlet streams (wet feed and
inlet drying gas).

2.8.2. Screw Conveyors and Grinder

Equipment size and power consumption are the key parameters for
the screw conveyor. The bulk density of the conveyed material was used
to convert the mass throughput into volumetric throughput. The
conveyor diameter was calculated by dividing the operating throughput
(m®/h) by the specific throughput (m%/h-m?). Since the calculated
diameter of the first conveyor (SC-101) exceeded the maximum allowed,
two identical units were considered for this step, operating in parallel
with a total cross-sectional area equal to the calculated. To account for
electricity consumption, the specific power requirement (P in W/(m®-
h)-m) was specified according to the literature and similar industrial
conveyors. Accordingly, conveyor diameter (D.) and total power con-
sumption (P) were calculated using the below equations:

2

Dy =
Ty

)

P=P;x Qo XLc (6)
where, D (m), L. (m), Q, (m>/h), and Q; (m>/h-m?) denote the conveyor
diameter, conveyor length, operating throughput, and specific
throughput.

Similar to the screw conveyor, the power consumption of the grinder
(in kW/kg-h) was calculated based on the specific power requirement
and the operating throughput:

P=P; X Qo )]
2.8.3. Cyclones

The overall removal efficiency of the cyclone is the sum of the
products of the removal efficiency for each particle size (i) times the
weight fraction of that particle size.

7= 100 x {1 - exp( —2(cy)/ ) ) } (8)
8K,

€= K.K, ©)

_ dyppur(n+1) 10)

18uD

where, C and y are dimensionless numbers related to cyclone design and
operating conditions. In these two equations, K. , K, and Kj;, are the
dimensionless numbers related to the volume, body diameter and height
and pp, dp, p, n and ur are the particle density, particle diameter, gas
viscosity, the dimensionless exponent of the vortex law for tangential
velocity distribution and the tangential particle velocity, respectively.
Tangential particle velocity is calculated through (ur = a—%), where Q is
the volumetric flowrate of the gas through the cyclone.

2.8.4. Heat Exchangers and Electrical Heaters/Coolers
The energy balance in heat exchangers the heat transfer (exchange)
rate, Q (kcal/h), were modeled through equation (11):

QO =nUAAT),, = AHyy = AH o (€N)
where, 1, U(kcal/h-°C-rn2), A (mz), ATy (°C), m (kg/h), ¢, (keal/kg-°C)
are the correction factor that accounts for deviations from counter-
current or co-current flow, overall heat transfer coefficient, heat trans-
fer area, log mean temperature difference in the system, mass flowrate of
the stream and specific heat capacity of the stream, respectively. AHpot
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and AHggq (kcal/h) are the enthalpy changes of the hot and cold
streams.

The heating and cooling in the electrical heaters and coolers are
achieved using electricity. The following equation was used to calculate
the energy balances (electric power, kW) of such equipment:

P =mc,AT /5 (12)
where, m (kg/h), ¢, (kcal/kg-°C), and AT(°C) represent the mass flow-
rate of the stream, the specific heat capacity of the stream, and the
temperature change of the stream. 1 is the heat transfer efficiency in
electrical heating, also referred to as the coefficient of performance (the
ratio of cooling load to electricity consumption) in electrical cooling.

2.8.5. Gas Compressors

The physical operation of the compressors falls between the isen-
tropic and isothermal extremes. This equipment often needs external
cooling to prevent significant increase in the temperature of the com-
pressed fluid. To calculate the power and cooling requirement of the
actual process, an isentropic process is assumed first followed by
calculation of the outlet temperature and the energy required to reduce
the temperature to a desired value.

)

In eq (13), k, v1, p1, and py are the ratio of specific heats (C,/Cy),
volumetric throughput of gas at the inlet, the inlet, and outlet pressures,
respectively. To calculate the outlet temperature for an isentropic pro-
cess, the below equation was used:

TG
T,=T (=
Py

where, T and Ty denote the inlet and outlet temperatures of gas.

k
Power = ——PV,

k—1 13

(14)

2.8.6. Distillation Columns

To simulate the distillation columns, a set of constitutive relation-
ships were applied to each stage. The equations represent the total mass
balance, component mass balance, energy balance, equilibrium rela-
tionship, continuity equation and thermodynamic models, respectively:

Fot Vo + Loy =V + Ly (15)
Fuzo+ Vi1t + Lu_1X01 = VY + Lo, (16)
O™ - Fyhy + Visrhy it + Lyt hiy = Vahy + L, a7
Yn = Kx, 18)
D= yi=0 19)
K =f(P,T,x:,y:) (20)
h=f(P,T,z,phase) 21)

where, y; and x; are the mole fractions of the i-th component in the vapor
and liquid phases, respectively. F, L and V are the total feed, liquid and
vapor flow rates; h, and Q represent the enthalpy and heat input or
removal.

2.8.7. Flash drums

The thermodynamic equilibrium imposes equal vapor and liquid
phase temperature and pressure in the flash drums. Accordingly, the
single-stage flash was modeled using the following equations, repre-
senting the total mass balance (eq. (22)), phase equilibrium (eq. (23)),
summation constraint (eq. (24)), energy balance (eq. (25)), respectively.
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F=V+L (22)
yi = Kix; (23)

(yi—x)=0 24)
P

where F, V, L and yj, x; denote the molar flowrates of the feed, vapor and
liquid stream, and the molar fraction of component i in gas and liquid
streams, respectively. The density of the vapor mixture was calculated
using the ideal gas assumption (Z = 1). The ideal mixture model was also
used for calculating the density of the liquid mixture.

—~ P
= 26
Pv = ZRT (26)
o m
PL=5 =i, (27)
v itidig
where nc , A; and pp; denote number of components in the mixture,
volumetric contribution coefficients and the pure component liquid
densities, respectively. In addition, the heat capacity, enthalpy and
partial fugacity of the vapor phase were calculated under the ideal
mixture assumption using the below equations:

o =3 el @9

h(T) =" yihy(T) @9

f‘:,i =y yiP 30
N =[rop RT

n(6.) = /) [ {(a) v]"v’”(z) Gn

In all of the above equations, nc, y;, hy i(T) and Z denote the number
of components in the mixture, the molar fractions of the mixture com-
ponents, the pure species vapor enthalpies and compressibility factor,
respectively. A similar set of equations was applied to calculate the same
parameters of the liquid phase.

2.8.8. Reactions and Component Concentrations

A set of non-linear equations was solved numerically for every
reacting component to calculate the outlet stream concentration. It was
assumed that the inlet materials are instantaneously mixed with those
already in the reactor. This may cause some deviation in the simulation
compared with the experimental results. The mass balance for compo-
nent A that enters the reacting process follows the below equation:

0=FCiy —FCou— Vyra (32)
q

Iy = E rAj (33)
=
Vs

Taj = vi:rk/‘ (€2
G

where, F, Cin, Cout denote the volumetric flowrate, inlet and outlet
concentrations of component A in equation (32). rp is the combined
reaction rate of component A, which is calculated using equation (34). In
this equation, ry; is the reaction rate of component A due to reaction j
and q is the overall number of reactions. The reaction rate of component
A in each reaction is calculated by considering the rate reference
component (k) of the same reaction through equation (34). In this
equation, vaj and vy are the stoichiometric coefficients of components A
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Fig. 8. Effect of water injection (W) and temperature (T) on hydrogen production in Solar Catalytic Steam Gasifier (SCSG).

and k. The general rate expression of reaction j is given by the below
equation:

N X

rj — kHi:l Ci (35)
K+ Cu+ G /K

where C; (kmol/m®) and «; are the concentration of component i and the
order of the j-th reaction with respect to component i, respectively. If a
component inhibits the reaction, it can be specified by the inhibition
terms (Constants: K;, K, and concentrations: Cy, and C, (kmol/m?)). In
this study, no inhibitory components were specified in the modeling
process of the reacting systems. In addition, the reaction rate constant
(k) for every kinetic reaction was calculated using the Arrhenius
expression:

E
ki = Ajexp< - ﬁ)

where Aj and E; are the pre-exponential factor and the activation energy
of the j-th reaction.

For the stoichiometric reactions, calculation were done according to
the molar stoichiometric coefficients (A;) and the extent of reaction (x).
The mass flow rates of the reference component (k) and any other
component (i) were calculated using the below expressions:

(36)

Four = Fin.k(l 7)6) 37

A;
Fouri = Fini — FingX (—> (38)
Ay

where, Fo,t and Fj, denote the mass flowrate of the component after and
before the reaction, and x and A refer the reaction extent and the
component coefficient.

2.8.9. Absorption and Stripping

In this study, the thermodynamic model PSRK was implemented for
modeling the CO; capture process with methanol and predicting the
vapor pressure, liquid density, heat capacity, enthalpy, and phase
equilibrium calculations. These calculations were conducted using PRO/
II. Diffusivity and equilibrium conditions, according to Henry’s law,
were used in SuperPro Designer and the absorption specifications were
adjusted as per PRO/II results. The binary interaction parameters of
PSRK were revised by data from DECHEMA 2014 [38,39]. PSRK method
is the best thermodynamic model for the analysis of the desorption
tower and modeling the Nj stripping tower. However, the analysis of
SuperPro Designer is conducted through diffusivity constants and
equilibrium functions.
a(T)

VD) ¢

RT

P=
V—b
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b= inh,- (40)
Tci
b; = 0.08664R = 41
a(T) = D" (@) (1 - ky) (42)
i
a; = dci; (43)
ac = 0.427471(RTe;)* /P (44
o« =14+m(1-TY) (45)
m; = 0.480 + 1.574w; — 0.176w? (46)

where, Tci, Pci, 0;, ki, denote the critical temperature, pressure and
acentric factor of component i and k;; is the binary interaction constant
for components i and j, given by the following equation:

kij = a; + bg% ~+cjln (T;f)

In SuperPro Designer, Henry’s law was used for the simulation of
absorption and stripping in Rectisol unit. Henry’s law state that the
solubility of a gas in a liquid us proportional to the partial pressure of the
gas. It can be expressed in either solubility form (eq (48)) or volatility
form (eq (49)).

(47)

Xz = kHP2 (48)

Pz = KHX2 (49)
where X; is the mole fraction of the dissolved gas and P; is the partial
pressure of the gas above the liquid. Ky is the inverse if ky. In this study,
the latter form was used and the values of Henry’s constants were
extracted from [40].

3. Results and discussion
3.1. Model validation

The results of the techno-economic analysis greatly depend on the
accuracy and reliability of the simulation. In this study, the simulation
results of the dryer, screw conveyor, grinder, and cyclones have been
compared with the commercial ones. The simulation results of the CSPR
reactor (biomass refinery) are compared with the experimental results of
the same process, done by our consortium at the University of Wyoming
[6] and presented in Fig. 8. Additionally, the simulation results of the
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Validation of Rectisol process results produced by SuperPro Designer against those by PRO/IL.

PRO/II SuperPro Designer
Name Flowrate (kg/h) T (°C) P(bar) Name Flowrate (kg/h) T (°C) P(bar)
s1 MeOH: 7978 —55 32 S-114 MeOH: 8000 —55 32.3
S3 Hj: 262 —55 32 S-186 H: 260.6 -51.3 32.3
S2 MeOH:8000, COz: 1615 —26 32 S-116 MeOH:8000, CO2:1615 —24.9 32.3
S4 MeOH:7980, CO,: 1797 —-40 32 S-228 MeOH:8000, CO,:1615 —40 32.3
S4.2 MeOH:3990, CO,: 898.6 —40 32 S-142 MeOH:4000, CO,:807.7 —40 32.3
S5 MeOH:1.6, CO5: 1797 -22.6 32 S-148 MeOH:3.6, CO,: 1756 -37.3 32
S6 MeOH:3991, CO,: 2128 -18.1 32 S-155 MeOH:4000, CO,:1978 -10.3 32.3
S10 MeOH:0.047, CO,: 85.66 —27.16 7.5 S-158 MeOH:3.6, CO,: 36.99 —25.6* 7.5
S12 MeOH:3991, CO,: 2042 —27.16 7.5 S-144 MeOH:3996, CO,: 1941 —25.6* 7.5
S14 Hj:262.4, CO4: 3027 -33.7 32 S-113 H3:263.3, CO2: 2926 -32.7 32
S15 MeOH:6467, CO5: 2142 —37.48 4 S-165 MeOH:7069, CO,: 2270 -31 4
S17 CO4: 1559 —42.58 3 S-169 CO,: 1358 —42 3
S18 MeOH:6467, CO,: 1822 —42.33 3 S-166 MeOH:7069, CO,: 2264 —45.9 3
S22 MeOH:019, CO,: 916 —-25 3 S-164 MeOH:14, CO,: 1358 —-25 3
S23 MeOH:8780, CO,: 1426 —53 2 S-173 MeOH:9454, CO,: 1741 —46.5 2
S24 Nj: 1960 25 2 S-170 Ny: 2000 25 2
S25 N3:1960, CO2: 1399 —60 2 S-171 N3:2000, CO9: 1247 —40.7 2
S26 MeOH:8779, CO4: 27 —63 2 S-172 MeOH:9454, CO,: 138 —49.6 2
S31 MeOH:7980, CO,: 24.7 50 2 S-176 MeOH:7941, CO,: 116.4 50 2
S37 MeOH:1233 CO4: 29.6, HyS:4.1 68 1.2 S-153 MeOH:1980, CO,: 23.3, HyS:3.5 68 2
S39 MeOH:1204, CO,:4.8, H,S:1.7 55 1.2 S-179 MeOH:1959, CO,:0,H,S:1.38 49.9 1.2
S33 MeOH:9557, CO,:0, H,S:0 68 1.2 S-183 MeOH:9901, CO,: 116,H,S:0.8 53.8 2
S35 MeOH:1602, COg: 0, H,S:0 100 1.2 S-190 MeOH:1980,CO,: 23.3,H,S:0.16 100 1.2

Table 8a

Validation of ASU results produced by SuperPro Designer against those by PRO/II, 2700 kg/hr air.
PRO/II SuperPro Designer
Name Flowrate (kg/h) T (°C) P(bar) Name Flowrate (kg/h) T (°C) P(bar)
S1 Nj: 2075, 02:636 25 1.3 S-237 Nj: 2071, 0,:628.8 25 1.3
S2 Na: 2075, 0,:636, efficiency:70% 260.5 6.2 S-126 Ny: 2071, 0,:628.8, efficiency:70% 259.7 6.2
S3 Nj: 2075, 0,:636 -173 6.2 S-125 Na: 2071, 0,:628.8 -173 6.2
S4 Nj: 1572.4, 05:636 —-174.9 5.7 S-249 Nj: 1656.9, 04:622.5 —181 5.7
S5 Nj: 503.14 -177.5 5.7 S-242 Nj: 414, 05:6.3 -177 5.7
S6 Nj: 503.14 —185.5 1.3 S-241 Na: 414, 0,:6.3 -177 1.3
S7 Nj: 503.14 -196 1.3 S-123 Nj: 414, 02:6.3 —-196 1.3
S8 Nj: 709.1, 0,:113.97 —191 1.3 S-243 Nj: 662.8, 05:124.5 —185 1.3
S9 Na: 863.3, 02:522, CO,:1.46 —191 1.3 S-248 Na: 994.2, 0,:498 —185 1.3
S10 Na: 2075.5, O5: 0 —194 1.2 S-124 Nj: 2054, 0,:12.5 —195.8 1.2
S11 0O3: 636, No: 0 —181 1.2 S-120 03: 616.3, N3: 16.56 —181 1.2

Table 8b

Validation of ASU results produced by Superpro Designer against those by PRO/II, 5000 kg/hr air.
PRO/II Superpro Designer
Name Flowrate (kg/h) T (°C) P(bar) Name Flowrate (kg/h) T (°C) P(bar)
s1 Ny: 3819, 0,:1170 25 1.3 S-237 Ny: 3835, 0,:1164 25 1.3
S2 Ny: 3819, 0,:1170, efficiency:70% 260.5 6.2 S-126 No: 3835, O,:1164efficiency:70% 259.7 6.2
S3 Ng: 3819, 0,:1170 -173 6.2 S-125 Ng: 3835, 0,:1164 —-173 6.2
S4 Ny: 2893, 0,:1170 -174.9 5.7 S-249 Na: 3068, 0,:1152 —181 5.7
S5 Na: 925.99 -177.5 5.7 S-242 Na: 767, 02:11.6 -177 5.7
S6 Na: 925.99 —185.5 1.3 S-241 Ng: 767, 02:11.6 —-177 1.3
S7 Nj: 925.99 —196 1.3 S-123 Nj: 767, 0:11.6 —196 1.3
S8 Na: 1305, 0,:209.7 —191 1.3 S-243 Na: 1227.4, 02:461 —-185 1.3
S9 Nj: 1588.8, 02:960, CO,:2.69 —191 1.3 S-248 Nj: 1841.4, 02:691 —185 1.3
S10 Nj: 3819.9, 0,: 0 —194 1.2 S-124 Nj: 3805, 05:23 —195.8 1.2
S11 0O,: 1170.5, N2: 0 —181 1.2 S-120 0O,: 1140.6, No: 30.7 —181 1.2

acid gas removal unit (Rectisol) and air separation unit by the SuperPro
Designer are validated by thermodynamical simulation of these two
processes using PRO/II at the steady-state condition. The simulation
results including the mass flow rate, temperature, and pressure of the
corresponding streams are summarized in Tables 7 and 8a,b (for two
different flow rates). A separate thermodynamic modeling has also been
conducted to investigate the catalyst regeneration unit using CO». This
simulation was conducted by FactSage. The results have been depicted

13

in Figure (13). Calculations related to the solar photovoltaic (PV) section
has been conducted based on a comprehensive set of data collected from
the available literature. A separate set of references for the solar PV
section are provided in the supplementary information.

3.2. Biomass refinery unit

The results of Hp, CO5, CO, and methane production as a function of
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Fig. 9. The effect of biomass type on a) products of CSPR from corn stover and pine wood feedstocks and b) comparison of the syngas produced using corn stover and

pine wood feedstocks.

temperature (750-850 °C) and water injection rate have been summa-
rized in Fig. 8a and 8b, respectively. As observed, the production of
hydrogen and carbon monoxide increased with temperature. However,
the production of CO, decreased with temperature. In particular, the
simulated results for Hy production using 420 kg/hr water injection rate
at 850 °C is in very close agreement with the experimental results.
However, the simulated CO; production is higher than observed in
experimental results. This could be due to the impact of COC catalyst in
experiments and the lack of kinetic information in the simulation of the
catalyst impact.

A significant impact was observed when water injection rate was
varied at 850 °C. The total gas production reached the values of 45.7,
51.3, and 54.8 mol/kg biomass by increasing the water injection rate
from 210 to 420 and 560 kg/hr per 3000 kg/hr of wet biomass
(equivalent to 2350 kg/hr dried biomass) at 850 °C. Increasing the water
injection rate led to a higher H5/CO molar ratio under the same tem-
perature. In contrast, the CO/COz ratio decreased with increasing water
injection rates. The increasing of Hy/CO and decreasing of CO/CO5 with
water injection rates have also been reported in the experimental results
[6]. It is also observed that the Hy/CO molar ratios decreased with
temperature at a constant water injection rate, also found in experi-
mental results. All these agreements between the experimental and the
TEA simulation results of the CSPR reactor demonstrate the validity of
using the TEA results for the modeling of the SCCLBR power plant.

Although TEA simulation in this study was conducted based on the
lignocellulosic structure of pinewood to be aligned with the experi-
ments, corn stover is the ultimate feedstock target. The United States
produces over 345 million metric tons of corn per year (as of 2019/
2020), and is the largest producer of corn in the world [41]. According
to the literature, the lignocellulosic content of corn stover is very similar
to that of pine wood (Table 1): pine wood and corn stover are made of
almost 34.28 and 33.75 cellulose and 19.78 and 22.08 hemicellulose,
respectively (normalized with 24% moisture content). However, corn
stover contains slightly lower lignin and a higher amount of ash which
can affect the amount of tar produced. On the other hand, most of the tar
produced in the CSPR reactor is converted to syngas in a tar reformer
reactor. This conversation is also supported by the simulation results
provided in Fig. 9a and b. As observed, a slightly lower amount of syngas
is projected to be produced by assuming corn stover as the feedstock. In
contrast, ash production has significantly been increased.

3.2.1. Rectisol unit

The lack of thermodynamic models and sufficient literature data
about the diffusivity constant were the major challenges of the Rectisol
simulation using SuperPro Designer. Yet, the comparison of the corre-
sponding streams entering or leaving the absorbers, strippers, and flash
drums demonstrated that all the TEA simulation data reasonably match
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the thermodynamic simulation in terms of flow rate, temperature, and
pressure. Particularly, a perfect match is observed between the pressures
of the corresponding streams. The temperature in Rectisol process varies
between + 100 to —55 °C. Therefore, up to 5-6 °C difference can be
considered a reasonable agreement between the temperatures modeled
by the two simulation packages. However, major differences (above
10 °C mismatch) were observed in the three streams of S-148, S-171, and
S-183 with their corresponding streams modeled using PRO/IL. S-171
has caused some deviation between the CO5 adsorption results between
PRO/II and SuperPro Designer. This deviation is due to the larger flow
rate of S-173, which is consequently due to the lower absorption of P-39
compared with the corresponding column in PRO/II (H,S concentrator).
Rectisol process is complex, with at least 5 interwoven loops. Any minor
deviation in analysis can be boosted in different loops, ending up with a
bigger deviation in the final results. Overall, simulation using thermo-
dynamic equations using Pro/II showed a higher CO, removal compared
to technical simulation using diffusion equation. However, to be more
conservative in the final economic analysis of the SCCLBR plant, the
lower CO5 absorption was considered as the base of TEA analysis.

3.2.2. Air separation unit

A simplified flowsheet of the ASU modeled by PRO/II is shown in
Fig. 7. This configuration was simulated at a high pressure (HP) column,
including 45 trays (stages) operating at a pressure of 5.7 bar and a
corresponding low pressure (LP) column including 70 trays (stages)
operating at a pressure of 1.2 atm. The flowsheet was solved using the
SRK with the following binary interaction parameter: N5/O3 = —0.0133.
This cryogenic air separation process is started by compressing, cooling,
and partially liquifying the air at the inlet of the unit. A part of the ni-
trogen is separated in the first column, while the rest of the nitrogen and
oxygen are condensed. The liquid bottom product of the high-pressure
column, which is rich in oxygen is flashed under an isothermal condi-
tion. The gaseous and liquid product streams are both injected to the
middle of the LP column, where it is further cooled to separate oxygen
and nitrogen from each other through the Joule-Thomson (JT) effect
[42]. Table 8a shows the final specifications of each stream. As
observed, oxygen (purity of 97.8%) and nitrogen (purity of 99.3%) were
obtained by TEA simulation which is in a perfect match with the cor-
responding results obtained by PRO/IL. In terms of energy recovery, the
air separation unit also consists of a multi-step heat exchanger against
the inlet airflow that recovers refrigeration from the product streams
and cools the incoming flow, and hence the products leave the unit at
near ambient temperatures. The refrigeration recovery saves (recycles)
30% of the consumed energy.
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Fig. 10. CSPR power generation and efficiency at varying a) water injection
rates, b) temperature, and c) feedstock inputs. Fig. 10c also illustrates the
impact of deriving 50% of the CSPR power requirement from solar input. Dash
Line: efficiency, Solid Line: Power generation.

3.3. Power generation and energy efficiency

The amount of power generated and the energy efficiency are the
most important characteristics of every power plant. The energy effi-
ciency is defined as the ratio of energy produced to the summation of the
energy consumed:

E;u
2 == % 100%

in

(50)

where A, Eqye and Ej, denote the energy efficiency, the product energy
output (MW) and the total energy consumption, including the summa-
tion of the energy of raw material, electricity, and steam (MW).

Fig. 10 describes the effects of CSPR temperature, water injection,
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and biomass loading on net power generation (MW) and water con-
sumption per hour. Increasing the CSPR temperature from 750 to 850 °C
increased the power generation and energy efficiency by 0.53 MW and
3.9% respectively. The same values will improve by 0.9 MW and 6.7%
by increasing the water injection rate from 210 to 560 kg/hr at 850 °C.
Accordingly, the maximum water injection rate and CSPR temperature
were considered for analyzing the impact of biomass loading rate. The
TEA simulation results also demonstrate that a SCCLBR plant on a scale
of 1 to 6 tonne/day yields a hydrogen production equivalent to 1.24 to
6.86 MW. The power plants based on gasification technology with gas
engine/steam turbine with scale > 5MWe can offer the net electricity
efficiencies of about 28%, which is comparable to that of coal-fired
plants. However, the SCCLBR can reach an efficiency of 34% (using
the most conservative S/B ratio and minimum energy recovery in
different units). As observed the highest energy efficiency (not opti-
mized) with an S/B ratio of 0.236 can be obtained at a federate of 2000
kg of biomass/hr. The efficiency is lower for higher biomass loading due
to the insufficient steam injection. Yet, this value is only the baseline of
the project. The process has the potential to reach a higher efficiency
with the optimization of different units.

3.4. Hybridization with solar PV

Solar PV and concentrating solar power (CSP) systems are the two
methods used for harnessing solar energy. PV systems directly convert
solar radiation into electricity through the photovoltaic effect. The
principle of PV solar cells is based on the release of electrons of semi-
conductors after absorption of photons. Single- or multi-crystalline-
silicon and thin-films are among the commonly used non-organic ma-
terial-based PVs. The CSP systems concentrate and accumulate the solar
thermal energy to a receiver that serves as a heat source. An interme-
diate medium (the heat transfer fluid) is then used for the transfer of
thermal energy, which is ultimately used to drive a turbine and subse-
quently produce electrical power [43]. Parabolic trough, central
receiver, paraboloidal dish, solar chimney, and solar pond are the
different categories of CSP systems. At a minimum, three scenarios can
be considered for the integrated solar catalytic biomass refinery
(SCCLBR) unit in this study. In the first scenario, the molten salt mixture
can be used as the heat transfer fluid to store and transport solar thermal
energy between the solar receiver and the biomass refiner. For this
configuration, a solar energy collection unit can be employed to heat a
solid mixture of NaNOs and KNOs. The high-temperature molten salt
liquid is then transferred to the shell side of the CSPR to provide the
necessary heat for the steam pyrolysis of biomass. However, the
commonly used molten salts, such as solar salt (60 wt%NaNOs + 40 wt%
KNO3) operate between 290 and 550 °C. Moreover, a high melting point
(220 °C) and poor thermal stability limit their applications [44]. Hence,
a multi-stage CSPR would be necessary for efficiently enhancing gas and
solid conversions and sufficient utilization of biomass-derived syngas. It
has also been reported that a multistage reaction can increase the total
residence time, resulting in higher char conversion and releasing more
energy from the fuel [45]. In the second scenario, concentrated solar
energy as the high-temperature heat source can be used by the CSPR
reactor directly to produce syngas while enabling solar energy storage
into dispatchable fuels [46,47]. However, a significant technology
development effort is still needed to ensure the temperature homoge-
neity, feasibility, and reliability of the solar reactor during the contin-
uous process. Thermal simulation of the solar reactor is an essential part
of such a TEA analysis. The third scenario, and the one considered for
this study, uses a hybrid solution that integrates the PV solar cells with
the CSPR reactor. The hybridization of various renewable energy sour-
ces can allow for smooth, stable, and reliable operation. The optimiza-
tion of such a process offers the opportunity to tackle limitations on fuel
availability, emissions, and economics. According to the simulation re-
sults in terms of energy production, hybridization of the CCLBR with
solar PV to supply 50% of the energy required by the CSPR reactor can
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Fig. 11. Exergy flowchart of the a) catalytic chemical looping biomass refinery and b) solar catalytic chemical looping biomass refinery (SCCLBR) power plant. E:
Electricity, S: Steam, A: Air, N: Nitrogen, M: Methanol, C: Carbon (Char), Re: Recoverable. Note: Pinewood biomass: 3000 kg/hr, T = 850 °C, Water = 560 kg/hr.
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further increase the efficiency of the plant to 40.8% (Fig. 11b). As
observed in Fig. 10c, the power production in a small-scale (1 tonne/hr)
SCCLBR plant increase from 1.24 to 1.58, while the power production
has the potential to reach 8.84 MW on a larger scale (6 tonnes/hr)
compared with CCLBR. However, the capital cost of the plant needs to be
optimized against the power efficiency.

3.5. Exergy analysis

The exergy flowchart of pinewood conversion to hydrogen using the
catalytic chemical looping biomass refinery (CCLBR and SCCLBR) power
plant (without and with solar energy support) is demonstrated in Fig. 11.
The CSPR operating conditions are 850 °C with a water injection rate of
0.236 steam/biomass (dry weight basis). The biomass refinery, Rectisol
process, and ASU account for the highest energy consumption units of
the plant accounting for 48.9%, 38%, and 17% of energy consumption,
respectively. The total energy loss of the plant due to the carbon loss in
the biomass refinery unit and CO, removal in the Rectisol unit accounts
for 3.15 MW, equivalent to 23.4% of the energy input. In addition to
non-recoverable energy losses, a portion of energy in the outlet streams
of biomass pretreatment and biomass refinery can be recovered by
producing high-temperature steam and/or heating the inlet stream. In
terms of the Rectisol unit, the cooling energy is recovered to reduce the
temperature of methanol. In conclusion, At a feed rate of 3000 kg/hr of
pinewood biomass, 42% of the lower heating value of the feedstock is
consumed in the SCCLBR power plant, and 23.4% is lost. To further
enhance the exergy efficiency of the biomass to hydrogen process, a
solar biomass refinery is proposed. A biomass refinery under the above-
mentioned operating conditions consumes 1.9 MW of energy, 50% of
which can be supplied by solar energy. This can further reduce the en-
ergy consumption by 0.975 MW, which increases the energy efficiency
of the plant by up to 7.3% (details of the process is observed in Fig. 11b).

3.6. Key parameter analysis

The total hydrogen produced and the overall efficiency of the
SCCLBR power plant closely depend on the performance of each unit and
the proper selection of key adjustable parameters: biomass moisture
content in the pretreatment unit, steam-to-biomass ratio in the refinery
unit, steam-to-crude gas in the WGS unit, and methanol flow rate in the
Rectisol unit. The results have been summarized in Fig. 12. Catalyst
regeneration is an important factor in chemical looping process. In the
catalyst regeneration unit, pressure and temperature play key roles,
which will be discussed separately in the next section. In the air sepa-
ration unit (ASU), although operating conditions and design of the
distillation columns play an important role, the gas flow rate (unit ca-
pacity) is the key. Given that the Rectisol unit uses nitrogen, the capacity
of the ASU is related to the Rectisol process. The Claus process has not
been studied in terms of the key parameter analysis since the simulation
in this unit is partially based on the stoichiometry of the reaction rather
than the kinetics.

3.6.1. Pre-treatment unit

The initial moisture content of the biomass plays a key role in power
consumption by the biomass pretreatment unit. As observed in Fig. 12a,
the rotary dryer has a power requirement of 0.133 MW/hr for removing
the moisture (from 12% to 5.1%), considering 70% of energy recovery
from the outlet hot steam and 70% energy efficiency of the dryer.
However, the power consumption increases by more than 3 times for
drying biomass with 28% moisture content. This subsequently reduces
the plant efficiency by 2.3%. Any reduction in heat recovery may cause a
higher reduction in plant efficiency. In this study, the initial and final
moisture contents of 24.85% and 5.1% were considered for the simu-
lation of the SCCLBR. A higher final moisture content (at the inlet of the
CSPR) has a negative impact on the energy consumption in the biomass
refinery unit and a larger amount of heat has to be consumed by the
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CSPR to evaporate water at a lower temperature [48]. This highlights
the impact of natural drying which is energetically free but can signif-
icantly affect the efficiency of the plant, although the seasonal and
regional parameters must be considered as well.

3.6.2. Biomass refinery unit (SCPR reactor)

The effect of steam-to-biomass and temperature on hydrogen pro-
duction per kg of biomass was discussed in the previous section. This
section focuses on the relationship between the syngas composition and
steam-to-biomass ratio (as the key parameter). The results have been
presented as the ratio to the initial dried biomass (2375 kg/h, which is
equivalent to 3000 kg/hr of wet biomass). Fig. 12b demonstrates that
the mole fraction of hydrogen in syngas increases from 46.5 to 50% with
increasing steam-to-biomass ratio from 0.088 to 0.236 (equivalent to
210 to 560 kg/hr steam injection). This increase is equivalent to almost
16 kmol/hr increase in hydrogen production, which can increase the
plant efficiency by up to 7%. On the other hand, CO content decreases
from 18 to 11%, while CO5 increases from 22 to 26%. This could be
attributed to the water gas shift reaction and its consequent impacts.
However, given that the SuperPro Designer considers an instant and
perfect mixing of any compound in inlet streams with those already in
the reactor, a higher quantity of water is needed in real chemical looping
power plants.

3.6.3. WGS unit

Steam to crude gas (dry basis) is the key parameter for the water gas
shift unit. The impact of steam-to-crude gas ratio on syngas composition
is observed in Fig. 12c. Overall, the WGS unit increases the molar
fraction of hydrogen in syngas from around 50% to 64% (considering a
steam-to-crude gas ratio of 0.21). This is equivalent to the 24 kmol/hr
increase in hydrogen production, which contributes to 12% of the plant
efficiency. The increase of steam-to-crude gas ratio from 0.175 to 0.218
(weight ratio) increases the hydrogen production by 1 kmol/hr which
can further increase the plant efficiency by 0.5%. Meanwhile, it can
reduce the CO from 3% mole fraction to around 1% (not shown in the
graph) and increases the CO; content from 31 to 33%.

3.6.4. Rectisol and ASU units

Poor methanol (absorbent) flowrate is the key parameter for the
Rectisol unit. The methanol flowrate is a trade-off between purification
capability and energy consumption. Fig. 12d demonstrates the impact of
methanol flowrate on CO3, HsS, and CO concentration of the syngas
according to the Pro/II results. Generally, the Rectisol unit increases the
hydrogen mole fraction of syngas from around 64.5% to 98%. According
to the results, HyS is fully removed in different MeOH flow rates.
Increasing the methanol-to-syngas (weight ratio, produced by WGS unit)
from 1.65 to 2.15 significantly purifies the syngas (from 89 to 98.5% H
fraction). Further increasing the methanol flow rate does not signifi-
cantly affect the Hy concentration in syngas. However, it does have an
impact on the design of the Rectisol unit. For example, at the minimum
methanol-to-syngas ratio of 1.65, 36.5 mol% of the CO- is removed by
the desorption unit (P-39 which reabsorb HyS and desorb COs), while
63% of the CO, remains to be removed by the stripping unit. While at the
maximum MeOH flow rate, this balance changes to 53.6 to 46.4%.
Greater CO; removal by the stripping unit may need multiple striping
steps, in addition to a higher N5 injection. In either case, the design of
the Rectisol unit and every single absorber, desorber and stripper play a
key role in energy consumption and CO5 removal. In the current simu-
lation, the nitrogen flow rate of 2000 kg/hr has been considered. Further
reduction of nitrogen is possible according to the Pro/II results. For
example reduction of the nitrogen flow rate to 1500 or 1250 kg/hr, may
cause 1.52% and 2.2% increase in the plant efficiency, respectively.
However, it may cause 87 and 106 kg/hr lower CO5 removal by the
stripper unit at MeOH-to-syngas of 2.31 and 2.64 (wt ratio) and 1250
kg/hr N». Optimizing and balancing the relation between Rectisol and
ASU is needed for this step.
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Fig. 13. The thermodynamic equilibrium of catalyst regeneration processes
using a) CO, at 1 bar, b) CO, at 1.5 bar (3COy + 2Fe + 2CaO—CayFe;0s +
3CO0), c) steam at 1 bar (3H20 + 2Fe + 2CaO—CaxFe;0s + Hz).

3.6.5. Catalyst regeneration unit

This study proves the possibility of the regeneration of CayFesOs
using CO; as the oxidizing agent through thermodynamic modeling. The
results of the process under different temperatures (from 627 to 927 °C)
and two different pressures (Fig. 13a:1bar and Fig. 13b:1.5 bar) have
been summarized in Fig. 13. As observed, oxidizing the CaO and Fe is a
temperature-dependent process and the final products vary by
increasing the temperature. At temperatures below 700 °C, FeO and
CaCOg are the main products. CaCO3 remains one of the main products
of the process at higher temperatures up to 727 °C. Meanwhile, FeO
production gradually reduces and is replaced by the body-centered cubic
pattern Fe (Fe-bcc). Regeneration of CagFe2Os initiates at a temperature

18

Energy Conversion and Management 243 (2021) 114341

above 727 °C and is maximized at around 760 °C. At this temperature
and above, CO; in the gaseous phase is mainly replaced by CO. Addi-
tionally, the transition of the Fe from BCC to FCC occurs at 900 °C,
resulting in an 8 to 9% increase in density. Essentially the same pattern
is observed at the CO, atmosphere of 1.5 bar. However, the process of
CagFey0s5 regeneration is postponed by 20 °C and is maximized at
787 °C. These results are well aligned with the experimental observa-
tions. Thus, carbonation is avoided by operating at temperatures above
the equilibrium temperature for pure CaO. A temperature higher than
730-750 °C during the oxidation of the reduced catalyst (CaO and Fe) is
required to regenerate the CayFe;Os, while avoiding carbonation (FeoO3
and CaCOs production). The other factor, which must be considered, is
the impact of calcium. Without the presence of Ca, the reduced OC (Fe%)
could only be oxidized by CO2 to generate Fes04 (1.33 mol CO/mol
Fe)(3Fe + 4CO;—Fe304 + 4CO). Whereas, the process yields CasFezOs
using the same moles of Fe oxidized by CO3 and 1.5 mol CO/mol Fe.
Fig. 13c represents the phase equilibrium of the CasFe;Os using steam.
As observed, no other side product is generated other than CayFesOs
under temperature between 627 and 927 °C, proving that steam can
regenerate this catalyst as well. This is expected to partially occur in the
CSPR.

3.6.6. Biomass loading to the SCCLBR plant

Fig. 14 depicts the impact of feedstock loading on the gas composi-
tion and total hydrogen produced by the CSPR reactor (Fig. 14a) and
SCCLBR plant (Fig. 14b). The simulation was conducted under the CSPR
temperature of 850 °C and the same steam-to-biomass (S/B) ratio. The
total hydrogen production in both the CSPR reactor and the SCCLBR
plant increased linearly with feedstock loading. However, the concen-
tration of hydrogen and CO. gradually decreased. Meanwhile, the
quantities of CO and CH4 have increased. This behavior was also
observed in Fig. 8a (the impact of water), although the trend of reduc-
tion is lower in Fig. 14b. Accordingly, the most important potential
reason could be related to the quantity of water as the gasifying agent.
Further increase in water injection rate can potentially increase
hydrogen production. However, the efficiency results clearly shows that
the S/B ratio of 0.235 works the best for the biomass loading of 2000
tonne/hr. A multi-variable optimization of the process is needed to
maximize the efficiency of the process under a larger biomass loading
rate.

3.7. Greenhouse gas emissions

Greenhouse gas emissions are an important factor in investigating
the performance of power plants. Reducing carbon dioxide (CO3) as the
primary greenhouse gas plays a key role in achieving carbon and climate
commitments. In this study, the GHG factor is defined as the ratio of the
total mass of CO, produced per ton of Hy:

mco,
My,

GHGmission = (51)

where m¢py and my; represent the amount of CO, and H; produced in
the SCCLBR. The results of GHG emission under different CSPR oper-
ating conditions are summarized in Fig. 15. For pine wood feedstock, the
GHG factor decreased from 10.54 to 10.4 as the CSPR temperature
decreased from 850 to 750 °C, which is equivalent to 1694 tons of CO,
reduction/year. A more significant CO, reduction is obtained by
reducing the water injection to the CSPR from 560 to 210 kg/hr while a
constant amount of water is used in WGS reactors (370 and 120 kg/hr in
high and low-temperature WGS reactors) respectively. However, CO2
reduction by both adjusting temperature and water supply of the CSPR
comes at the cost of a significant reduction in power generation. In the
second scenario, reduction of injection to CSPR (from 560 to 210 kg/hr)
and increase of water used by H-WGS and L-WGS reactor caused a
simultaneous increase of CO2 emission and reduction of power
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Fig. 14. The effect of feedstock loading on the gas composition and total hydrogen produced from a) the CSPR reactor and b) the SCCLBR power plant.
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input rates, with and without 50% solar PV support.

generation. The GHG emissions under different biomass loading also
have the average value of 10.25 CO2/H, (weight basis). The maximum
GHG emission in SCCLBR is 10.70 which is significantly lower than
traditional coal-to-hydrogen (15.23) and biomass-to-hydrogen power
plants (16.39).

Published results from 96 estimates of PV systems including crys-
talline silicon (c-Si) (mono-crystalline and multi-crystalline) and thin
film (TF) (cadmium telluride [CdTe]) and CSP systems including Para-
bolic trough, central receiver, paraboloidal dish were reviewed and
included in this study. The references have been separately cited in the
supplementary information. The life cycle GHG emissions for solar
electricity generation technologies are summarized in Fig. 15b and 12c.
The results are well-matched with the life cycle greenhouse gas emis-
sions from solar photovoltaics published by NREL, which are based on
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the results collected from 400 studies [49,50]. As observed, life cycle
greenhouse gas (GHG) emissions from sc-Si solar cells with 50 g COy/
kWh represented the highest net CO, production compared with the
other solar energy. In the LCA literature on PV technologies, the
assumed solar irradiation ranged from 900 to 2,300 kWh/m?/yr. The
quadratile values in Fig. 15c are very close to the GHG emissions for c-Si
PV technologies with solar irradiation of 1,700 kWh/m?/yr, typical for
southern Europe. Establishing the plant in locations with higher solar
irradiation and using a higher irradiation estimate (i.e., 2,300-2,400
kWh/m?/yr, typical for the Southwestern U.S.) would result in propor-
tionally lower GHG emissions (Fig. 15b). Fig. 15d shows the overall
performance of the modeled SCCLBR in terms of GHG emissions based
on six different loadings of feedstock. As observed, the CO2 production
increased from 1286 to 4995 kg/hr by changing the feedstock loading
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Fig. 16. a) Photovoltaic Solar resources of the United States, Resource: National Renewable Energy laboratory, Unit: kWh/m?/Day b) Corn for grain 2019 production

by county, Unit: Bushies per acre, Resource: US Department of Agriculture.

from 1 to 6 tonne/hr. However, two points must be considered: 1) the
rate of increasing the CO5 emission reduced statistically and quantita-
tively from 52.9% (2 vs 1 tonne/hr) to 12.3% (6 vs 5 tonnes/hr), which
is equivalent to 681 versus 547 kg/hr; 2) the estimated GHG emission
per kW of electricity generated reduced from 1040 to 650-728 kg CO,/
kw by increasing the feedstock loading. Hybridization of the plant to
supply 50% of the energy consumed by the CSPR reactor from PV solar
cells can further reduce the CO, emission to as low as 566 kg COy/kw.
Across varying feedstock input rates, greenhouse gas emissions average
12.8% lower when solar PV supplements refinery power needs. The
maximum emission reduction by up to 19.9% was observed for the
feedstock loading of 1 tonne/hr which is attributed to the greater steam/
dry biomass ratio (0.64).

3.8. Simple Payback Time

It can be concluded from the results of the different analyses that the
profitability of the SCCLBR production routes is highly dependent on the
operating conditions of the CSPR reactor as well as the integration of the
process with solar PV. Accordingly, the location of the plant in terms of
accessibility to the biomass resources and high index of solar irradiation
is the other key parameter. Fig. 16a and b demonstrates the locations
with the maximum solar index as well as accessibility to the raw biomass
(corn stover as the feedstock). More details about these figures can be
found in the supplementary information (Figs. S1 and S2). A simple
payback time (SPBT) was conducted to investigate the feasibility of
integration of PV systems with CCLBR through the below equation:

Ccap

SPBT = — —
AEP*P — Cmp "l — Cmain

(52)

where, Ccqp, AEP, P, i, and Cynqin denote the initial capital expenditure,
annual energy production through PV system, energy price, interest rate
and annual operation, and maintenance expenses (O&M). We consid-
ered the capital cost of 1.83 USD per Watt, O&M of 18 USD/kW-yr, and
debt interest rate of 4.8% according to the most recent PV commercial
modelling by the U.S. national renewable energy laboratory (NREL)
[51] and U.S. Energy Information Administration (EIA) [52]. The SPBT
provides insight into how long the solar PV system must work before the
integrated SCCLBR plant can be considered a preferable alternative to
the CCLBR counterpart. The results demonstrated the SPBT of 3.35 years
for the establishment of the SCCLBR power plant in the western areas of
the U.S. The SPBT can further be reduced to 3.06 years in the south-
western United States, which receives the greatest amount of solar en-
ergy. However, the SPBT increases up to 3.54 years in the southeastern
United States, which receives a lower amount of solar energy. However,
as observed the accessibility to the biomass resources is lower in loca-
tions with greater solar irradiation. Optimization of the plant location is
required to balance the feedstock transportation cost and solar
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accessibility.
4. Conclusion

To evaluate the techno-economic feasibility of hydrogen production
through a solar catalytic chemical looping biomass refinery (SCCLBR), a
detailed parametric and economic analysis was conducted. The TEA
combines process modeling and engineering design with economic
evaluation. The results revealed that the CCLBR and SCCLBR power
plant could reach an energy efficiency of 34%, which is 6% higher than
the common gasification plants. The biomass refinery unit accounts for
21% of the total energy consumption in the plant. The SCCLBR can reach
an efficiency of 34% (using the most conservative S/B ratio and mini-
mum energy recovery in different units). According to the simulation
results in terms of energy production, hybridization of the CCLBR with
solar PV to supply 50% of the energy required by the CSPR reactor can
further increase the efficiency of the plant to 40.8%. In addition, the
thermodynamic analysis of the oxygen carrier catalyst (CagFeyOs),
demonstrated the successful regeneration of its reduced form (CaO and
Fe%) using CO,, at temperatures above 730 °C. It was also found that the
maximum GHG emission in SCCLBR is 10.70 tons CO,/ton Hy produced,
which is significantly lower than traditional coal or biomass-to hydrogen
power plants. Optimization of operating conditions, the performance of
different units, the ratio between the scale of CSPR to solar PV can
further increase the efficiency of the plant. More importantly, the design
of an integrated SCCLBR and solar power plant still needs much effort.
The ratio of the SCCLBR scale to the solar side of the plant needs to be
further optimized by considering the energy efficiency vs the capital
investment of the plant. This study provided a baseline analysis of a
SCCLBR power plant. Additional study is needed to understand the op-
timum design of the plant to offset the capital cost and maximize plant
efficiency, increase energy production, and reduce GHG emissions.
Future assessments should also consider the systems-level effects of
integrating factors, including solar radiation and feedstock trans-
portation variables in different seasons, to better understand the impacts
on plant efficiency.
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