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Abstract: Several carbon sequestration technologies have been proposed to utilize carbon dioxide
(COy) to produce energy and chemical compounds. However, feasible technologies have not been
adopted due to the low efficiency conversion rate and high-energy requirements. Process intensifica-
tion increases the process productivity and efficiency by combining chemical reactions and separation
operations. In this work, we present a model of a chemical-electrochemical cyclical process that
can capture carbon dioxide as a bicarbonate salt. The proposed process also produces hydrogen
and electrical energy. Carbon capture is enhanced by the reaction at the cathode that displaces the
equilibrium into bicarbonate production. Literature data show that the cyclic process can produce
stable operation for long times by preserving ionic balance using a suitable ionic membrane that
regulates ionic flows between the two half-cells. Numerical simulations have validated the proof of
concept. The proposed process could serve as a novel CO, sequestration technology while producing
electrical energy and hydrogen.

Keywords: CO, absorption; process intensification; hydrogen; electrochemical cell

1. Introduction

The Fifth Assessment Report (AR5) of the United Nations Intergovernmental Panel
on Climate Change (IPCC), predicts that the global surface temperature by the end of
the 21st century could increase by more than 1.5 °C relatively to the average temperature
for the 1850-1900 period in most scenarios considered [1]. The decrease of the mean
global temperature below the initially predicted 1.5 °C requires global CO, emissions to be
curtailed by 45% by 2030, and achievement of net zero emission by 2050 [1].

Design of efficient CO; sequestration processes is required to achieve these goals.
Process intensification is a discipline that emerged in chemical engineering during the
1970s. A specific description remains elusive; however, size reduction of chemical plants,
mitigation of environmental impact, improved energy efficiency, safety, and operation
have all been identified as important aspects [2]. The combination of reaction engineering
and separation processes leads to significant improvements as the separation process
can displaced the reaction equilibrium till higher product formation [3]. The reactive
absorption of CO; in neutral or slightly acidic water solutions is not normally considered
for carbon sequestration processes as it proceeds at slow reaction rates, and it has a very
small equilibrium constant (7.85 x 10~ M at 25 °C) [4]. This value is so small that normally
CO; absorption using aqueous solutions is carried out by high pH solutions [4-6].

Several authors have carried out research projects on the chemical conversion of CO,
into high-value-added carbon compounds, such as methanol, organic materials, and plastic
materials ([7-13], among others). However, due to low conversion efficiency, it has been
argued that it cannot be an effective greenhouse gas sequestration technology [14,15].
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Kim et al. [16] have devised a hybrid Na-CO, battery that captures CO; as a bicar-
bonate salt by displacing the absorption equilibrium reaction in an aqueous solution by
using an electrochemical reaction. The cell also produces electric energy and hydrogen
simultaneously with highly stable operation over 1000 h. The authors also reported that
unlike existing aprotic (non-aqueous) metal-CO, batteries [17-19] the proposed system
does not regenerate CO, during the charging process. Therefore, this hybrid Na-CO; cell
captures CO,, generates electrical energy by battery operation, and produces hydrogen as
a byproduct of the electrochemical reaction.

The goal of this work is to develop a simulation model that will represent CO, capture
using an electrochemical process intensification approach based upon Kim et al. [16] work.
This theoretical model will be implemented into a computer program to test the concept.
Modifications of the proposed model can be used to test different electrode configurations
and chemical half-cells. This work will be the subject of future research projects.

2. Materials and Methods
2.1. General Considerations

The system under study is very complex and involves several different important
research matters, chemical reactions, electrochemical reactions kinetics, ohmic resistances,
electrical double layer theory, and others. A complete study of all these issues is beyond
the scope of this work. Every individual issue deserves one, or more, independent stud-
ies. Therefore, we have used generic formulations available in the literature to obtained
qualitatively sound conclusions. We introduce below a list of issues that required approxi-
mations to develop a successful theoretical model that can be used for simulation of this
complex process.

e  The evolution of hydrogen on metallic electrodes is a complex process that involves
several steps. Some of them are electron transfer steps and others are catalytic in
nature (Butler-Volmer, Heyrovsky, Taffel, and combinations ([20-22], among others)).
There are several kinetic expressions depending upon which step controls the rate
of the overall process. Despite the impressive amount of work carried out on this
research subject many issues are still not clear. Furthermore, the kinetic behavior
depends upon the electrode materials used and operating conditions ([20-27], among
others). Some authors even question the existence of a redox mechanism and propose
an overpotential-capacitance mechanism for the H; electrode reaction on Pt [22]. In
this work, for simplicity, we used a generic kinetic expression for the evolution of
hydrogen under a galvanic cell operating conditions [22], see Section 2.6 below.

e Even for accepted mechanisms few experimental data are available for the several
kinetic parameters necessary for successful simulations. In this project we used
literature parameters if available and our own estimates if we could not find values
in literature.

e  The theory for electrical double layers (EDLs) in the case of strong electrolytes compris-
ing monovalent ions is well developed for the case of the Gouy-Chapman-Stern model
(GCS), ([28-31], among others). However, the studies published for multi-ion systems
show that the theoretical treatment is very complex. In this work we introduced a
Debye-Hiickel linearization approximation [32] to deal with the several ionic species
present, see Section 2.5 below.

e Itis also a complex matter to calculate conductivities of multi-ion solutions [33],
especially for high concentrations. We used approximations for these calculations, see
Section 2.6 below.

2.2. Model Organization

In this work, we will study the electrochemical cell depicted in Figure 1. The cell
is divided into anode and cathode half-cells by an ion exchange membrane (IEM). The
presence of the IEM is critical in the operation of the process. More details will be given in
the membrane Section 2.4 below. The processes occurring in each half-cell are also listed.
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The chemical species appearing in each section are shown in the figure. Information about
the chemical and electrochemical reactions plus the transport processes are given in the
appropriate Sections 2.3 and 2.6 below.
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Figure 1. Electrochemical cell schematic.

The derivation of the theoretical cell model requires that we divide the electro-

chemical cell in the different parts depicted in Figure 2. From left to right we have the
following processes:

@
@)
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Electrochemical reaction in the anode (oxidation).

Potential drop through the Stern layer of an electrical double layer (EDL) on the
anode side.

Mass transfer through the diffuse layer of an electrical double layer on the anode side.
Mass transfer through an aqueous solution in contact with the anode.

Stagnant double layer in contact with the anionic exchange membrane on the anode side.
Restricted mass transfer through an ionic exchange membrane (IEM).

Stagnant double layer in contact with the anionic exchange membrane (IEM) on the
cathode side.

Mass transfer through an aqueous solution in contact with the cathode. Inside the
cathode half-cell there is also a chemical reaction between gaseous CO; and the acidic
solution. In this work we bubble in the cathode a gas mixture containing 13% CO,
V/V ratio.

Mass transfer through the diffuse layer of an electrical double layer on the cathode side.

(10) Potential drop through the Stern layer of an EDL on the cathode side.
(11) Electrochemical reaction in the cathode half-cell (reduction).
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Figure 2. Descriptions of the different sections used to describe the operation of the electrochemical cell.

The full process includes the electrodes operation (steps 1 and 11), an ion exchange
membrane to control ionic transport from the anode to the cathode (step 6), ionic transport
inside the solutions in the electrode half-cells (steps 4 and 8), ionic transport between two
diffuse layers (steps 3 and 9), potential drops in two Stern layers (steps 2 and 10), and CO,
absorption reaction in the solution located at the cathode half-cell (step 8). The electrical
circuit is closed by an electron flow from anode to cathode.

In Figure 2, Cj; are the concentrations of the i-species at the j-location; ¢; is the
electrolyte phase electrostatic potential at the j-location; the a and ¢ superscripts mean
anode and cathode side concentrations and potentials, respectively.

We will derive mass and potential balances for every single part and all parts will be
assembled to generate a complete model for cell operation.

2.3. Electrode Reactions

The main goal of this project is to develop a model to simulate operation of different
half-cell reactions. It is well-known that there are severe practical problems in applying
several of the possible anodic half-cells [16]. At this moment we will not consider practical
problems in the implementation of our proposed systems. We consider a “virtual’ element
with the same electrochemical properties as sodium (Na). Of course, metallic Na requires
to be handled in non-aqueous solvents [16]. However, for simplicity, we will assume that
the practical problems have been solved and keep using Na in the nomenclature. Similar
problems happen with K, Li, and other elements, while other metals form oxides that affect
the operation of the electrodes, Mg for example, [16].

In the anode we will consider the following reaction:

Na=Na* +¢,E°=—-271V (1)
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The cathodic reaction under acidic conditions is given by,
2H* +2e=H, (g), E° =0.0 )

Therefore, we have generation of Na* ions in the anodic half-cell and proton reduction
in the cathodic half-cell. Other half-cells and reactions conditions can be tested by modify-
ing the model presented in this work. The potentials of each electrode (E;) are calculated
under equilibrium conditions using the Nernst equation [28,29].

RT a
Ered = Epeq — nPln< M) 3)

Aox

In Equations (1)-(3) we considered reduction potentials only; here, E7, ; is the standard
reduction electrodes potentials with respect to a hydrogen electrode; 1 is the number of
electrons exchanged in the redox reaction; R is the gas constant; T is the thermodynamic
temperature; F is the Faraday constant; and a,,; and a4,y are the activities of the reduced
and oxidized species in Equation (1) for example.

The total equilibrium cell potential is calculated by,

AE o = Ecathode — Eanode (4)

where, E ;040 and E ;04 are the reduction electrode potentials for the cathode and anode,
respectively.

2.4. Ion Exchange Membrane and Stagnant Diffuse Layers

The ion exchange membrane (IEM) plays a critical role in the operation of the electro-
chemical cell. A cationic membrane is used in this work. The membrane intrinsic negative
charge allows free passage to the positive ions (counterions), but severely restricts the
passage of negative ions (co-ions). The IEM main function is to allow Na* ions to move
from the anode half-cell where they are generated into the cathode half-cell to balance the
H* ions consumed by the cathodic reaction. The membrane also allows passage of H* ions
from the cathode half-cell into the anode half-cell. The ion exchange membrane controls
the value of these ionic fluxes. In this way electroneutrality in both electrode half-cells is
maintained and the system can operate continuously. Given the strong membrane charge
(w XX) we assumed that the electroneutrality condition is satisfied for all times. This
assumption leads to,

M M
Zzi Ci, cation ~ Zzi Ci, anion T wXX =0 (5)
i i

In an ideal membrane Equation (5) leads to,

CNLe +CM +wXX =0, or CNl, +CM, = XX (6)

Here, ClM are the ionic concentrations inside the membrane, w is the sign of the
membrane intrinsic charge, —1 for CEM, and XX is the absolute value of the membrane
charge (in M units) experimentally determined. In Equation (6), we assumed the presence of
a NaCl solution in the anode half-cell and that the membrane behaves ideally, shutting-off
completely the co-ions flow, C%n ion = 0-

The concentrations of the ions outside and inside the membrane are related by the
Donnan equilibrium equation [34-36],

CIM = C{, solexp(_ziA(P]bonnan) @)

Here, Agbg onnan 18 the Donnan potential between membrane and solution, z; is the ion
charge, and the superscript j refers to the electrode half-cell, either anode or cathode.
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Introducing Equation (7) into Equation (6), after algebraic manipulations we get,

j J
i 1 Crnat sor T Chre i i

] _ Nat, sol Ht,sol | _ .j ]
A(PDOVH’MH - ;iln . SOXX = = (PIEM,i - (Psol, i (8)

Equation (8) allows calculation of the Donnan potential on both sides of the IEM. The
ionic flow passing through the membrane can be calculated using [37],

Jim = T XX Agu | ©)
M

Here, Dy is the diffusivity inside the porous membrane, Ij is the membrane thickness,
and A¢), is the potential difference inside the membrane calculated using,

Apm = Pipm, i — Piem, i (10)

In Equation (9) we assumed homogeneous ionic concentrations inside the membrane.

The accounting for two stagnant diffuse layers (SDLs) at both sides of the membrane
is also an important step in the process. The ionic transport in both SDLs can be very small;
therefore, the rate of the global process will be controlled by the rate of these processes
(concentration polarization) [38]. Of course, the rate of these processes can be increased by
mechanical agitation. However, sometimes the amount of energy needed is a significant
cost in the global process. The degree of concentration polarization occurring in the
SDLs regions depends on the local current density and leads to a reduction of the ionic
concentration at the solution-membrane interfaces. The limiting current density (ionic
concentration at membrane surface assumed zero) results from a depletion of ions in the
boundary layer on the solution side and leads to a limitation of ionic transport through
the membrane [39]. In this work, we consider the presence of the SDLs by following
the procedure presented by Rommerskirchen et al. [39] using the fact that the ion flux in
the boundary layer (diffusion and migration) must equal the ion flux in the membrane.
We calculate limiting ionic flows in both SDLs, compare the calculated values against
Equation (9), and the smallest value is assumed to be the ionic flow through the membrane.
The limiting ionic flows were calculated using [39],

D;, FC!

j o i+, sol
Ii+,sol - 5 (11)

Here, ¢ is the SDL thickness and i+ represents either Na* or H*.

2.5. Electrical Double Layers (EDLs)

We describe the double-layers using the Gouy-Chapman-Stern model (GCS), which
combines a Stern layer of constant capacity, with a diffuse layer where there is a net
counterion charge [28]. This model gives the potential drop between the electrode (<,,)
and the bulk of the solution (&,,;) as the sum of a potential drop through the Stern layer
(ADstern) and the diffuse layer (AQ;¢),

Delec — Dol = Agdif + ADstern (12)

In the anode EDL the charge formation at the electrode-solution interface has been
studied many times in the literature for a symmetric electrolyte, NaCl for example,
as [28-30],

o AgStern o
— =

Agdif
2

0; = ~24/c] ,, sinh (13)
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Finally, the excess ionic absorption in the EDL (w;) is given [26] by,
; Ay
o ] . 1.2 dif
w; =4 Cl.’ Solsmh 1 (14)

In the cathode the situation is more complex as there are multiple ions in solution. We
solved the Poisson-Boltzmann equation [28] for all ions present in the cathode half-cell.
Application of the Debye-Hiickel linear approximation [32] to the exponential leads to,

d’o

Equation (15) is solved in combination with the following boundary conditions:

@x =1y, I=09, (16)

@x = 1y, I=0Ip (17)

Here, k! is the Debye characteristic length for the process; y; and y, are the locations
at the bulk of the solution and at the outer Helmholtz plane (OHP), respectively; @, and
D p, are the potential values at the same locations. Equation (15) is solved using the solution
proposed below,

F=Ae " + B (18)

Integration of the relationship between potential and distance leads to the calculation
of the ionic charge (0;) and excess ionic concentration (w;) in the diffuse layer as,

y2 22 FCYA z2 FCYB
Ui:—z?FCf/ Gdx = L—1— (e_"yz—e_"yl)—il Kl (e"yz—e"yl) (19)
yl
zi CYA z; CYA z; CYA z; C{B
w; = ! Kz [( e K x);i _ o Kz (eK x)zﬂ _ T Kz (efK y2 _ ek yl)_ ! Kz <€K y2 _ e yl) (20)

The constants A and B are calculated from boundary conditions given by Equa-
tions (16) and (17). Introduction of these values into Equations (19) and (20) leads to
the calculation of the voltage drop,

(@p — D) F
K

g K

ZZ% C;), or (@D—go) == sz
1 1

o= (21)

Equations (20) and (21) are very important for the calculations of the charge and mass
balance in the anode and cathode half-cells below.

2.6. Anode and Cathode Bulk Solutions

We carry out mass and charge balances in both solution half-cells for every single ion
present. Every half-cell is considered a well-mixed CSTR reactor without internal transport.
There are no chemical reactions in the anode half-cell. The following reactions occur in the
cathode half-cell:

CO, (ag.) + HoO & HCO3~ + H* (ag.) 22)

CO, (ag.) +OH™ & HCO;™ (ag.) (23)

The reaction scheme is completed by including the following reactions:
H,0 % g+ +oH- (24)

HCO;~ €8 cOy= + H* (25)
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In dealing with Equations (22)—(24) we have used the kinetic approach presented in
references [4,19] and described in Equations (38)-(41) below.

The authors think that using concentrations in this work instead of activities is war-
ranted because the biggest source of error in the model is produced by the estimates of
the kinetic constants in the generalized Frumkin-Butler-Volmer model, Equations (36)—(41)
below. However, for completeness we modified the computer code used in this work to
introduce calculation of the activity coefficients (y;) using the Davies [40] equation:

VI
1+V1

Here, I is the solution ionic strength calculated by,

log10y; = —0.51 z2{ —031} (26)

1= <Zz,2 c, i) /2 (27)

This equation is an empirical extension of the Debye-Hiickel model to improve accu-
racy and extend application to solutions of an ionic strength equal or below 0.5 M. The
Davies equation is only used for temperatures close to 25 °C. No significant changes were
found using the correction. Results showing the differences between using concentrations
or activities are included in the Supplementary Materials.

A generic mass balance is given by [35],

]
sol, i

ot

=ritaiJim—a;Jl o :Vi-i-ﬂjfi,M—ﬂj]i,F—ﬂjaftl (28)

In Equation (28), 4; is the j-half-cell sectional area per unit volume, r; is the production
of the i-species by chemical reaction, J; s is the molar flow of the i-species leaving or enter-
ing the half-cell from the membrane, J; py is the molar flow of i-species leaving /entering
the EDLs, J; r is the production/consumption of the i-species by the electrode reaction per
unit area. J; r is defined positive as the i-species leaves the electrolyte into the electrode.
Ji, m is defined positive when is entering the solution phase (cathode) and negative when is
leaving the solution phase (anode). Of course, some chemical species take part in chemical
reactions and/or electrode reactions others not, so Equation (28) is a generic equation
that needs to be written in the following specific way for every chemical species in anode
and cathode.

2.6.1. Anode
aC?e, | ow
Na%'m =g JNg+, M — @a INa+, F — a al\tw (29)
aC? 9
H, sol W+
TSO =g INa+, M — aale (30)
acél*, sol _ —a dwcy- (31)
ot “ot
K
C?DH—,sol = Ce = (32)
H,s0l
2.6.2. Cathode
ac?\]a*, sol awNa+

o = ac INat+, M — dc o (33)
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aC¢ d
H*, sol Wi+
TSO =ryg+ —dc Jg+, M — dc Jg+, F — ﬂcTIt{ (34)
acﬁcog, sol WOy
— 5 = THco; ~ fc TR (35)
Ky
CHOH*,sol = Ce (36)
H+ ,s0l
KpCh
a _ HCOg3 ,s0l
Cco;, sol —  ca_ (37)
H+ ,s0l

Here, the rate of production by chemical reactions of the bicarbonate and H* ions are

given by,
"Heoy = R+ R o
rg+ = Ry (39)
Ra1 = k21(CO2(aq.)] — kyp1 [HCOy | [H'] (40)
Ryy = k[COs(aq.)] [OH™] — ks22 [HCO; | 4

Here, R; represents the net rate of Equation (i), ky; is the forward specific rate constant

of Equation (i), k,; is the reverse specific rate constant of Equation (i), the ac% terms
represent the mass ion fluxes into the EDLs, and CO, (ag.) is the aqueous concentration
of CO, assumed at equilibrium with the gas phase. In this work we used a high CO,
concentration (13% V/V) in the gas phase typical of flue gas waste streams. The value of
CO; (aq.) is provided in Table A1 in the Appendix A.

The calculation of J; r, the production/consumption of the i-species by the electrode
reaction per unit area, was done by using the generalized Frumkin-Butler-Volmer equation,
which for a one-electron reaction can be represented in dimensional form as [41,42],

AgStern

A
Jir = Kr Coi, stern €xp <_2VT) — Ko Cgi, stern €xp <2€,t;m) (42)

Here, Cp;, stern and Cg; stern are the molar volumetric concentrations at the reaction
plane. We have assumed that the charge transfer coefficients of the oxidation and reductions
steps are equal to %, (o =R = %), and where K and Kg are kinetic rate constants for
the reduction and oxidation reaction, respectively; Co; stern and Cg; stern are the molar
volumetric concentrations at the reaction plane (equated with the Stern plane, OHP). The
concentrations at the reaction plane can be related to the bulk concentrations using the
Poisson-Boltzmann distribution [28] by

Coi stern = Co; ) A 43
0i, stern = Coi, butk exp | (z — 1) Vr (43)
Cri. stern = Chi Ay 44
Ri, Stern = LRi, 00 €XP| Z v (44)

T

Here, z is the charge sign of the reduced species.
Introducing Equations (43) and (44) into (42) leads to (45)

Agfilif . ADstern
Vr 2Vt

AD
> — Ko Cripuexp (Stem> (45)

Jir = Kr Coi, bulk exp (‘ 2y
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We followed several authors ([40,41], among others) by introducing the concept of
overpotential (7 = A — Ag®) to get equations like the classical Butler-Volmer equa-
tion [29]. This procedure leads to,

A@dif A@Ster” ) (46)

Ji,p = Ko Cri, buk [exp(—1) — 1]exp< T v

where, A@* is the equilibrium potential calculated from Equation (43) when the electrode
reaction vanishes (J; r = 0) as,

Kg Co;
ln(w (47)

A =
Ko Cri, bulk

Equation (44) is formally identical to Equation (11) in Biesheuvel et al. [35]. In the case
of a neutral species formed by reduction of a monovalent cation, Equation (44) becomes,

A@ ern
Jir = Ko CRi, bulk [exp(n) — 1}69‘P< zf/tT) (48)

The potential drops in the cathode and anode half-cells are calculated following the
procedure proposed by Rommerskirchen et al. [39].

APlps = = (49)

W
o

Here, I/ is the j-half-cell width, and I is the current density (A/ m?) passing through
the j-half-cell; and #/; is the specific conductivity of the solution in the j-half-cell, which is a
function of the salt concentration in the solution j-half-cell, calculated by

K = Zc{ /\5 + K/ (50)

sol

Here, K£ o1 18 the specific conductivity of the solvent, considered to be zero for the dilute

solutions and A} are the molar conductivities of the i-ionic species in either the anode or

cathode, calculated as,
LN 1)

where, )\f’ ® are the infinite dilution molar conductivities of the i-ionic species and K; is the
Kohlrausch constant appearing from using the Kohlrausch’s law of independent migration
of ions [43]. In the case of multivalent ions, the molar conductivities are calculated on equiv-
alent bases not molar [29]. Because in the electrode half-cells, we have multi-ionic species
we added individual ionic conductivities instead of salt conductivities. The Kohlrausch
constants were calculated from linearization of conductivity vs. concentration curves for
different ionic compounds at low concentrations. The values used in our calculations are
shown in Table A2 in the Appendix A.

3. Results and Discussion

The theoretical model described in the sections above was implemented in a custom-
made FORTRAN computer code. This computer code was checked for consistency by
performing potential calculations replacing the membrane with a salt-bridge. The error
produced by using concentrations instead of activities was tested by comparing the results
produced by computer codes with and without activity coefficient calculations. Results
of these calculations are shown in a Supplementary Materials file. The authors were
not able to find in literature experimental data and/or simulation results to perform a
proper validation of the computer code. In order, to compare simulation results using the
electrochemical cell and CO, absorption in a chemical reactor without redox reaction and
transport through an IME we also simulated the transient behavior of a batch chemical
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reactor with the same dimensions of the cathode half-cell. This chemical reactor is operated
in batch mode, but there is a continuous input/output flow of a flue gas stream containing
13% V/V CO,. The input data used in our simulations are shown in Table Al in the
Appendix A. The simulation results are shown in Figures 3-8.

0.030

0.025

0.020

0.015
oJNa+ e-JH+

Flux (mol s! m2)

0.010

0.005

0.000 e T -
0.0 100.0 200.0 300.0 400.0
Time (s)

Figure 3. Comparison of simulated and limiting flows.
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Figure 4. Cation variations in both half-cells.



Energies 2021, 14, 5807 12 of 18
5.0
=
S
E
@
E
mﬂo
~ 0 Overpotential Cathode
. o ® Overpotential Anode
A Eeq Cathode
-20.0
0.0 100.0 200.0 300.0 400.0

Time (s)

Figure 5. Calculated overpotential and equilibrium potential values at the cathode and anode
half-cells.
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Figure 6. Comparison of the electrochemical cell and a batch reactor, (a) Bicarbonate ion concentration variation with time,

(b) H* concentration variation with time.

Figure 3 depicts the time variation of the Na* and H* molar fluxes (mol m~2 s~1)
against the maximum flux allowed by the ionic membrane. Estimates of diffusion limiting
fluxes, not shown here, were significantly below the membrane limiting total flux, and
higher than the calculated Na* and H* volumetric flows. If this situation persists charge
separation will appear on both sides of the membrane until the ionic transport will be
stopped (concentration polarization [44]). The cathode side has the smallest limiting flux.
Therefore, agitation should be provided. The diffusion limited fluxes were calculated using
Equation (11). The value of the SDL thickness (d) is inversely proportional to the amount of
agitation; therefore, increased agitation will decrease the d value and increase the limiting
ionic flux.
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Figure 8. Rate of hydrogen gas production per unit electrode area in the cathode.

The results presented in Figure 3 show that for the set of conditions used in the
simulations the molar fluxes are smaller than the maximum membrane fluxes. Therefore, in
all our simulation we adopted the membrane flux as the limiting value for ionic fluxes. In
traditional two half cells systems a salt bridge allows movement of anions and cations from
one half cell to the other to maintain electroneutrality and reduce unfavorable concentration
gradients. However, the presence of the membrane severely restricts the movement of
co-ions. In this work we assume the presence of an ideal ionic membrane; therefore, there
is no movement of anions from one cell to the other as only cations can move across the
membrane. This restriction requires a complex balance between the cation fluxes between
the two half cells and the ionic consumption/generation in the electrodes. Furthermore,
the chemical reaction generates anions, mainly bicarbonate. These constraints produce
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a flux of Na* ions through the cathode and a flux of H* ions through the anode. In this
work we defined the Na* flux as positive, so the hydrogen flux is negative. These ionic
flows produce ionic concentration variations in both half-cells. Typical results are also
shown in Figure 4 where the variation of the concentrations of Na* and H* are shown
as a function of time. We can see in the Figure 4 that the concentration of Na* decreases
in the anode and increases in the cathode while the concentration of H* decreases in
the cathode and increases in the anode. The sum of both cations concentrations always
satisfies the electroneutrality condition. In the case of the H* cation at short times the
cathode concentration is higher in the cathode half-cell that at the cathodic half-cell. The
difference between both concentrations decreases as time increases until the anode half-cell
concentration is bigger than the cathode one. This effect is produced because the migration
and diffusion fluxes oppose each other at long times. However, the migration flux that
moves from high potential to low potential is always higher than the diffusion flux.

The overpotentials and equilibrium potentials calculated using Equations (43)—(47)
are depicted in Figure 5. The equilibrium overpotential in the anode is small and constant
and it has been omitted due to its high negative dimensionless value (~—110).

There are only small variations on the values of the overpotential and equilibrium
potential values at the anode half-cell. The overpotential at the cathode increases with time
representing the change in concentration produced by the cation fluxes. The absolute value
of the cathode overpotential is bigger than the anodic one.

A comparison with a batch reactor of the same dimensions as the cathodic half-cell
and equal initial conditions with the electrochemical cell is shown in Figure 6. In Figure 6a
we can see that the concentration reaches the equilibrium value in a very short time and
there is no change in this value as time increases. This figure shows the limitations of a
typical chemical reactor, once equilibrium has been reached no further improvement is
possible. In Figure 6b, we show the corresponding time change of the H* ion concentration.
In the batch reactor the H* concentration slightly increases contributing to reducing the
bicarbonate equilibrium concentration. On the other hand, on the electrochemical cell the
H* concentration decreases continuously increasing the HCO;- concentration value to
higher values as time increases.

The continuous decrease in the H" produces the increase production of the bicarbonate
ion in the electrochemical cell. Inspection of Equations (32)—(36) show that this effect is
produced by the consumption of H* ions by the electron transfer reaction in the cathode
and the mass flux through the cationic membrane. The relative importance of these two
mechanisms is depicted in Figure 7 where the absolute values of the volumetric flow of
hydrogen (Ji+/Leathode) and the rate of the reduction reaction (J, r) are plotted vs. time. Both
quantities act like sinks that consume the H* ion. We can see in Figure 7 that the electrode
reaction consumes more H* ion than the mass flux through the membrane.

We established that hydrogen gas is evolved in the cathode. The rate of production
of hydrogen gas (mol m~2 s~!) is plotted in Figure 8. The results shown in Figure 8 have
been calculated from the values calculated for the cathodic reaction. The rate of hydrogen
production decreases as time increases until reaching steady state.

The cell potential has been relatively constant throughout our calculations, as it can
be concluded from the results from Figure 5. A net flux of ions will move through the
solution from the anode into the cathode while a corresponding electron flux will move
from the anode into the cathode through an external electric circuit. The electron flow can
be calculated from the net ionic flow from:

Lionic = F Y . % Ji (52)

The variation of the net ionic flux with time is shown in Figure 9.
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Figure 9. Net ionic current variation with time.

The current decreases as time increases until a constant value is achieved (exchange
current).

4. Conclusions

A theoretical model to study a combination of an electrochemical cell and chemical
reaction for CO, absorption has been proposed. The theoretical model relies on several
assumptions as there is no agreement in the literature about several important matters.
The model was implemented in a custom-made FORTRAN computer code. Assumptions
were made in estimation of the several parameters required for the simulations. The
operation of an electrochemical cell consisting of a cathodic acidic hydrogen evolution
half-cell and a metallic “virtual’ sodium dissolution half-cell was studied. This system
was selected for the process to function as a galvanic cell. An ion-exchange membrane
regulated ion flow between the two half-cells. Electroneutrality is the driving force in both
half-cells; however, due to mass transport resistances, concentration polarization layers
can appear and slow or stop the process. Transport through the ionic membrane also pose
a constraint to ionic transport processes; therefore, we concluded that agitation is needed.
A Na™ ionic flux from the cathode to the anode and a H* ionic from anode to cathode
were observed. Simulation results showed that the system produces hydrogen gas at the
cathodic half-cell and an electron flux in the external circuit from anode to cathode. A
comparison between a batch chemical reactor and the electrochemical system studied in
this work showed that significantly more CO, is absorbed in our proposed system. The
increased absorption is produced by the H ion consumption in the cathodic half-cell. The
H* concentration decreases with time due to a proton flux through the membrane into the
anode and electrochemical production of hydrogen gas in the cathode.

In conclusion, the theoretical function of the system as intended has been established.
A model that can be used to study different half-cell processes and ionic membranes has
been reported. This model can help improve process design.
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Appendix A

Table A1l. Values used in the simulations.

Notation Parameter Value/Range Units
EY Anode half-cell standard potential —2.71 \%
EY Cathode half-cell standard potential 0.0 \%
k% Anodic reaction forward constant 6.65 x 1074 s!
k% Cathodic reaction forward constant 443 x 107* s1
k& Anodic reaction reverse constant 6.65 x 10~* 571
kg Cathodic reaction reverse constant 6.65 x 1074 s1

CO, (9) Initial CO, concentration in gas phase 0.0054 M
COz (9) Initial CO, gas phase volume fraction 13 %V/V
Heo, Henry Constant CO, 0.8285 Co,/Céo,
co., Initial H* cathodic concentration 0.01-0.1 M
C?S[ﬂ+ Initial Na* anodic concentration 0.1-0.01 M
kg Reaction 1 forward constant 0.024 s!
Kq Reaction 1 equilibrium constant 7.31 x 1077 M
kg Reaction 2 forward constant 5.86 x 103 sIm!
K; Reaction 2 equilibrium constant 4.51 x 107 M1
Kuw Ionic water product 1x 10714 M2
Ko Carbonic acid second dissociation 50 x 10-11 M
constant
L, Anode length 0.1 m
L. Cathode length 0.1 m
He o1 Cell height 0.1 m
Weell Cell width 0.1 m
Ly Membrane thickness 0.002 m
em Membrane void fraction 04 -)
X Membrane charge 1 M
w Membrane charge sign -1 )
T Temperature 293 K
Py Standard total pressure 1 x 10° Pa
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Table A2. Values used in calculating potential drop in the half-cells.

Notation Parameter Value/Range Units
)\0?{ . H* ion conductivity at infinite dilution 349.8 S cm? mol !
A(w ‘ Na™* ion conductivity at infinite dilution 50.1 S cm? mol !
AoH- OH™ ion conductivity at infinite dilution 198.3 S cm? mol !
/\%l, Cl~ ion conductivity at infinite dilution 76.3 S cm? mol !
Ag o 5042~ ion conductivity at infinite dilution 160.0 S cm? mol !
4
/\%{ co- HCO;™ ion conductivity at infinite dilution 44.5 S cm? mol !
3
)\g o CO52~ ion conductivity at infinite dilution 138.6 S cm? mol 1!
3
K+ H* ion Kohlrausch Constant 106.92 S cm? L1/2 mol—3/2
Kna+ Na™ ion Kohlrausch Constant 40.55 S cem? LY2 mol—3/2
Kon- OH™ ion Kohlrausch Constant 73.37 S cm? L1/2 mol—3/2
K¢y Cl1~ ion Kohlrausch Constant 46.35 S cm? L1/2 mol—3/2
Ksof 50,42~ ion Kohlrausch Constant 122.86 Scm? LY2 mol—3/2
K HCO; HCO;3~ ion Kohlrausch Constant 39.31 Scem? LY2 mol—3/2
KCO%* CO32~ ion Kohlrausch Constant 109.92 Scm? LY2 mol—3/2
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