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Abstract 

Direct conversion of methane into ethylene through the oxidative coupling of methane (OCM) is 

a technically important reaction. However, conventional co-fed fixed-bed OCM reactors still face 

serious challenges in conversion and selectivity. In this paper, we apply a finite element model to 

simulate OCM reaction in a plug-flow CO2/O2 transport membrane (CTM) reactor with a directly 

captured CO2 and O2 mixture as a soft oxidizer. The CTM is made of three phases: molten 

carbonate, 20% Sm-doped CeO2, and LiNiO2. The membrane parameters are first validated by 

CO2/O2 flux data obtained from CTM experiments. The OCM reaction is then simulated along the 

length of tubular plug-flow reactors filled with a La2O3-CaO-modified CeO2 catalyst bed, while a 

mixture of CO2/O2 is gradually added through the wall of the tubular membrane. A 12-step OCM 

kinetic mechanism is considered in the model for the catalyst bed and validated by data obtained 

from a co-fed fixed-bed reactor. The modeled results indicate a much-improved OCM performance 

by membrane reactor in terms of C2-yield and CH4 conversion rate over the state-of-the-art, co-

fed, fixed-bed reactor. The model further reveals that improved performance is fundamentally 

rooted in the gradual methane conversion with CO2/O2 offered by the plug-flow membrane reactor. 

Keywords: CO2 transport membranes, oxidative coupling of methane, membrane reactor, methane 
conversion rate, C2 selectivity. 
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I. Introduction 

A recent notable development in the energy field is the significantly increased production of 

natural gas (NG) from shale and tight oil [1]. If the newly available, low-cost NG is only used for 

producing heat and power as in the past, it will continue to emit a significant amount of CO2 into 

the atmosphere and add burdens to the current effort to mitigate global warming and climate 

change issues [2, 3]. Alternatively, NG can be directly converted into value-added products with 

minimal CO2 emissions [4]. This direct methane conversion (DMC) approach is also economically 

attractive due to higher economic values of the final products [5, 6]. 

The most studied DMC technology is Oxidative Coupling of Methane (OCM), transforming CH4 

into ethylene (C2H4) with molecular O2 as the oxidant in a single step [7]. A major technical 

challenge for the OCM process is to achieve high CH4 conversion at high C2 selectivity [8]. A 

number of new reactor designs have been proposed based on the concept of controlling the oxygen 

content to prevent over-oxidation of the desirable C2 products [9].  

From a design perspective, there are generally three types of reactors: moving or fluidized-bed 

reactor, fixed-bed reactor, and membrane reactor [10, 11]. For the moving or fluidized bed 

reactors, the solid catalysts need to be replenished at a high frequency in order to remove coke and 

achieve a C2 yield greater than 50% [12, 13]. However, it is energy intensive to invest in larger 

reactor vessels, regenerate a large amount of solid catalyst, and provide high pumping power to 

move the catalyst. For fixed-bed reactors, there is little control over the over-oxidation of C2 such 

that C2 yield is often limited to <25% [14]. There were some proposed fixed-bed reactors with the 

ability to control the oxygen concentration in a continuous reactor by distributing the oxygen feed 

during the reaction to reduce the over-oxidation of C2 products. But, distributing oxygen feed in a 

reactor is not trivial and could become very costly [15]. The membrane reactors reported in the 
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open literature are either porous membrane reactors or membrane reactors with solid-oxide O2 

transport materials (OTMs) [16, 17]. However, the improvement in C2 yield and selectivity 

demonstrated so far is still marginal [18]. 

To control oxygen concentration, previous studies have shown that using nitrogen oxide, carbon 

dioxide, or sulfur as a soft oxidizer can appreciably improve the conversion-selectivity relationship 

[19]. Here in this study, we investigate from a modeling perspective the performance of a 

membrane reactor to directly convert methane to ethylene via OCM using a mixture of CO2/O2. In 

this case, a multi-phase, high-temperature CO2 transport membrane (CTM) is used to separate CO2 

and O2 from a carbon source such as flue gas and simultaneously react with methane on the other 

side of the membrane to form ethylene in the presence of OCM catalysts. We combine 

experimental data from the most recent CTM study and reaction kinetics of La2O3-CaO-modified 

CeO2 catalyst in a Multiphysics micromodel to predict CH4 conversion rate and C2 yield in a new 

plug-flow membrane reactor. The performance of the reactor is then compared with a fixed-bed 

reactor counterpart to show the advantages of the new technology. 

II. Types of Reactors Simulated 

In this study, we simulate a tubular plug-flow membrane reactor and a fixed-bed reactor for 

model/experiment coupling and comparison purposes. The working principle of each reactor is 

schematically illustrated in Fig. 1a and 1b. In the membrane reactor (Fig.1c), the CTM consists of 

three phases: Sm-doped CeO2 as the solid oxide (SO) phase, molten eutectic Li2CO3-Na2CO3 as 

the molten carbonate (MC) phase, and the LiNiO2 (LNO) phase formed in-situ between NiO and 

MC working as the electron conducting phase [20]. With such a membrane composition, only CO2 

and O2 in the flue gas can permeate through the membrane to react with methane on the other side. 
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The central passage of the plug-flow membrane reactor is filled with La2O3-CaO-modified CeO2 

catalyst having a 34% porosity. A pure stream of methane is fed into the reactor through the 

catalyst bed, while a mixture of CO2, O2, and N2 as a mockup of the flue gas from power plants is 

fed along the outer surface of the reactor. During operation, the CTM gradually adds CO2 and O2 

into the methane chamber under the gradient of chemical potentials of CO2 and O2. There are 

eleven catalytic reactions (solid line in the reaction network shown in Fig.1d) on the surface and 

one bulk reaction in the gas phase (dashed line in the same plot) considered inside the reactor 

(methane chamber). The corresponding reaction kinetics have been listed in Table 1. Ethylene is 

the product in the outlet. A 2D axial symmetrical model was built to simulate the performance of 

a membrane reactor coupled with a catalyst bed, shown in Fig.1e. r axis represents the radius 

direction and z axis is the longitudinal direction of the tubular reactor. The gas species is flowing 

in the z direction, entering from the left and exiting from the right. 

In the fixed-bed reactor (Fig. 1f), the composition, diameter, and length, as well as the porosity of 

the catalyst bed, and the inlet CH4 flow velocity are the same as the membrane reactor. There are, 

however, two major differences in the fixed-bed reactor modeling compared to the membrane 

reactor: 1) a mixture of CH4 and CO2/O2 is co-fed at the inlet of the reactor; 2) there is only one 

computational domain for the catalyst bed. 

III. Mathematical Models 

In this section, we give more details about the mathematical models used to simulate both OCM 

reactors. The reaction kinetics of OCM on La2O3-CaO-modified CeO2 catalyst involves many 

species. A 10-step kinetic model was first proposed by Stansch et al. [21] for O2 OCM. It describes 

the differential rates of formation of different species under a wide range of operating conditions 

(1<pO2<20kPa, 10<pCH4<95kPa, 973<T<1228K). The kinetic model includes thermal cracking, 
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steam reforming and water gas shift reactions, see Table 1. The kinetic parameters are estimated 

based on experimental data obtained from a microcatalytic fixed bed reactor in the model and 

experiment coupling section [1]. The reaction rate equations are either in the Hougen-Watson type 

(reaction 1-6) or the Power-law type (reaction 7-10). In addition, we also considered direct reaction 

between CH4 and CO2 as reaction (11) with the experimental data from Wang et al. [22]. 

Table 2 lists the governing equations and boundary conditions in both the membrane and the 

catalyst bed. The model was solved using commercial finite element package Comsol 5.4, 

Mathematics/The General Form PDE interface. A mapped mesh with 3500 linear quadrilateral 

elements was used in discretization. According to the definition of our previous work [23], the 

membrane consists of three phases: molten carbonate phase transporting carbonate ions, mixed 

oxide and electron conducting phase transporting both oxide-ions and electrons, and the LNO 

phase transporting electrons only. Therefore, there are four charge conservation equations in the 

membrane domain. The details of the governing equations and boundary conditions can be found 

in our previous work [23]. In the catalyst bed, the diffusion and convection of the gas species are 

described by transport of dilute species in porous media. The reaction kinetics at the catalyst 

surface or the bulk are given in Table 3. The velocity of the gas stream is assumed to be constant. 

To evaluate the overall performance of the OCM reactors, three metrics are used: C2 yield (𝑌𝑌𝐶𝐶2), 

selectivity (𝑆𝑆𝐶𝐶2), and CH4 conversion rate (𝐶𝐶𝐶𝐶𝐶𝐶4), which are calculated by:  

𝑌𝑌𝐶𝐶2 = 𝑆𝑆𝐶𝐶2 ∙ 𝐶𝐶𝐶𝐶𝐶𝐶4                        (1) 

𝑆𝑆𝐶𝐶2 =
[2×�𝐽𝐽𝐶𝐶2𝐻𝐻4,𝑜𝑜𝑜𝑜𝑜𝑜−𝐽𝐽𝐶𝐶2𝐻𝐻4,𝑖𝑖𝑖𝑖�+2×(𝐽𝐽𝐶𝐶2𝐻𝐻6,𝑜𝑜𝑜𝑜𝑜𝑜−𝐽𝐽𝐶𝐶2𝐻𝐻6,𝑖𝑖𝑖𝑖)]

𝐽𝐽𝐶𝐶𝐶𝐶4,𝑖𝑖𝑖𝑖−𝐽𝐽𝐶𝐶𝐶𝐶4,𝑜𝑜𝑜𝑜𝑜𝑜
                           (2) 

𝐶𝐶𝐶𝐶𝐶𝐶4 = 𝐽𝐽𝐶𝐶𝐶𝐶4,𝑖𝑖𝑖𝑖−𝐽𝐽𝐶𝐶𝐶𝐶4,𝑜𝑜𝑜𝑜𝑜𝑜

𝐽𝐽𝐶𝐶𝐶𝐶4,𝑖𝑖𝑖𝑖
                                                   (3) 
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IV. Model and Experiment Coupling  

Parameters of the CTM and the catalyst bed were tuned to fit each model separately with each set 

of experimental data. The 1D CTM model was fitted by experimental data from the button cell of 

our previous work [23]. Here, we extend the model from 1D [21] to 2D. Therefore, in Fig. 2a, we 

compare the CO2 fluxes calculated by both 1D and 2D models with experimental data and found 

good agreement among the three sets of data. So, we think the membrane parameters extracted 

from experimental button cell data can be used to simulate the performance of a pilot-scale 

membrane.   

Model and experiment coupling of the O2 OCM catalyst bed is done by optimization of the C2 

yield and CH4 conversion rate to fit their experimental data obtained from a micro-catalytic fixed-

bed reactor with La2O3/CaO catalyst as reported by Stansch [24, 25]; the results are shown in Fig. 

2b and 2c. With the obtained 10-step reaction kinetic parameters listed in Table 3, an actual micro-

catalytic reactor shown in Fig. 1 is simulated. Model and experiment coupling of reaction 11 with 

CaO/modified CeO2 catalyst for CO2 direct oxidation of CH4 is done with experimental data [22]; 

the results are shown in Fig. 2d.  

After the model and experiment coupling, a composite catalyst La2O3/CaO/modified CeO2 catalyst 

for both O2 OCM and CO2 OCM has been used in the model as the catalyst bed. It is then used to 

simulate the performance of a membrane reactor and a fixed-bed reactor with the same catalyst 

bed dimensions and operating conditions given in Table 4. The material properties in the table are 

obtained from the fitting process.  
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V. Results and Discussion 

In this section, we compare the simulated performance of a membrane reactor and a fixed-bed 

reactor with the same catalyst bed and operating conditions. The operating temperature is varied 

between 973K and 1103K.  The purpose of this study is to demonstrate the improved performance 

with the new membrane reactor over the state-of-the-art fixed-bed reactor.  

5.1 Fixed-Bed Reactor 

Figure 3 shows 2D axial symmetric molar fraction profiles of gas species in a co-fed fixed-bed 

reactor under 1103K. Note that the 2D domain will be rotated around its vertical orientation to 

form a cylinder in 3D. CH4 and CO2/O2 streams are co-flowing from the top inlet to the bottom 

outlet of the cylindrical catalyst bed. To ensure a fair comparison, CO2/O2 flowrates are the same 

as their equivalent flowrates permeated through the membrane in the membrane reactor. The wall 

of the container is under zero-flux boundary condition. It can be seen that CH4 and CO2/O2 have 

been continuously converted to CO, C2H6, C2H4, H2O and H2, as the stream move toward the outlet 

(bottom) of the tubular reactor.  

To show the gas species molar fraction profiles along the flow direction under different 

temperatures quantitatively, we plotted their profiles along the z-axis of the cylindrical catalyst 

bed, see Fig. 4. Since CH4 molar fraction is much higher than the rest of the species, it is not plotted 

here. CH4 conversion rate will be discussed in section 5.3.  The inlet corresponds to z=0mm and 

outlet is at z=400mm. The following trends are observed: 1) The molar fraction of C2H6 increases 

with temperature from 973K to 1023K, and then decreases sharply toward 1103K. 2) The produced 

molar fraction of C2H4 surpassed that for C2H6 at 1103K. 3) The molar fraction of H2O rises sharply 

first and then stays flat around 0.09 as temperature increases. 4) CO molar fraction is below 0.02 

for all three cases. 5) O2 molar fraction decreases fast with temperature and then becomes depleted 



8 
 

at 1103K. 6) CO2 molar fraction profiles are quite stable for the lower temperatures but started to 

decrease largely at 1103K. 

To understand the molar fraction profiles of all species and its relationship with the catalytic and 

bulk reactions in the fixed-bed reactor, the reaction rates of all 11 reactions listed in Table 1 are 

plotted along the z-axis of the reactor. There are 10 catalytic reactions (1-6, 8-11) with a unit of 

mol/kg/s, and 1 bulk reaction (7) with a unit of mol/m3/s. The catalytic reactions are plotted against 

the left y-axis in Fig. 5 and the bulk reaction is plotted against the right y axis.  Reaction 3 

(producing undesirable C1), and reaction2 2 and 11 (producing desirable C2) are the most 

significant reactions. Reaction 3 shows a decreasing trend along the z axis and decreases faster at 

higher temperatures. The bulk reaction 7 converts C2H6 to C2H4 and its reaction rate is enhanced 

by higher temperatures. Its profile in the z axis direction is correlated to the reactant C2H6 molar 

fraction.  Even though reactions 2 and 11 (C2 reaction) and reaction 7 (from C2H6 to C2H4) have 

been significantly enhanced at 1103K, reactions 5 (convert C2H6 to C2H4) and 6 (convert C2H4 to 

CO) have also been facilitated, which prevents further increase of C2 product in Fig. 4.  

5.2 Membrane Reactor 

Different from the fixed-bed reactor, in the membrane reactor, pure CH4 is fed at the inlet, while 

CO2/O2 is gradually added into the reactor through the CTM. The catalyst bed of the membrane 

reactor is the same as that for the fixed-bed reactor. The CH4 inflow velocity is the same as that 

for the fixed-bed reactor. The flux of CO2/O2 is determined by the in-situ CO2/O2 partial pressure 

gradients across the membrane and varies along the z-axis. Their overall flux is the same as that at 

the inlet of the fixed bed reactor. 

Figure 6 shows 2D axial symmetric gas species molar fraction profiles along the membrane reactor 

at 1103K, from which we can see that: 1) CO2 and O2 are gradually added into the reactor through 
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the wall of the membrane reactor. 2) CH4 is consumed in the bulk of the reactor and there is a 

significant variation along the radial direction since there are more abundant O2 and CO2 

permeated from the membrane at the inner surface. 3) Both C2 products (C2H6 and C2H4) are 

produced in the bulk of the reactor, and their molar fraction are slightly higher along the membrane 

inner surface. 4) Large amounts of H2O and H2 are also produced at the outlet of the reactor. 5) 

CO molar fraction is the lowest in the reactor. 

Figure 7 shows the molar fraction variations along the membrane inner surface in the z-axis 

direction. Compared to their counterparts’ plots for fixed-bed reactors, there are three major 

differences: 1) C2 (C2H4 and C2H6) molar fractions are higher for the membrane reactor, especially 

at higher temperature 1103K. 2) H2O product mole fraction is twice as high compared with that 

for the fixed-bed reactor. 3) CO2 molar fraction becomes dominant species in the product stream, 

indicating higher CH4 oxidation rate. As temperature increases, CO2 domination has been 

weakened by H2O. 

Figure 8 further confirms the enhanced reaction kinetics for more desirable reactions, such as 

reactions 2 and 11 (producing C2H6), and reaction 5 (producing C2H4), especially towards the 

outlet of the reactor. Therefore, elongating the reactor in the flow direction could further improve 

its performance by enhancing CO2/O2 OCM reaction. 

5.3 Performance Comparison 

To compare the overall performance of the two different OCM reactors, C2 yield and selectivity, 

as well as CH4 conversion rate from Eq. 1-3 are plotted against operating temperature in Fig. 9. 

One can see that 1) for the fixed bed reactor, C2 yield reaches the maximum of ~15% around 

1023K, whereas for the membrane reactor, it continues to increase as the temperature increases; 

2) C2 selectivity for the membrane reactor remains above 93% while that for the fixed-bed falls 
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under 91% at 1103K; 3) The CH4 conversion rate for the membrane reactor is more than twice that 

of the fixed-bed reactor at 1103K. At the same time, a significant amount of CO2 has been captured 

in the membrane reactor from the flue gas.  

In Fig. 10a, CO2/O2 flux along the membrane inner surface in the z-axis direction is plotted. It 

increases with temperature but decreases exponentially along the z-axis from the inlet to the outlet 

at a given temperature. At the inlet, large amount of CO2/O2 is needed to convert CH4 to C2 

products; as the stream approaches the outlet, CO2/O2 concentration in the membrane reactor 

increases, which reduces the driving force for the chemical potential driven diffusion process and 

leads to reduced CO2/O2 flux. In Fig. 10b, CH4 molar fraction is plotted against the z-axis. It 

decreases along the z-axis from the inlet to the outlet. The CH4 molar fraction decreases more 

abruptly along the z axis in the membrane reactor than that in the fixed-bed reactor, which is 

consistent with the CH4 conversion rate shown in Fig. 9c.  

 
The comparison results in Fig.9 and Fig. 10 indicate that the membrane reactor shows improved 

performance under higher temperatures in terms of C2 yield/selectivity and CH4 conversion rate. 

However, in practical operation a lower operating temperature is preferred to maintain a longer 

lifetime of the reactor. An alternative solution to improve the reactor performance at lower 

temperatures is to lengthen the reactors. The fixed-bed reactor has a well-known limitation in C2 

yield. As shown in Fig. 11, C2 yield is plateaued at 20% with a reactor length higher than 1.4 m. 

But for the membrane reactor, as the length increases, C2 yield linearly increases and could reach 

as high as 32% with a reactor length of 2 m. Therefore, it is economically beneficial to run a longer 

membrane reactor for combined CO2 capture and OCM under lower temperatures.  

5.4 Coking resistance 
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Coke formation during OCM reaction is thermodynamically and kinetically favorable, particularly 

under controlled oxygen conditions to avoid over-oxidation, leading to loss of catalyst’s activity 

via pore blockage, collapse of the catalyst support, or physical blockage of the tube in the fixed-

bed reactor [30]. Coking is a major challenge for OCM to be commercially viable. The coking 

possibility of OCM in fixed-bed and membrane reactors is assessed by analyzing thermodynamic 

equilibrium with the gas composition calculated at the outlet of the reactors from the Comsol 

models under different temperatures. The results are shown in Fig. 12. Coking selectivity is defined 

as the moles of carbon produced divided by the moles of CH4 consumed. From the figure, we find 

that: 1) For the fixed bed reactor, coking selectivity decreases by more than 50% as temperature 

increases from 970K to 1120K, which is caused by fast reaction kinetics and abundance of 

CO2/H2O in the gas stream. 2) For the membrane reactor, a similar trend is observed but coking 

selectivity is slightly higher under low temperatures and much lower under high temperatures. 

Such improved coking resistance is due to the superior CH4 conversion rate of the membrane 

reactor under high temperatures. Therefore, we conclude that a higher operating temperature is 

beneficial to suppress coke formation. Along the gas flow direction, more oxidizers such as CO2 

and O2 will be continually added into the reactor through the membrane, which will reduce coking. 

5.5 Direct CO2 oxidative coupling of methane 

For the results presented in sections 5.1-5.3, direct oxidation of methane by CO2 (reaction 11) has 

been included. Compared to O2-OCM (reaction 2), CO2-OCM is more challenging given the nature 

of the stable CO2 molecule. However, using CO2 as an oxidizer for OCM has implications to 

mitigating CO2 emissions. In recent years, explorative studies on direct CO2-OCM have been 

reported [30, 31], but with very low C2 yields (3 - 6% depending on CO2 partial pressure in the 

gas mixture). In this study, we use the experimental data produced from CaO-modified CeO2 
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catalyst [32] to obtain the reaction kinetics parameter for reaction 11 in Table 3 and then 

incorporate the reaction into the models for fixed-bed reactor and membrane reactor. Referring to 

the C2 yield for OCM with O2 in Figure 11, Figure 13 shows that the maximum C2 yield increase 

vs. temperature of direct CH4 oxidation by CO2, which is similar for fixed-bed and membrane 

reactors, 2.5% for the fixed-bed reactor vs. 2% for the membrane reactor at the highest temperature 

1120K and a reactor length of 0.4 m. For longer reactors, there will be more residence time for 

CO2 to react with CH4. However, it is evident that CO2-OCM contribution is marginal compared 

to O2-OCM, regardless of the type of reactor. New catalysts would be needed to boost CO2-OCM. 

As of now, the ability to capture CO2 and incremental addition of O2 into CH4 stream for OCM 

are the major advantages for the membrane reactors. 

VI. Conclusion 

In summary, we have developed a membrane reactor model to simulate the performance of a 

combined CO2 capture and CH4 oxidative coupling reaction. The model parameters are obtained 

by validating experimental data of C2 yield and CH4 conversion rate from a microcatalytic fixed-

bed reactors, as well as CO2 flux in a lab-scale membrane. The results show that the membrane 

reactor has the following advantages over its counterpart fixed-bed reactor design. 1) The 

membrane reactor can overcome C2 yield limitation faced by the fixed bed reactor under higher 

operating temperatures or longer reactor length and achieve over 30% C2 yield. 2) CO2 molar 

fraction becomes dominant in the membrane reactor product stream, indicating a higher CH4 

conversion rate. 3) Longer membrane reactor shows better coking resistance compared to its fixed-

bed counterpart design. 4) Direct oxidation of CH4 by CO2 could only improve the C2 yield in the 

membrane reactor by 2%, suggesting that OCM is mainly carried out by O2. We show that the 

membrane reactor with high intrinsic CO2 flux can become an efficient bifunctional device for 
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simultaneous CO2 capture and CH4-to-C2H4 conversion through OCM reaction. Further 

technoeconomic analysis will be conducted to assess the commercialization potential of the 

technology in the future. 
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NOMENCLATURE 

Symbols Unit Physical Meaning 

c mol/m3 Molar fraction 

D m2/s Diffusion coefficient 

Ea J/mol Activation energy in the reaction step j 

F  Faraday’s constant 

ΔH J/mol Enthalpy 

J A/cm2 Current 

k  Pre-exponential factor 

K Pa-1 Adsorption constant 

m, n  Reaction order 

N mol/m2/s Molar Flux 

P Pa Partial pressure 

R J/(mol∙K) Gas constant 

T K Temperature 

Z  Charge 

Greek Symbols   

ε  Volume fraction of molten carbonate 

σ S/m Conductivity 

Φ V Electric potential 

μ J/mol Chemical potential 

τ  Tortuosity 

Subscripts and superscripts   

ad  adsorption 

C  Carbonate ion 

D  Cation defect 

e  Electron in metal phase 

n  Electron in solid oxide phase 

MC  Molten carbonate phase 

LNO  LiNiO2 phase 

V  Oxide vacancy 
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Table 1 Reactions and Kinetic Rates [21] 

 

  

Index Reaction Reaction Kinetics 

1 CH4 + 2O2 →CO2 + 2H2O 𝑟𝑟1 =
�𝑘𝑘01∙𝑒𝑒

−𝐸𝐸𝑎𝑎𝑅𝑅𝑅𝑅�∙𝑃𝑃𝐶𝐶𝐶𝐶4
𝑚𝑚1 ∙𝑃𝑃𝑂𝑂2

𝑛𝑛1−𝑘𝑘𝑏𝑏𝑣𝑣𝑒𝑒
−𝐸𝐸𝑎𝑎𝑅𝑅𝑅𝑅∙𝑃𝑃𝐶𝐶𝐶𝐶2

𝑚𝑚1 ∙𝑃𝑃𝐻𝐻2𝑂𝑂
𝑛𝑛1

(1+𝐾𝐾1,𝐶𝐶𝑂𝑂2∙𝑒𝑒
−
𝛥𝛥𝐻𝐻𝑎𝑎𝑎𝑎,𝐶𝐶𝐶𝐶2,1

𝑅𝑅𝑅𝑅 ∙𝑃𝑃𝐶𝐶𝑂𝑂2)2
     

2 2CH4 + 0.5O2 → C2H6 + H2O 𝑟𝑟2 = 𝑘𝑘02∙𝑒𝑒
−𝐸𝐸𝑎𝑎𝑅𝑅𝑅𝑅∙(𝐾𝐾0𝑂𝑂2∙𝑒𝑒

−
𝛥𝛥𝐻𝐻𝑎𝑎𝑎𝑎𝑂𝑂2

𝑅𝑅𝑅𝑅 𝑃𝑃𝑂𝑂2)𝑛𝑛2𝑃𝑃𝐶𝐶𝐶𝐶4

[1+�𝐾𝐾0,𝑂𝑂2∙𝑒𝑒
−
𝛥𝛥𝐻𝐻𝑎𝑎𝑎𝑎,𝑂𝑂2

𝑅𝑅𝑅𝑅 ∙𝑃𝑃𝑂𝑂2�
𝑛𝑛

+𝐾𝐾2,𝐶𝐶𝐶𝐶2∙𝑒𝑒
−
𝛥𝛥𝐻𝐻𝑎𝑎𝑎𝑎,𝑂𝑂2

𝑅𝑅𝑅𝑅 𝑃𝑃𝑂𝑂2]2
   

3 CH4 + O2 → CO + H2O + H2 𝑟𝑟3 =
�𝑘𝑘03∙𝑒𝑒

−𝐸𝐸𝑎𝑎𝑅𝑅𝑅𝑅�∙𝑃𝑃𝐶𝐶𝐶𝐶4
𝑚𝑚3 ∙𝑃𝑃𝑂𝑂2

𝑛𝑛3−𝑘𝑘𝑏𝑏∙𝑒𝑒
−𝐸𝐸𝑎𝑎𝑅𝑅𝑅𝑅∙𝑃𝑃𝐶𝐶𝐶𝐶2

𝑚𝑚3 ∙𝑃𝑃𝐻𝐻2𝑂𝑂
𝑛𝑛3

(1+𝐾𝐾3,𝐶𝐶𝑂𝑂2∙𝑒𝑒
−
𝛥𝛥𝐻𝐻𝑎𝑎𝑎𝑎,𝐶𝐶𝐶𝐶2,3

𝑅𝑅𝑅𝑅 ∙𝑃𝑃𝐶𝐶𝑂𝑂2)2
  

4 CO + 0.5O2 → CO2 𝑟𝑟4 =
�𝑘𝑘04∙𝑒𝑒

−𝐸𝐸𝑎𝑎𝑅𝑅𝑅𝑅�∙𝑃𝑃𝐶𝐶𝐶𝐶4
𝑚𝑚4 ∙𝑃𝑃𝑂𝑂2

𝑛𝑛4−𝑘𝑘𝑏𝑏∙𝑒𝑒
−𝐸𝐸𝑎𝑎𝑅𝑅𝑅𝑅∙𝑃𝑃𝐶𝐶𝐶𝐶2

𝑚𝑚4 ∙𝑃𝑃𝐻𝐻2𝑂𝑂
𝑛𝑛4

(1+𝐾𝐾4,𝐶𝐶𝑂𝑂2∙𝑒𝑒
−
𝛥𝛥𝐻𝐻𝑎𝑎𝑎𝑎,𝐶𝐶𝐶𝐶2,4

𝑅𝑅𝑅𝑅 ∙𝑃𝑃𝐶𝐶𝑂𝑂2)2
   

5 C2H6 + 0.5O2 →C2H4 + H2O 𝑟𝑟5 =
�𝑘𝑘05∙𝑒𝑒

−𝐸𝐸𝑎𝑎𝑅𝑅𝑅𝑅�∙𝑃𝑃𝐶𝐶𝐶𝐶4
𝑚𝑚5 ∙𝑃𝑃𝑂𝑂2

𝑛𝑛5−𝑘𝑘𝑏𝑏∙𝑒𝑒
−𝐸𝐸𝑎𝑎𝑅𝑅𝑅𝑅∙𝑃𝑃𝐶𝐶𝐶𝐶2

𝑚𝑚5 ∙𝑃𝑃𝐻𝐻2𝑂𝑂
𝑛𝑛5

(1+𝐾𝐾5,𝐶𝐶𝑂𝑂2∙𝑒𝑒
−
𝛥𝛥𝐻𝐻𝑎𝑎𝑎𝑎,𝐶𝐶𝐶𝐶2,5

𝑅𝑅𝑅𝑅 ∙𝑃𝑃𝐶𝐶𝑂𝑂2)2
  

6 C2H4 + 2O2 →2CO + 2H2O 𝑟𝑟6 =
�𝑘𝑘06∙𝑒𝑒

−𝐸𝐸𝑎𝑎𝑅𝑅𝑅𝑅�∙𝑃𝑃𝐶𝐶𝐶𝐶4
𝑚𝑚6 ∙𝑃𝑃𝑂𝑂2

𝑛𝑛6−𝑘𝑘𝑏𝑏∙𝑒𝑒
−𝐸𝐸𝑎𝑎𝑅𝑅𝑅𝑅∙𝑃𝑃𝐶𝐶𝐶𝐶2

𝑚𝑚6 ∙𝑃𝑃𝐻𝐻2𝑂𝑂
𝑛𝑛6

(1+𝐾𝐾6,𝐶𝐶𝑂𝑂2∙𝑒𝑒
−
𝛥𝛥𝐻𝐻𝑎𝑎𝑎𝑎,𝐶𝐶𝐶𝐶2,6

𝑅𝑅𝑅𝑅 ∙𝑃𝑃𝐶𝐶𝑂𝑂2)2
  

7 C2H6 →C2H4 + H2 𝑟𝑟7 = 𝑘𝑘07 ∙ 𝑒𝑒
−𝐸𝐸𝑎𝑎7𝑅𝑅𝑅𝑅 𝑃𝑃𝐶𝐶2𝐻𝐻6  

8 C2H4 + 2H2O→2CO + 4H2 𝑟𝑟8 = 𝑘𝑘08 ∙ 𝑒𝑒
−𝐸𝐸𝑎𝑎8𝑅𝑅𝑅𝑅 𝑃𝑃𝐶𝐶2𝐻𝐻4

𝑚𝑚8 ∙ 𝑃𝑃𝐻𝐻2𝑂𝑂
𝑛𝑛8   

9 CO + H2O→CO2 + H2 𝑟𝑟9 = 𝑘𝑘09 ∙ 𝑒𝑒
−𝐸𝐸𝑎𝑎9𝑅𝑅𝑅𝑅 𝑃𝑃𝐶𝐶𝐶𝐶

𝑚𝑚9𝑃𝑃𝐻𝐻2𝑂𝑂
𝑛𝑛9   

10 CO2 + H2 → CO + H2O 𝑟𝑟10 = 𝑘𝑘10 ∙ 𝑒𝑒
−𝐸𝐸𝑎𝑎10𝑅𝑅𝑅𝑅 𝑃𝑃𝐶𝐶𝐶𝐶2

𝑚𝑚10𝑃𝑃𝐻𝐻2
𝑛𝑛10  

11 2CH4 + CO2 → C2H6 + 
H2O+CO 

𝑟𝑟11 = 𝑘𝑘11 ∙ 𝑒𝑒
−𝐸𝐸𝑎𝑎11𝑅𝑅𝑅𝑅 𝑃𝑃𝐶𝐶𝐶𝐶4

𝑚𝑚11𝑃𝑃𝐶𝐶𝐶𝐶2
𝑛𝑛11 
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Table 2 Governing equations and boundary conditions (B. C.) for different domains 

Physics Governing Eq. B.C. @ Feed Side  
(Outer surface) 

B.C. @ Sweep Side  
(Inner surface) 

Membrane  

Oxygen 
vacancy 
conservation in 
SO phase 

∇ ∙ 𝐽𝐽𝑉𝑉 = − (1−𝜀𝜀)
𝜏𝜏𝑆𝑆𝑆𝑆

�𝑍𝑍𝑉𝑉𝐹𝐹𝐷𝐷𝑉𝑉∇2𝐶𝐶𝑉𝑉 +
𝑍𝑍𝑉𝑉2𝐹𝐹2𝐷𝐷𝑉𝑉𝐶𝐶𝑉𝑉

𝑅𝑅𝑅𝑅
∇2∅𝑆𝑆𝑆𝑆� = 0  

∅𝑆𝑆𝑆𝑆,0 =
𝑅𝑅𝑅𝑅�ln

𝑃𝑃𝐶𝐶𝑂𝑂2,0
𝑃𝑃0

𝐶𝐶0

𝐶𝐶𝑉𝑉
�−𝛽𝛽

𝐹𝐹𝑍𝑍𝑉𝑉
  

𝐽𝐽𝑉𝑉 + 𝐽𝐽𝑛𝑛 + 𝐽𝐽𝐶𝐶 + 𝐽𝐽𝑛𝑛,𝐿𝐿𝐿𝐿𝐿𝐿 = 0  

Molten 
carbonate ion 
conservation in 
MC phase 

∇ ∙ 𝐽𝐽𝐶𝐶 = − 𝜀𝜀
𝜏𝜏𝑀𝑀𝑀𝑀

𝜎𝜎𝐶𝐶∇2∅𝑀𝑀𝑀𝑀 = 0  ∅𝑀𝑀𝑀𝑀(𝑥𝑥 = 0) = 0  
∅𝑀𝑀𝑀𝑀,𝐿𝐿 =

𝑅𝑅𝑅𝑅�ln
𝑃𝑃𝐶𝐶𝐶𝐶2,𝐿𝐿
𝑃𝑃0

𝐶𝐶0

𝐶𝐶𝑉𝑉
�−𝛽𝛽

𝐹𝐹𝑍𝑍𝐶𝐶
− 𝑍𝑍𝑉𝑉∅𝑆𝑆𝑆𝑆,𝐿𝐿

𝑍𝑍𝐶𝐶
  

Electron/hole 
conservation in 
SO phase 

∇ ∙ 𝐽𝐽𝑛𝑛 = − (1−𝜀𝜀)
𝜏𝜏𝑆𝑆𝑆𝑆

�𝑍𝑍𝑛𝑛𝐹𝐹𝐷𝐷𝑛𝑛∇2𝐶𝐶𝑛𝑛 +
𝑍𝑍𝑛𝑛2𝐹𝐹2𝐷𝐷𝑛𝑛𝐶𝐶𝑛𝑛

𝑅𝑅𝑅𝑅
∇2∅𝑆𝑆𝑆𝑆� = 0  

𝐶𝐶𝑛𝑛(0) = 𝐾𝐾𝑇𝑇
1/2𝐶𝐶𝑣𝑣

1/2𝑃𝑃𝑂𝑂2,0
1/2  

𝑍𝑍𝑉𝑉𝐶𝐶𝑉𝑉 + 𝑍𝑍𝑛𝑛𝐶𝐶𝑛𝑛 + 𝑍𝑍𝐷𝐷𝐶𝐶𝐷𝐷 = 0  
𝐶𝐶𝑛𝑛(𝐿𝐿) = 𝐾𝐾𝑇𝑇

1/2𝐶𝐶𝑣𝑣
1/2𝑃𝑃𝑂𝑂2,𝐿𝐿

1/2  
𝑍𝑍𝑉𝑉𝐶𝐶𝑉𝑉 + 𝑍𝑍𝑛𝑛𝐶𝐶𝑛𝑛 + 𝑍𝑍𝐷𝐷𝐶𝐶𝐷𝐷 = 0  

Electron 
conservation in 
metal phase 

∇ ∙ 𝐽𝐽𝑒𝑒,𝐿𝐿𝐿𝐿𝐿𝐿 =
−𝑉𝑉𝐿𝐿𝐿𝐿𝐿𝐿�𝜎𝜎𝑒𝑒,𝐿𝐿𝐿𝐿𝐿𝐿∇2∅𝐿𝐿𝐿𝐿𝐿𝐿� = 0    

∅𝐿𝐿𝐿𝐿𝐿𝐿,0 = 𝜒𝜒
2𝑍𝑍𝑒𝑒𝐹𝐹

−
𝑅𝑅𝑅𝑅
2𝑍𝑍𝑒𝑒𝐹𝐹

ln 𝑃𝑃𝐶𝐶𝐶𝐶2,0

𝑃𝑃0
(𝑃𝑃𝑂𝑂2,0

𝑃𝑃0
)0.5  

∅𝐿𝐿𝐿𝐿𝐿𝐿,𝐿𝐿 = 𝜒𝜒
2𝑍𝑍𝑒𝑒𝐹𝐹

−
𝑅𝑅𝑅𝑅
2𝑍𝑍𝑒𝑒𝐹𝐹

ln 𝑃𝑃𝐶𝐶𝐶𝐶2,𝐿𝐿

𝑃𝑃0
�𝑃𝑃𝑂𝑂2,𝐿𝐿

𝑃𝑃0
�
0.5

+ 𝑍𝑍𝐶𝐶
2𝑍𝑍𝑒𝑒

∅𝑀𝑀𝑀𝑀,𝐿𝐿  

Catalyst Bed 

Transport of 
diluted species 
in porous 
media 

 ∇ ∙ 𝑁𝑁𝑖𝑖 + 𝐮𝐮 ∙ ∇𝑐𝑐𝑖𝑖 = 𝑅𝑅𝑖𝑖 
𝑁𝑁𝑖𝑖 = −𝐷𝐷𝑖𝑖∇𝐶𝐶𝑖𝑖 

Inflow (Left inlet): 
 
𝑐𝑐𝑖𝑖 = 𝑐𝑐0,𝑖𝑖  
 

Outflow (Right outlet): 
 
𝐧𝐧 ∙ 𝐷𝐷𝑖𝑖∇𝑐𝑐𝑖𝑖 = 0 
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Table 3 Kinetic Parameters for Catalytic and Bulk Reactions [21] 

Index k0j 
mol-1×g-1×s-1×Pa-(m+n) Ea,j Kj,CO2 ΔHad,CO2,kJ/mol KO2,Pa-1 ΔHad,O2 mj nj 

1 0.2×10-5 48 0.25×10-12 -175 ― ― 0.24 0.76 
2 23.2 182 0.83×10-13 -186 0.23×10-11 -124 1 0.4 
3 0.52×10-6 68 0.36×10-13 -187 ― ― 0.57 0.85 
4 0.11×10-3 104 0.4×10-12 -168 ― ― 1 0.55 
5 0.17 157 0.45×10-12 -166 ― ― 0.95 0.37 
6 0.06 166 0.16×10-12 -211 ― ― 1 0.96 
7 1.2×107 226 ― ― ― ― ― ― 
8 9.3×103 300 ― ― ― ― 0.97 0 
9 0.19×10-3 173 ― ― ― ― 1.0 1.0 

10 0.26×10-1 220 ― ― ― ― 1.0 1.0 
11 1.8×10-7 140     2 0.5 
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Table 4 Parameters and Operating Conditions for Both Fixed-Bed and Membrane Reactors 

Parameter Value Reference 

Common Parameters for Both Reactors 

Reactor length 0.4 [m] 

[25] 
Reactor diameter 0.018 [m] 
Operating temperature 973-1103 [K] 
Sweep gas composition 99.3% CH4 
CH4 stream velocity 0.39 [m/s] 
CO2 diffusivity 1.39×10-4[m2/s] 

[26] 

CO diffusivity 1.45×10-4[m2/s] 
O2 diffusivity 1.52×10-4[m2/s] 
CH4 diffusivity 1.57×10-4[m2/s] 
C2H6 diffusivity 1.31×10-4[m2/s] 
C2H4 diffusivity 1.37×10-4[m2/s] 
H2O diffusivity 1.95×10-4[m2/s] 
H2 diffusivity 6.20×10-4[m2/s] 
Membrane Reactor Specific Parameters 
Membrane thickness 0.2 [mm] [5] 
Feed gas composition 15% CO2: 10% O2:75% N2 [5] 
Sweep gas composition 99.3% CH4 ― 

LNO conductivity 463.9ln 5.8456
T

σ = −  [S/m] [5] 

Molten Carbonate conductivity 3 6 24.6866 8.533 10 1.325 10T Tσ − −= − + ⋅ ⋅ − ⋅ ⋅  [27] 

SDC20 ionic conductivity 

2 2
2i i i

i i i i

Z F D C
Z F C

RT
σ µ= =  

( )

( )

10 ,10

10 ,20

1000log 2.4656 3.40416

1000log 2.36515 3.56931

i

i

T
T

T
T

µ

µ

= − ⋅

= − ⋅

 
[28, 29] 

SDC20 electronic conductivity 
( )

( )

10 ,10

10 ,20

1000log 4.1943 4.30072

1000log 2.63204 2.6264

e

e

T
T

T
T

µ

µ

= − ⋅

= − ⋅

 
[28, 29] 

Tortuosity of the solid oxide phase 2.5 [23] 
Tortuosity of the molten carbonate 
phase 

11234.4ln 9.2167MC T
τ = − +  [23] 

Tortuosity of the LNO phase 0.5768 0.0055LNO Tτ = + ⋅  [23] 
Volume fraction of molten carbonate 0.5 [23] 
Volume fraction of LNO phase 0.01 [23] 
Fixed-Bed Reactor Specific Parameters 
Inlet gas composition 8.7%CO2, 4.3%O2, 87% CH4 [25] 
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Figure Captions 

Figure 1 Schematic Illustration of (a) Membrane reactor; (b) Co-fed fixed bed reactor.  (c) 

charge species transport and surface reactions in the membrane reactor. (d) Reaction pathway 

diagram. (Numbers correspond to reaction indexes given in Table 1). 2D axial symmetric 

computational domain of (e) Membrane reactor; (f) Co-fed fixed bed reactor.  

Figure 2 (a) CO2 flux of the membrane. O2 OCM for the fixed catalyst bed: (b) C2 yield; (c) 

CH4 conversion rate, blue curve is from [25]. (d) CO2 OCM for the fixed catalyst bed, 

experimental data is from [22]. 

Figure 3 2D axial symmetric gas species molar fraction profiles in the fixed-bed reactor under 

1103K. (Gas is flowing from the top inlet to the bottom outlet.) 

Figure 4 Molar fractions of gas species in the co-fed fixed-bed reactor along the z axis under (a) 

973K; (b) 1023K; (c) 1103K. 

Figure 5 Reaction rates in the fixed-bed reactor along the z axis under(a) 973K; (b) 1023K;(c) 

1103K 

Figure 6 2D axial symmetric gas species molar fraction profiles in the membrane reactor under 

1103K. (Gas is flowing from the top inlet to the bottom outlet.) 

Figure 7 Molar fractions of gas species in the membrane reactor along the z axis under (a) 973K; 

(b) 1023K; (c) 1103K. 

Figure 8 Reaction rates in the membrane reactor along the z axis under(a) 973K; (b) 1023K; (c) 

1103K 

Figure 9 Performance comparison between membrane and fixed-bed reactors: (a) C2 yield; (b) 

C2 selectivity; (c) CH4 conversion rate. 

Figure 10 (a) CO2 flux along the gas/membrane interface in the membrane reactor; (b) CH4 

molar fraction comparison between membrane and fixed-bed reactors. 
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Figure 11 C2 Yield as a function of reactor length. 

Figure 12 Coking Selectivity as a function of operating temperature. 

Figure 13 C2 yield increase for membrane reactor and fixed-bed reactor considering the OCM 

by CO2. 
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Figure 1 Schematic Illustration of (a) Membrane reactor; (b) Co-fed fixed bed reactor.  (c) 
charge species transport and surface reactions in the membrane reactor. (d) Reaction pathway 
diagram. (Numbers correspond to reaction indexes given in Table 1). 2D axial symmetric 
computational domain of (e) Membrane reactor; (f) Co-fed fixed bed reactor.  

(a) (c) (e) 

(b) (d) (f) 
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Figure 2 (a) CO2 flux of the membrane. O2 OCM for the fixed catalyst bed: (b) C2 yield; (c) CH4 

conversion rate, blue curve is from [25]. (d) CO2 OCM for the fixed catalyst bed, experimental data is 
from [22]. 
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Figure 3 2D axial symmetric gas species molar fraction profiles in the fixed-bed reactor under 1103K. 

(Gas is flowing from the top inlet to the bottom outlet.) 
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Figure 4 Molar fractions of gas species in the co-fed fixed-bed reactor along the z axis under (a) 

973K; (b) 1023K; (c) 1103K. 
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Figure 5 Reaction rates in the fixed-bed reactor along the z axis under(a) 973K; (b) 1023K;(c) 
1103K 
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Figure 6 2D axial symmetric gas species molar fraction profiles in the membrane reactor under 

1103K. (Gas is flowing from the top inlet to the bottom outlet.) 
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Figure 7 Molar fractions of gas species in the membrane reactor along the z axis under (a) 973K; (b) 

1023K; (c) 1103K. 
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Figure 8 Reaction rates in the membrane reactor along the z axis under(a) 973K; (b) 1023K; (c) 

1103K 
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Figure 9 Performance comparison between membrane and fixed-bed reactors: (a) C2 yield; (b) 

C2 selectivity; (c) CH4 conversion rate. 
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Figure 10 (a) CO2 flux along the gas/membrane interface in the membrane reactor; (b) CH4 
molar fraction comparison between membrane and fixed-bed reactors. 
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Figure 11 C2 Yield as a function of reactor length. 
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Figure 12 Coking Selectivity as a function of operating temperature. 
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Figure 13 C2 yield increase for membrane reactor and fixed-bed reactor considering the OCM 

by CO2. 
 

 


