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Abstract

Chemical Looping Combustion (CLC) is a technology that efficiently combines power generation and CO, capture. In
CLC, the fuel is oxidized by a metal oxide called an oxygen carrier (OC). CLC uses two reactors: a fuel reactor and an air
reactor. The fuel reactor oxidizes the fuel and reduces the OC. The air reactor oxidizes the OC using air and then the
OC is cycled back to the fuel reactor. It is typical for both the fuel and the air reactors to be fluidized beds (FBs). In this
research, an Aspen Plus model was developed to simulate a CLC system. Aspen Plus has recently included a built-in FB
unit operation module. To our knowledge, no literature has been reported using this FB module for simulating fluidized
bed combustion or gasification. This FB unit process was investigated in Aspen Plus and a kinetic based model was used
and compared the simulation results to experimental data and the commonly used Gibbs equilibrium model. The FB
unit and the kinetic model well fit the experimental data for syngas and methane combustion within 2% of the molar
composition of syngas combustion and within 4% for the methane combustion. An advantage of this model over other
kinetic models in literature is that the core shrinking model kinetic rate equations have been converted into a power
law form. This allows Aspen Plus to use a calculator instead of an external Fortran compiler. This greatly simplifies the
modeling process. The reaction rate equations are given for all reactions. A sensitivity analysis of the reaction kinetics
was conducted. All data, code, and simulation files are given.
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A/n [m?] Distributor area per number of orifices [44] A,/ny=0.5 cm?
Apg [m?] Air reactor cross sectional area

Agg [m?] Fuel reactor cross sectional area

AFR Mass air-fuel ratio (MAFR)

AFR,, Stoichiometric mass air—fuel ratio (MAFR,,)

CO/H, Carbon-to-hydrogen ratio

Dpg [M] Air reactor inner diameter
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d, [m] Diameter of orifices
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Solid particle diameter Dy,

Solid particle standard deviation
Riser diameter

Inlet molar flowrate of fuel in FR
Molar flowrate of metal oxide
Solid mass flowrate (3-14 kg/h)
Air reactor height

Fuel reactor height

Riser height

Air reactor bed height

Fuel reactor bed height

Liter of gasat NTP 0 °Cand 1 atm
Ni molar mass

NiO molar mass

NiO mass flowrate

Molar air-fuel ratio (NAFR)
Stoichiometric molar air-fuel ratio (NAFR,,)
Molar flowrate of air

Number of orifices in distributor
Molar flowrate of CO

Molar flowrate of CO,

Number of orifices in distributor
Molar flowrate of fuel

Molar flowrate of H,

Molar flowrate of H,0

Molar flowrate of loop seal
Molar flowrate of N,

NiO molar flowrate

NiO molar flowrate

NiO mass fraction of particle
Normal pressure

Gas flow in the air reactor

Gas flow in the fuel reactor

Gas flow in the loop seal
Universal gas constant

Normal temperature

Average temperature in air reactor
Average temperature in fuel reactor
Volume of bed in fuel reactor
Volume of bed in fuel reactor
Molar volume

Volumetric percent of CH,
Volumetric percent of CO
Volumetric percent of CO,
Volumetric percent of H,
Volumetric percent of H,0
Volumetric percent of N,

Fuel reactor solid loading

Fuel reactor solid loading
Air-fuel equivalence ratio

Bulk density of solid OC

Bulk density of solid OC

Molar density
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Abbreviations
CLC
CLG
0oC

FB
GHG
MEA
CSTR
PFR
CLBG
CLG
BET
FR

AR

LS

BB

ER
AFER
AFR
NOR
OCFER
OCFR
SCM
Me
NTP
PSD
ST
MNC
HNC
CNC
NO
MNPOX
WGS
RWGS
SMR
RSMR
MCO
MCO2
DMR
RDMR
MD
RMD
™M
SG
WG
CG
RCG

Mass oxygen carrier-to-fuel ratio (MOCFR)

Oxygen carrier-to-fuel equivalence ratio (OCFER)

Molar oxygen carrier-to-fuel ratio (NOCFR) @y =Fpyeo/Fruel
Stoichiometric molar oxygen carrier-to-fuel ratio (NOCFR,,)
Stoichiometric mass oxygen carrier-to-fuel ratio (MOCFRy,)

Chemical looping combustion

Chemical looping gasification

Oxygen carrier

Fluidized bed

Greenhouse gas

Monoethanolamine (used in CO, scrubbing)
Continuously stirred tank reactor

Plug flow reactor

Chemical looping biomass gasification
Chemical looping gasification

Brunauer, Emmett and Teller theory used to get specific surface area (m?/qg)

Fuel reactor

Air reactor

Loop seal

Bubbling bed

Equivalence ratio

Air-fuel equivalence ratio A

Air-fuel ratio

N,/O, ratio

Oxygen carrier-to-fuel equivalence ratio
Oxygen carrier-to-fuel ratio

Shrinking core model

Transition metal used as the oxygen carrier
Normal temperature and pressure (0 °Cand 1 atm)
Particle size distribution

Stoichiometric

Methane Nickel-oxide Combustion

Hydrogen Nickel-oxide Combustion

CO Nickel-oxide Combustion

Nickel Oxidation

Methane Nickel-oxide Partial Oxidation

Water Gas Shift Reaction

Reverse Water Gas Shift Reaction

Steam Methane Reforming

Reverse Steam Methane Reforming
Methanation with Carbon Monoxide =RSMR
Methanation with Carbon Dioxide

Dry Methane Reforming

Reverse Dry Methane Reforming

Methane Decomposition

Reverse Methane Decomposition

Char Methanation=RMD

Steam Gasification Reaction =Water-Gas Reaction
Water-Gas Reaction = Steam Gasification Reaction
CO2 Gasification =Reverse Boudouard Reaction
Reverse CO2 Gasification
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BR Boudouard Reaction
RBR Reverse Boudouard Reaction =CO2 Gasification

1 Introduction

The world has an ever-increasing need for clean energy to help reduce global warming driven by human generated
greenhouse gas (GHG) emissions. Carbon dioxide (CO,) accounts for about 80% of anthropogenic GHG emissions and
methane accounts for approximately 10% [1, 2]. Further, more than 40% of all anthropogenic CO, emissions is produced
by coal fired power plants [3].

Three main categories of carbon capture systems are: post-combustion capture, pre-combustion capture, and oxy-
fuel combustion (also called oxy-combustion). Post-combustion capture removes the CO, from combustion flue gases
after combustion using air, but these separation units often involve a large parasitic energy expense for fossil fuel power
plants [4]. The most common method of post-combustion CO, separation uses monoethanolamine (MEA) scrubbing.
The flue gas is cooled and enters an absorber where amine is used as a solvent to remove CO, from the flue gas stream.
The amine solvent is then regenerated in a stripper unit where the temperature is higher than the absorber unit. CO,
can then be recovered at lower pressure. MEA and other solvent scrubbers have many drawbacks, such as corrosion
and energy intensive solvent regeneration [5-7]. Also the presence of other flue gas contaminants such as SO, and NO,
negatively impact the solvent based scrubbers’ performance. There are also CO, scrubbers specific to syngas. Materials
such as zeolites, alumina molecular sieves, and activated carbon are used to adsorb CO, in the production of hydrogen
from syngas and in natural gas "sweetening." But again, the regeneration of the adsorbent is often energy intensive [4].
Membranes can also be used to separate gases of different sizes, however, this has been difficult to scale and has high
capital cost [7].

Chemical Looping Combustion (CLC) would be considered an oxy-combustion carbon capture technology in the pre-
vious three categories. It involves an intrinsic oxygen separation and is therefore a more efficient alternative for carbon
capture [8-12]. CLC can operate with many different fuel types, including coal, biomass, and natural gas. Most exciting
environmentally is that CLC and chemical looping gasification (CLG) can be carbon-negative [13, 14].

The CLC process usually uses a transition metal oxide as an oxygen carrier (OC) to transport oxygen from the air reac-
tor (AR) to the fuel reactor (FR). The OC s circulated between the AR and the FR.The FR oxidizes the fuel and reduces the
OC.The AR oxidizes the OC using air and then the OC is cycled back to the FR. This is illustrated in Fig. 1. In this way, the
fuel does not need to be in contact with air, and the resulting combustion gases are free of nitrogen.

A generalized version of the reaction for a hydrocarbon fuel in the FR can be written:

C,Hyy, + 2n + m)Me, O, —» mH,0 + nCO, + (2n + m)Me, O, _, 6

where Me represents the transition metal in the oxygen carrier, Me,O,.
The reduced metal oxide Me, O, , is then transported to the AR where it is re-oxidized in the following reaction:

1 n
Me,O,_; + 5(02 + ﬂNz) - Me, O, + ENZ (2)

where n is the N,/O, ratio (NOR) usually assumed to be 3.76. Transition metals are particularly good oxygen carriers.
Specifically, iron (Fe,05/Fe;0,/FeO/Fe), copper (CuO/Cu), nitrogen (NiO/Ni), and manganese (Mn,03/Mn;0,/MnO/Mn)
are often used and studied [15-17]. The metal can be supported by an inert support, such as alumina (Al,O,), titania
(TiO,), silica (Si0,), zirconia (ZrO,), or bentonite, to increase the OC’s durability, reactivity, and fluidizing properties [18].
Mixed metal oxides have also been studied recently and show promise. Ideal OC particles will have high oxygen carry-
ing capacity, high oxidation and reduction reaction rates, high durability, appropriate particle size, density, and pore
structure to allow high fluidization and reactivity.

Because the air, specifically the nitrogen, does not need to contact the fuel, CLC can avoid producing NO, emissions
[19]. When a simple hydrocarbon is completely combusted, like methane, it can produce a clean stream of CO, and H,0.
The water is easily condensed out and this leaves a pure stream of CO, for capture and utilization or storage. The gas
stream leaving the air reactor is simply spent air. It contains mostly nitrogen and unreacted oxygen and can be released
into the atmosphere with minimal environmental impact.
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Fig. 1 Schematic of a circulat-
ing fluidized bed system for
continuous chemical looping N_+ NiO
combustion (CLC) plant [37, ’
38]
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To recover the lost energy, the hot air leaving the AR could drive a turbine. The exhaust from the FR can also be used
to drive a gas turbine and then boil water in a combined gas and steam cycle system for efficient electricity generation.
The reduction reaction of the metal oxide OC with fuel is usually endothermic, and the oxidation reaction of the OC with
air is usually exothermic [20]. The heat of reaction will depend on the fuel and oxygen carrier used. The heat loss can
be reduced by recovering low grade heat [21, 22]. Depending on the metal oxide used as the OC, the thermal energy
generated in the fuel reactor is usually larger than the energy required for direct combustion of the fuel [22, 23]. Utiliz-
ing the waste heat makes this CLC system highly efficient [24]. Finally, after condensing the water from the exhaust, the
remaining CO, is highly pure and concentrated and can be easily captured and utilized.

Process simulators, like Aspen Plus, Aspen Hysys, PRO/MAX, and PRO/II, are used in industry to model chemical and
power plants. They are able to simulate a wide range of steady-state and dynamic thermodynamic and chemical pro-
cesses. Process simulations have simple building blocks called unit processes which are usually continuously stirred
tank reactors (CSTRs) or plug flow reactors (PFRs). Many process simulators, like Aspen Plus, also have many built in unit
processes that can simulate complicated processes, like non-ideal reactors, catalytic reactors, solids processing, absorb-
ers, and distillation columns. Mass and energy streams link each of the unit processes together. The process simulator
then performs mass and energy balances on each of the blocks and the system as a whole.

Fluidized beds (FBs) have complex hydrodynamics and kinetics that need to be accurately modelled. Process simulators
have not traditionally had built-in unit processes for fluidized beds, but Aspen Plus within the last few recent versions,
introduced a more complete solids processing library that included a built-in fluidized bed reactor. Prior to this built-in
reactor, there were a few common ways to simulate the fluidized bed.

The most common and simplest way to simulate combustion and gasification in Aspen Plus is by using a Gibbs equi-
librium reactor [22, 25]. This unit process works by minimizing the Gibbs free energy and assuming equilibrium. It does
not require a volume to calculate this equilibrium, and thus cannot give accurate sizing and pricing information. Also
the Gibbs equilibrium models overestimate the conversion of species because mass transfer and kinetic limitations are
neglected.
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The other way to model fluidized bed combustors and gasifiers is by assuming the reactor is a series of PFRs or CSTRs
or a combination of both. These methods are discussed in the studies of Jafari et el. [24] and Cui et al. [26, 27].

Finally, a more complex but more accurate model for fluidized beds is the three-phase model. Kunii and Levenspiel
describe the three-phase model for fluidized beds as a series of CSTRs and PFRs in parallel with mass and energy exchange
between them [28]. The bubble phase in a fluidized bed reactor are modeled as an ideal PFR rising through the reactor.
The emulsion phase, which is the mixture of gas and solids is modeled as an ideal CSTR. The cloud phase, which is the
tail and solids area around the bubbles can be modeled separately. A two-phase model, on the other hand, does not
separately model the cloud phase. All phases at each level exchange mass and energy. A version of the two-phase model
has been described specifically for sequential process simulators, like Aspen Plus, by Jafari et al. [24].

The following describes some examples of the two-phase model found in the literature that have influenced this work.
Sarvar-Amini et al. [29] modelled a fluidized bed membrane reactor. Sotudeh-Gharebaagh et al. [30] and Liu et al. [31]
modelled a fluidized bed for coal combustion (as a series of PFRS). Hashemi Sohi et al. [32] modelled a fluidized bed for
natural gas combustion with a membrane reactor. Porrazzo et al. [21] modeled fluidized beds for chemical looping com-
bustion of natural gas using NiO, and Rafati et al. [33] modeled chemical looping biomass gasification (CLBG). Ohlemiiller
et al. developed a kinetic model for coal CLC with a 100 kW pilot plant [34] and a T MW pilot plant [35]. Another very
detailed kinetic model for fluidized bed gasification was made by Puig-Gamero et al. [36].

To our knowledge, there are no published models of combustion or gasification using the built-in Aspen Plus Fluidized
Bed (FB) Unit Process. The aim of this work is to demonstrate the built-in FB reactor in Aspen Plus for CLC. An advantage
of this model over other kinetic models in literature is that all of the shrinking core model (SCM) kinetics have been
transformed to power law rate kinetics with the use of a calculator. This means that no external Fortran is needed. Most
Aspen Plus CLC models used the RGIBBS reactor, but if they happen to use a kinetic based model, then most require an
external Fortran compiler and linking with MS Visual Studio. This model simplifies the process. The reaction rate equa-
tions are given for all reactions in Table 6. The simulation results are compared to experimental data [37, 38] and to the
commonly used Gibbs equilibrium model. Further, many parameters are explored for improving the combustion effi-
ciency. The optimal operating conditions found for the described CLC system are given. This paper was originally part
of a dissertation [39].

2 CLC process description
2.1 System configuration

This study was to develop an Aspen Plus based model to simulate the CLC process shown in Fig. 1 that was reported
in literature described by Dueso et al. [37] and Adanez et al. [38]. The CLC setup has two interconnected fluidized beds
working in two different fluidization regimes. Specifically, the reduction of the OC in the fuel reactor is carried out in a
bubbling bed fluidization reactor, while the OC is oxidized in the air reactor which is a fluidized bed operating in the fast
fluidization regime [28]. The energy and exergy analyses were already conducted by Adanez et al. [38].

A nickel-based catalyst which was 18% Ni supported on alpha alumina (Ni18-aAl) was used as the OC [37, 38]. The
literature has shown that a-Al,0; is the best form of alumina support for promoting reactivity of the Niin a OC [40]. The
main characteristics of the OC are given in Table 1.

2.2 The fuel reactor (FR) and air reactor (AR)

The fuel reactor (FR) is considered to be a bubbling bed (BB). A fluidized bed is in the bubbling bed regime when the
value of the superficial gas velocity U, g is higher than that of the minimum fluidization velocity U, . and lower than the
terminal velocity of the particles U, [28]. A bubbling bed can be modeled using the two-phase theory with a separate
bubble phase (having a low concentration of solids) and an emulsion phase (assumed to have perfect mixing of gas and
solids) co-existing in the bed. The emulsion phase is assumed to be at minimum fluidization conditions where gas that
is rising faster than the minimum fluidization velocity (i.e., Uy> U, ) is transferred to the bubble phase. This is what the
built-in Fluidized Bed (FB) reactor unit process in Aspen Plus does.
Assumptions related to the fuel reactor are [41, 42]:

1. Gas in the emulsion phase is equal to the minimum fluidization velocity (U,=U.)
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Table 1 Properties of the

= Property Symbol Units Fresh Used

oxygen carrier Ni18-aAl fresh

and used for 100 h [37, 38] NiO content Wyio Wt% 18 18
Oxygen Transport Capacity Roc - 0.0386 0.0386
Particle Size d, mm 0.1-0.3 0.1-0.3
Porosity € - 0.40+0.01 0.42+0.01
Particle Density Pp kg/m?3 4290+20 4250+20
Bulk Density Py kg/m?3 2470+ 10 2480+ 10
Specific Surface Area (BET) SgeT m?/g 7.0£0.2 6.8+0.2
Crushing Strength F N 41+03 3.7+0.2

Table2 CLCsystem Parameter Symbol  Units Fuel reactor  Airreactor  Source

parameters
Temperature T °C 880 950 [37,38]
Bed Height L m 0.1 0.1 [37,38]
Reactor Height H m 0.4 0.16 [37,38]
Reactor Inner Diameter D m 0.05 0.05 [37,38]
Cross-Sectional Area A m? 0.001963 0.001963 Calculated
Distributor Area Per Orifices A/ng m? 0.00005 0.00005 [28, 44]
Diameter of Orifice d, m 0.003536 0.003536 Assumed
Number of Orifices in Distributor n, - 40 40 Calculated
Volume of Bed Vp m? 0.000196 0.000196 Calculated
Bulk Density of Solid OC Pb kg/m® 2470 2375 [37,38]
Solid Loading Weg kg 0.3 0.5 [37,38]
Riser Height Hp m 1 [37,38]
Riser Inner Diameter Dy m 0.02 [37,38]
Primary Gas Flow (Fuel | Air) Q Ly/h 170 720 [37,38]
Secondary Gas Flow (Loopseal N, | Air)  Q, Lyh 375 150 [37,38]
Normal Temperature (Inlet Gas) T °C 0 0 NTP [38, 43]
Normal Pressure P atm 1 1 NTP [38, 43]
Molar Flowrate N mol/h  7.5846 32,1228 Calculated
Secondary Molar Flowrate N, mol/h  1.673 6.6923 Calculated

2. The bubbling bed reactor is isothermal.
3. The solid density is considered constant in the horizontal plane (no variation radially)
4. The bubble diameter is assumed to be constant in the two-phase model

The air reactor is in the fast fluidization regime, which means that the superficial gas velocity at the inlet Ug 5 is
greater than U, [28]. This means that the solids will be elutriated and will be carried by the gas out of the top of the
reactor. In fast fluidization, the gas and solids are assumed to be perfectly mixed when modeling. Also, the solid
volume fraction or solid density is assumed to be constant radially [28]. However, there are different solid densities
vertically. There are two zones along the height of the riser: the dense bottom phase and the lean top phase. The lean
top phase can be further divided into a lower acceleration region, an upper acceleration region, and a completely
fluidized region [28, 30, 31]. The built-in FB unit process handles the elutriation model.

Table 2 gives parameters for the FR and AR. The temperature and pressure are given in NTP which is defined as
1 atm and 0 °C as specified in [38, 43] (the definition of NTP and STP can vary per region).

2.3 Calculating the syngas oxygen carrier to fuel equivalence ratio (OCFER) ®

The air-fuel ratio can be mass based or molar based. In this research, MOCFR refers to the mass air-fuel ratio, and NOCFR
refers to the molar oxygen carrier-to-fuel ratio. Each ratio is given by the formula below:
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m Noc M Moc,s
¢ =MOCFR = 25 = _9€ 9 4 — MOCFR, = —— 3)

- ’
mFuel NFuel MFuel mFuel,st

NOC,S[

N, oC
NOCFR = =2 NOCFR, =
Fuel Fuel st

Hoc/1h Noc/N.
® = 0CFER = & = MOCFR _ _ oc/.Fuez _ NOCFR _ Noc/Npuei "
¢3‘f MOCFRSt mOC,st/mFuel,st NOCFRS[ NOC,st /NFuel,st

where mj the mass flowrate of oxygen carrier (OC) [kg/s], M, the mass flowrate of fuel [kg/s], No¢ is the molar flowrate
of OC [kmol/s], Ng, is the molar flowrate of fuel [kmol/s], My is the molar mass of air [kg/kmol], and Mg, is the molar
mass of fuel [kg/kmol].

A subscript of "st" denotes the stoichiometric NOCFR calculated from the reactions and equations below, to distinguish
the NOCFR,, from the actual NOCFR used in each simulation or experiment.

The general chemical looping stoichiometric combustion reaction for hydrocarbon fuels with oxygen is:

C.H,0, + uMe,0, — cCO, + I%HZO + uMe,0,_, ©6)

h
=2c+=-—-0=2
u c 5 0 a

where c denotes the moles of carbon, h the moles of hydrogen, o the moles of oxygen present in the fuel, p is the moles
of metal oxide OC needed for complete stoichiometric combustion the hydrocarbon fuel, a is the number of moles of
O, needed for complete stoichiometric combustion of the hydrocarbon if air or pure O, where used.

The stoichiometric combustion of syngas can be represented as the following general reaction:

mCH, + c¢CO + dCO, + hH, + wH,0 + nN, + uMe, O,_; — (m + ¢ + d)CO, + (% +h+ w)H20 +nN, + uMe O,_,
7)
u=4dm+c+h=2a

f=Npg=m+c+d+h+w+n, y:NMeXO"S,=NOC’S,=4m+c+h

where m, ¢, d, h, w, and n are the molar flowrate of CH,, CO, CO,, H,, H,0, and N, in syngas respectively (note the subscripts
and coefficients are different than previously defined in Eq. 6), f is the total molar flowrate of syngas fuel, p is the molar
flowrate of the oxygen carrier Me, O, for the stoichiometric combustion of syngas.

Below are the equations to calculate the molar based NOCFR and the equivalence ratio O.

N S
NOCFR,, = oCst _ H _ dm+c+h ®)
’ Npwets: [ m+c+d+h+w+n
Nryer = Npyere =f (when not normalized) (9)
Ny /N, N, N,
® = OCFER = NOCFR _ Noc/Npu _Noc _ oc (10)

NOCFRY[ B NOC,S[/NFM[,S[ H B dm+c+h

2.4 Reduction and oxidation kinetics

In this research, two experiments are compared: one with syngas, the other with methane. A nickel oxygen carrier (NiO/
Ni) supported by alumina a-Al,O; was used [37, 38]. The particles range from 0.1 to 0.3 mm The air flowing in the air
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reactor is assumed to be 21% oxygen O, and the remaining percentage 79% is entirely nitrogen N, (argon, atmospheric

CO, and H,0, and all other minor constituents are neglected). Properties of the oxygen carrier are given in Table 1.
Oxidation and reduction kinetics have been studied for metal oxides and various gases including O,, CO, CO,, H,, H,0O,

and CH, [19, 45-47]. Other studies on CLC using methane and Ni based oxygen carriers [48-50] found similar reaction

kinetics to Ryu et al. [45]. The SCM is often used to describe the core of unreacted metal oxide gradually reducing in

size [18]. The SCM model provides a good fit with experimental data [15, 16, 18, 45, 50-52]. Furthermore, most reaction

kinetics provided in literature for oxygen carriers are surface reaction rates with the pre-exponential factor of units m/s.
This simulation model makes the following assumptions [45, 53, 54]:

1. The particles are spherical.

2. The particles total volume remains constant, with only the ratio of unreacted core to the reacted shell changing.

3. The surface reaction is rate limiting, and the gas film diffusion and internal particle diffusion are fast compared to
the surface reaction and can therefore be neglected.

4, The reaction and particle are isothermal.

The percent of deactivated NiO remains constant.

6. AlINiAl, O, is considered to be deactivated NiO since it has a much lower reactivity than NiO [55]

b

The study by Ryu et al. [45] determines that the reduction reaction rate for NiO/Ni particles supported by bentonite is
controlled by the surface chemical reaction, while the oxidation rate is controlled by internal particle diffusion. Another
two studies by Garcia-Labiano et al. [16, 50] showed how the chemical kinetics differ with the structure and geometry
of the OC. They used the changing grain size model for reaction kinetics and chose a small particle size (between 30 and
70 um) to minimize mass transfer effects. Hossain et al. [18] showed that the SCM with the surface chemical reaction
being rate controlling well fits experimental data. This is because the OC particles used in CLC have a small diameter and
a high internal porosity [51].

For the SCM with the reaction rate limiting over the volume of the particle is given by Egs. 11, 12, and 13 [53, 56-58].
These are a rearranged version of the traditional SCM equation to allow the rate equation to be more easily entered into
process simulators in the power law kinetics form.

dCy 273 [kmol
—ry= SA = kG, G [ = ] (1)
E 1/ m \?*
k= kOeXp<_R_AT> l;(kmd) (12)
oo 6 Ko l1< m? )2/3] (13)
.= — L
d, C;{f s \ kmol

where C,, is the bulk gas concentration of gas A, C is the current concentration of solid B [kmol/m?], Cy, is the initial con-
centration of solid B, k, is the rate constant for the first-order surface reaction [m/s], -r, is the overall reaction rate of gas
A normalized to the volume of the spherical particle of solid B [56], and d, represents the outer diameter of the particle.

In process simulators, like Aspen Plus, it is usually more appropriate to give the concentrations in terms of the bulk
volume and therefore Eq. 11 is used instead of a conversion based form. Converting the rate equation from the conversion
based form to the concentration form was for convenience. Aspen Plus does not have a built in way to handle conversion
based equations or the SCM. If the conversion based equation is desired it would have to be compiled using an external
Fortran compiler, like Compaq Visual Fortran or Intel Visual Fortran. With the concentration based Arrhenius form, the
reaction rate can be entered into Aspen Plus without external Fortran compilation. Only the initial concentration of the
solid Cgy must be included into the pre-exponential factor by use of a calculator object in Aspen Plus.
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Fig.2 Aspen Plus dual fluid- I'nz } o
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3 Aspen Plus implementation

The Chemical Looping Combustion (CLC) system in Aspen Plus consists of two Fluidized Bed (FB) reactors connected by a
stream carrying the reduced Ni oxygen carrier (OC) from the fuel reactor (FR) to the air reactor (AR). The OC is oxidized in
the AR and sent back to the FR. In the Aspen Plus simulation model (shown in Fig. 2) the OC s sent through the CLC system
in a once through simulation, however, the OC is assumed to be recycled back from stream ME2 to MEO. The methane
or syngas fuel is sent into the FR through the FUEL stream. The fuel is combusted in the FR and the exhaust exits the top
of the reactor in the OUT1 stream where the solids are separated out by a cyclone and the remaining exhaust leaves the
system in the OUT stream. The solids that exited the top of the FR (ME1-2) are joined with the solids exiting the normal
solid outlet (ME1-1) into one stream entering the AR (ME1). Air enters the AR in the Air stream and oxidizes the OC. There
is no usual solid outlet, but the Aspen Plus FB reactor requires one, so this stream (ME2-1) is assumed to exit at the top
of the AR and joins the solids that are separated from the ARriser in the cyclone (ME2-2) into a single stream (ME2). The
spent air with reduced oxygen content exits the AR at the top (N2 + ME) where the spent air (N2) is separated from the
solids (ME2-2). Each cyclone is assumed to be 100% efficient at separating the solids from the gas.

3.1 Components

The IDEAL property method is used and Aspen Plus is set to estimate all missing parameters. Table 3 gives the compo-
nents used in the Aspen Plus simulations.

3.2 Streams
The FUEL stream enters the FR at Normal Temperature and Pressure (NTP), that is 1 atm and 0 °C [38, 43]. The fuel gas
flowrate entering the FR (Qgg) was fixed at 170 Ly/h in all experiments. Using the Ideal Gas Law gives a molar density

pn (Py=n/V) of 0.044615 mol/L corresponding to the molar volume V| (Vy=V/n) of 22.414 L/mol, therefore, the molar
flowrate of fuel is 7.5846 mol/h.
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Table3 Components used in Name Type Component name Formula(s) Databank
the Aspen Plus model
H2 Conventional Hydrogen H, APV90.PURE35
H20 Conventional Water H,0 APV90.PURE35
co Conventional Carbon-monoxide co APV90.PURE35
co2 Conventional Carbon-dioxide co, APV90.PURE35
CH4 Conventional Methane CH, APV90.PURE35
02 Conventional Oxygen 0, APV90.PURE35
N2 Conventional Nitrogen N, APV90.PURE35
NI Solid Nickel Ni APV90.INORGANIC
NIO Solid Nickel-oxide NiO APV90.INORGANIC
NIO-D” Solid Nickel-oxide NiO APV90.INORGANIC
AL203 Solid Aluminum-oxide-alpha, a-Al, 04 APV90.PURE35

Corundum, Alumina

"NiO-D represents deactivated NiO and does not react. It also represents the NiO portion of NiAl,O, which
is not as reactive as NiO. Approximately 65% of the NiO in the particle is free when made and 35% consid-
ered deactivated. Up to 80% of the free NiO can be converted to NiAl,O, [37, 55]. NiAl,O, which is reactive
but not as reactive as NiO, was not directly modeled in this research, so the percentage of "deactivated"
NiO was varied

Table 4 Molar composition in
percent volume of inlet gas

Fuel stream during Syngas simula- Fuel stream during methane Air fuel stream

tion (%) simulation
streams
H, 25
H,0 0
co 15
co, 9
CH, 0 30%
0, 0 21%
N, 51 70% 79%

For some of the syngas experiments the gas feed was 15% CO, 9% CO,, 25% H,, and 51% N,. For the methane
experiments the methane was set at 30% and the remaining 70% was N,. The molar composition is shown in Table 4.

The MEO stream feeds the solid OC into the FR. The mass flowrate of solid NiO/a-Al,O; cycling between the FR and
the AR was 3 kg/h. The OC is initially 18% Ni and 82% Al,O5. However, only 65% of the Ni in the particle is free NiO.
This percentage decreases with time because some of the free NiO converts to NiAl,O, [37, 38, 55]. It was found that
75% of the Ni converts to free NiO each cycle so the free NiO can be as low as 20% with the rest being NiAl,O, [38].
So, the percentage of free NiO was varied from 20 to 100% match the experimental data. It was found that a free NiO
percentage of 50% fit the syngas data better, and a free NiO percent of 100% fit the methane better. This could be
because the NiAl,O,, which is not directly modeled in this research, has a higher reactivity with methane as found
in the literature [55]. A particle range is given in the studies as between 100 and 300 um [37, 38], and so the particle
size distribution (PSD) is assumed to be a normal distribution with a mean of d,, pso=2e—4 m and a standard devia-
tion of d,, <rp=3.33e—5 corresponding to the range divided by 6 to encompass three standard deviations from the
mean (P(u-30<x<u+30)=99.73%).

The AIR stream enters the AR at NTP (1 atm, 0 °C) [38, 43]. The air flowrate entering bottom of the AR as fluidizing
gas was 720 LN/h. There is also a secondary air flow at the bottom of the riser above the bed of the AR (150 LN/h).
The combined airflow into the AR is 870 LN/h. Again, using the Ideal Gas Law and a molar volume V) of 22.414 L/mol,
the molar flowrate of fuel is 38.815 mol/h. The AIR stream is considered 21% O, and 79% N.,.

The LOOPSEAL stream is pure N, and, since physically the loop seal gas mostly travels up into the FR, the LOOPSEAL
stream is simulated as directly entering the FR. This LOOPSEAL stream is 37.5 LN/h and 100% N,. In the simulation, it
is considered as entering the FR directly. 37.5 LN/h corresponds to 1.673 mol/h using the Ideal Gas Law.
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Table 5 Height and width of

the aif reactor (AR) [37, 38] Location Height (m) Height (%) Width (m)
Bottom of AR 0 0.00% 0.1
Top of AR Bed 0.1 8.47% 0.1
Top of AR Mixing Chamber 0.13 11.02% 0.1
Bottom of AR Riser 0.16 13.56% 0.02
Top of AR Riser 1.16 98.31% 0.02
Top of AR L-shape Exit 1.18 100.00% 0.02

3.3 Blocks

The Fuel Reactor (FR) is a bubbling bed and is simulated with the Aspen Plus V9.0 built-in Fluidized Bed (FB) unit
processing the Solids Package. This FB unit process has many more options to configure and many that are required
and not given an assumed or default value for example the orifices in the distributer. This specification is not usually
given in literature. However, a figure from Kunii and Levenspiel [28, 44] was used to estimate the number of orifices
per surface area from the common metric of 0.5 cm?/orifice (A/n = 5e—5 m?/orifice or n/A =2 orifices/cm?). Another
complication of the FB unit process is that it requires the solid stream to have a particle size distribution (PSD). Most
literature will give an average particle size, but usually not a range or distribution and so one must be assumed.

The FR has a total height (Hgg) of 0.4 m and a packed bed height (Lgz) of 0.1 m. The solid discharge location is
assumed to be directly above the bed height at 25% of the height of the FR. The cross section is circular with a
constant diameter (dgz) of 0.05 m and total surface area (Agg) of 0.002 m?. This surface area would correspond to
an assumed 40 orifices on the perforated plate distributor. The orifice diameter was also assumed to be half of the
side length of the A/n ratio (d,=+/(A/n)/2=0.003536 m). And the orifice discharge coefficient was left at the default
value of 0.8. The FR operated at Tz =1153 K. Both liquid and vapor phases were considered. The packed bed volume
corresponded to an assumed bed mass of Wz =0.485 kg. The particles were modeled as Geldart B type particles
corresponding to sand type particles [59].

The CH,, CO, and H, oxidation reactions and the Water Gas Shift (WGS) reaction are specified to take place in the
FR. Finally, options to help the simulation converge 10 cells were specified in the bottom zone and 10 in the top zone.
The Newton solver was used for mass balance with a maximum of 100 iterations and an error tolerance of 0.001. The
FR reactor was set to initialize using integration.

The Air Reactor (AR) is a fluidized bed in the fast fluidization regime. All of the bed mass is elutriated and travel up
the riser and out of the top of the AR. The AR is simulated with the FB unit process.

The AR including the riser has a total height (H,g) of 1.18 m and a packed bed height (Lgg) of 0.1 m. The mixing
chamber is 0.13 m height where the diameter tapers in a cone shape to the more narrow riser section. The cone is
0.03 m tall. The riser is 1 m tall with an additional 0.02 m for the L shape of the pipe. The riser is 0.02 m in diameter (dg)
is 0.02 m. Table 5 shows the width along the height of the reactor as it is entered in Aspen Plus. The solid discharge
location is assumed to be at the top of the riser, 100% of the AR height. The AR has an assumed 40 orifices on the
perforated plate distributor. Again, the orifice diameter (d,) is assumed to be 0.003536 m. And the orifice discharge
coefficient was left at the default value of 0.8. The AR operates at Ty =950 °C. Both liquid and vapor phases were
considered. The packed bed volume corresponded to an assumed initial bed mass of Wy, =0.485 kg, however, the FB
cannot maintain this bed mass and all of the bed mass is elutriated. Again, the particles are Geldart B type particles.
The Ni oxidation reaction is specified to take place in the AR. The same convergence options as the FR were used in
the AR.

The mixers MIX1 and MIX2 were both set with default values corresponding to 0 pressure drop. Though the
cyclones CYC1 and CYC2 were assumed 100% efficient at separating the gas from the solids, in reality this would take
at least three cyclones in series to attain 99.98% efficiency (0.02% solids lost in exiting gas).

3.4 Reactions

See Table 6.

@ Springer



Research

| https://doi.org/10.1007/543938-023-00020-x

(2023) 34

Discover Chemical Engineering

(591 00T 19M
[¥9] 810Z
YU weyd [€9] 00 1o g _s
500 snbiep-epien 066'0L [/10Wi/ W] $2065°0 00 79 A 0660 v XL vT065°0 = THZ+0D T “0I+7HD 8
\ 05" o%oA vea LT1-20T9 =
paje[nojed 76'929'SPL- [s/jownj/;W] Z1-207°9 L60 1295¥T € OH+"HD«—  ‘HE+0D i’
D.£10°619 = _n.ﬁ
— Ld
*S9aID 26'9%€'02C T1+396'L A Lreocc v&a C196°L =" H €400 <> OCH+YHD W
[59] 00T 19M
[¥9]1 810C
uI weyd [€9] 0H 1) d =L
$00¢ snbiep-eien 0TL'vL DV/S/L1ELELLO €00 wA oeeve v XOLEIEIL0 =™ H €400y OPH+HD /
. . Hy éuA vea 761691 ="
paje|nojed vr0'86L'61 [s/lown/ W] Z61'€91 86L6¢ 0D+0®H+ 50D+ 19
0586978 = =
— 9d
+SA9ID V0'8ET L6 204100 A seee ves C0LIO0 =" 200 +%H<>0J+0%H 9
[291 0L0T JoG42D 000 q o
(191861 eq'g 095°CL [S/10WnY/gW] 8L°LLLT 270 A 0ogaT v XO8LLLLE=™ 20>+« 0J+0%H 9
AEEV s 9988 A_EUV o) A Ly vm b
: — | = be) 2 — =1
pajejnoje) 886°LS6'LY e\ g/e\ "0 ) Hgooy \ TSy oL 9oV 8% OIN+"HD < IN+ZH Z+0D g
Do 0LLy = =]
Sd
R T) L0vLS'SLT SL+320'L AEW; v%u sIToT ="y IN+%H Z+0D <> OIN+"HD NS
[ss1zLoz oseng Ao,g?_ovgc A v%a 2 =S
[09] €10Z 1plysey 975'£5T [s/w]g+3L€L oo\ 0 ) 502\ G wIcT 5 IN+ZH Z+0D < OIN+YHD S
Aazuvﬁbﬂ vmxo c-28° ~ ="
[S1]£00Z peqy 000/ [s/w] €-98'L AR 000L 5 OINZ<—C0+INT v
O,Qﬂz .NWN v
; dxo¢-a7°c— =&
[s1] £00Z peqY 000'sT [s/w] €-9T°S SA 0 v Ac%m e m ‘0D« OIN+0D £
(75 ) s () :
o X9 €-0¢° 6— = o
[$1] 00T peqy 000'9C [s/w] €-9¢'6 ere\ ” 00092 ot o O°H<OIN+%H .
~ A Joury v s ﬁ 6l-°LC’L A ) v fu A VQ ;.: .
w ) w ey X9 1T = =
paje|ndjed L6098'LLL- o\ e\ "D % éu el 617IT TS OIN+*HD“IN ¥+O0ZH Z+%0D i
D.0L9p1 = =
— Id
549D 75'906'%S L 61+96'L A L067ST v%o 6126’1 = =X IN ¥ +0%H 7+%02 <> OIN #+"HD L
:QEU v ﬁmb A Iy VQK@ P _
[S¥] L00Z NAY ¥55°GH0'LE [s/w] £Z£0°0 QNA 7 ) 509\ sroe Lo o IN ¥ +0%H Z+°0D < OIN ¥+ "HD L
324n0§ (low/r) OV/%3 0y (5/¢W/jow)) uoissaidxa d13auy uoloeay "ON

[2POW UOIIR|NWIS Ul PAsN SI1DUPY UOIde3Y 9 3|qel

pringer

AH's



| https://doi.org/10.1007/543938-023-00020-x

Discover Chemical Engineering (2023) 3:4

Research

pass
-PISUOD aJe Pa)si| SUOIIDLAI || ‘UOIIRINWIS UOIISNQUIOD dURYISW 33 U] "Y4 SY3 Ul JNdD0 19 pUR 9 ‘€ ‘Z SUOIIDR3I AJUO ‘UoIe|NWIS UOIISNQUIOD seBUAS Y} Ul *YY Y3 Ul SINdD0 4 uolldeal A|lup

jusuodxa £0°0 9Y3 2AeY J0U pIp uoiienba a1l uoildeal sy}
JO SUOISIA [eUIBIIO 3Y] "0JSZ SIBSU UOIIRIIUSOUOD JusUodWod Y} USYM JISed BUIA|OS |[BD1ISWINU )W 0} 6 PUE § ‘/ SUOIIdR3I 0} PAPPE S| (£0°0=U) apniubew |jews A1A Jo Juauodxa uy

(O%H 10 ¢QD) Buiwioas 10y pasn Jusbe ayj Jo Juspuadapul
A]|e301 3sowWi|e S| dueyIdW By} Ul puoq H-D 3y} Buiealq 1.y} pue ‘Uoiideal uoledyised Jeyd e yum Uoideas uolisodwodap e A|[elauassa si buiwioel sueyiaw 3yl Moys 00T ‘e 32 19

Kyd1dwis oy suorzenba a3es me| Jamod [[e uleuod 03 [9POW dD1IBUDY SIY3} 40§ PIISIP SEM }| "WIoj me| Jamod e 03 payijdwis |isea se Jou sem pue
w0y (MHHT) uosiep-usbnoH-poom|aysuiH-inwbueT Jo si [69] Juowia4 pue nx Agq paysiignd [9y21U JSA0 SUOIIDRAI YIA'S PUB SDA\ Y3 104 UoIzenba 31l d13au| Pasn Ajluowwod alow ay |

|es2uab ul e1ep B1R1 UOIIdEI YIYS Seb JS1eM Ul UOIIBLIBA YdNW S| 313Y) ING ‘ISe) SOWIY 0§ Se Yonwi se 9 Aew uolideal sy} [axd1u Aq pazA|eled usym
Jeyl sMmoys [$9 ‘€9] ainjeidll] 9y} ‘A|[enidy ‘[9XDIU JOj dWeS 3y} 9 O} PAWNSSe Sem djel UoIdeal siy] Jeyd Aq pazijeied si 8/61 eqig Aq uanlb uoirenba a3es uoldeal PIYS seo) Ja3ep YL

ug( L) =) "uonenba ajel uondeas 9519A34 3Y3 BUIUIWISISP USYM ) Paseq UOHeIuSdUOD 03 328 PILISAUOD S| BINWLIOY 3L -y paseq ainssald [ellied se UaAIB aJe sJueISUOD) winlig|inb3a

xipuadde syj ul
uoISSNISIP 995 'S|ge|IeAR 219YM din3eId)| Isulebe paydayd a1am suolienbd 10id sniusyuly ue Buisn pany pue J01deal sqqiny ue buisn usadsy ul pajejnwis 219m suolssaidxs wnuqlinby |y

$92JN0S ainjeiall] ay3l wolj Uwumj.qu us9( sey suoljdeal uolysnquod QD pue NI 93} JO JapIJo uol}deal ay|

()

[89] 2661 SGGOH ‘o> A V o oo — 11,
[£9] S661 Ssaf 000°0LE [s/10Wny/cW] Z1+99°€ 279\ Govore cre9e = 0D 7+ %0D+D Ll
[89] ¢661 SqqoH 0%H~D — ol
[£9] 5661 SSaf 000°0L€ [s/10W/cW] 1 +39°€ 20 A 0000TE vea e ="y TH+0D 5 OH+D ot
- 7 = 16
pajend[ed 88°0LT'EY [s/1ownt/gw] 1-31 'L 002 NoA nizer v&ai T ="H PHO 5 THT+D 16
Do10tHhs = =1
— Sd
+S9qID €TE8YL'L8 868'€0Y A ST vea 863¢0y = 4 HZ+I"HD 6
ecet . ,EQA| v&a gcopg =6 ? y
[99] 7661 1yseAeqo)y 7'656'0€L [s/1] £+31°S Tose0eT HZ+2¢5"HD 6
0O~ *H 00 o
pajejnole) 9€'TL1'981- [s/jow/W] ¥1-349'8 t50-2 9 2D A L1081 v%o el VIv98 = 20D +"HD y CHT+0D T 18
DEETTYY = _u&g
— 8d
59410 9£'791'L5T yL+3TL Y A s vmxo vIocLy ="y THTHOD T COI+THD 8
a2unog (lowy/M) OV/°3 Oy (s/¢W/jow)) uoissaidxa 11Uy uonoeay ‘ON

(panunuod) 99|qer

pringer

Qs



Discover Chemical Engineering (2023) 3:4 | https://doi.org/10.1007/543938-023-00020-x Research

Fig.3 FR Outlet H, mole Oxygen Carrier-Fuel Equivalence Ratio ¢
fraction vs. OC mass flowrate 0 1 2 3 4 5 6
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4 Results and discussion
4.1 Syngas chemical looping combustion experiments

The Aspen Plus simulation well fit the data using the kinetics described in Table 6 [37]. As the amount of oxygen
entering the system increases the mole fraction of H, and CO decrease and the combustion efficiency increases.
Figures 3 and 4 show the mole fraction of H, and CO respectively versus the oxygen carrier mass flowrate for the FB-
unit kinetic model compared against RGibbs equilibrium model and experimental data. As more oxygen is available
for combustion (a higher OC mass flowrate) less H, and CO is in the outlet gas from the fuel reactor. The simulation
results were within two percentage points of the outlet gas molar composition for both H, and CO.

Figure 5 shows the affect of the molar air flowrate on the conversion of Ni and O,. The conversion of Ni to NiO
quickly plateaus at almost full conversion after around 6 mol/h. After this point, more air is supplied than needed,
and there is excess oxygen so the conversion of oxygen goes down.

Figure 6 shows the molar composition of the FR outlet gas versus the molar flow rate of the fuel entering the FR.
The combustion of syngas peaks at about 5 mol/h. This is because after this point the metal oxide is saturated and

@ Springer



Research Discover Chemical Engineering

(2023) 3:4

| https://doi.org/10.1007/543938-023-00020-x

Fig.5 Conversion of Ni (Xy;)
and O, (Xp,) vs. air molar
flowrate (Npg) [mol/h]

Fig. 6 Molar Composition
of Outlet Gas vs. fuel molar
flowrate (Ngg) [mol/h]

Fig.7 Conversion of Ni (Xy;)
and O, (Xp,) vs. air reactor
temperature (Tyg) [C]
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there is not more oxygen to convert the increased amount of fuel. This then dilutes the combusted products in the

unreacted fuel exiting the reactor.

Increasing the temperature increases the conversion rate of oxygen. This is seen by the increasing conversion of
0, in Fig. 7. However, the conversion was calculated for both the O, gas and the solid Ni as molar concentrations.
This means that as the temperature increases the volume of gas increases and the concentration of converted solid

decreases slightly.

Increasing the temperature of the FR Ti increases the combustion rate for CO and H,. The increased temperature also
increases the rate of the water-gas shift (WGS) reaction. At temperatures above around 826 °C the WGS reaction works
in reverse to convert H, and CO, into CO and H,0. These two dynamics can be seen in Fig. 8.
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4.2 Sensitivity analysis

In Fig. 9, the plot of the CO mole fraction versus OC Mass Flowrate was shown for different pre-exponential factors kg,
for Reaction 3 in Table 6. It shows what would be expected that the combustion reaction rate increases as k,, increases
and therefore the mole fraction of CO decreases.

Figure 10 shows how the mole fraction versus OC mass flowrate differs for different exponents of the gas concentration
in the CO combustion reaction rate equation (Reaction 3). Smaller exponents make the reaction rate less dependent on
the gas concentration and therefore faster. With a faster reaction rate there is less product gas at the same OC flowrate.

In the three dimensional (3D) Shrinking Core Method (SCM), the order of the solid conversion factor is 2/3 (1-Xg)?>.
However, in the one-dimensional (1D) SCM the exponent of the solid conversion is 2 (i.e., (1-Xp)?). Figure 11 shows the
effect of varying the exponent of the solid conversion in the SCM for Reaction 3. The value of m=2/3 would be the 3D
SCM and a value of m=2 would be the equivalent of the 1D SCM. It is shown that the 3D SCM best fits the data with a
value of m=0.667.

The percentage of free NiO is around 50% (between 20 and 65%) [70]. Dueso et al. [37, 55] note that the fresh OC
particles have approximately 65% of the NiO free. Furthermore, over continuous operation of the CLC system, over 25%
of the free NiO is converted to NiAl,O, which does act as an oxygen carrier but has a much lower reactivity than NiO.
Therefore, for this simulation the inactive NiO is considered at 51.25%, including the initially inactive NiO and the NiO
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portion of NiAl,O,. Figure 12 shows the effect of considering different percentages of inactive NiO. Considering higher
portions of inactive NiO essentially stretches the graph horizontally, because more OC is required to have the same
amount of available oxygen.

A similar analysis was performed for H, in Reaction 2. These plots confirm the parameters of the SCM and the kinetic
rate equation shown in Table 6.

4.3 Methane experiments

Figure 13 shows the mole fraction of the FR outlet gas versus the OC mass flowrate for the kinetic simulation compared
to experimental data. The methane combustion simulation assumes no inactive NiO. The conversion of NiO to NiAl,O,
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did not seem to affect the methane experiment. This may indicate that CH, has a higher reactivity to NiAl,O, than the H,
and CO in syngas. This seems to agree with more recent work from Dueso et al. [55]. However, because the species NiAl,O,
was not considered with separate reactivities, all of the Ni was modeled as free NiO for the methane experiment. For the
methane experiments, the simulation results were within four percentage points of the outlet gas molar composition
for H,, within two percentage points for CO, and less than one percentage point for methane.

5 Conclusions

In this research, a circulating chemical looping combustion (CLC) process is simulated and analyzed. The CLC system
is composed of a fuel reactor which is a fluidized bed operating as a bubbling bed flow regime and an air reactor
operating in fast fluidization flow regime. The reactions occurring in each reactor are non-catalytic heterogeneous
gas-solid reactions. The shrinking core model (SCM) was used to describe the kinetics. The build-in Fluidized Bed unit
process was used in Aspen Plus to simulate the complex hydrodynamics of the fluidized bed for the fuel and the air
reactors. Syngas and methane are considered as the gas inflow to the fuel reactor and pure air is the gas inflow to the
air reactor. Cycling between the two reactors is the nickel oxide (NiO/Ni) oxygen carrier (OC) supported by bentonite
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which transfers oxygen between the fuel and air reactors undergoing reduction and oxidation (redox) reactions in
each reactor respectively. The entire CLC process is modeled in Aspen Plus and various operating parameters were
explored.

The results show that:

e The built-in FB unit process accounts for the hydrodynamic and kinetic processes, and its complexity is a midway
between low resolution models (e.g., single PFR or CSTR models, the two-phase model) and more complex models
like computational fluid dynamics (CFD) models.

e This model and the FB unit account for reactor geometry (i.e., diameter, height, etc.), solid inventory, and the
air—fuel ratio.

e Comparing this FB unit process model with other model types, such as the Gibbs equilibrium model, the FB unit
gives a more accurate and realistic prediction of the outlet syngas, within 2% of the experimental data for syngas
combustion and within 4% for methane combustion.

e This model makes it possible to size the FB reactors and therefore get an estimate of the thermal and economic
efficiency.

e Because this model converts all core-shrinking kinetics into power law forms, it can be run in Aspen Plus without
the need for external Fortran compilation. This is a major advantage of this kinetic model over other external
Fortran based models, such as those discussed in the introduction [21, 33-35, 71].

6 Future work

Many improvements can be made to this work. It is the hope of the authors that the model and data files will be useful
for any other researchers attempting to replicate or improve upon this work. Examples of future improvements are:

e Comparing the Aspen Plus FB unit process to other types of kinetic models in Aspen Plus, such as a single PFR,
single CSTR, CSTRs in series, or CSTR-PFR pairs in series with mass and energy exchange representing the two-
phase model [21].

e Testing various parameters and assumptions of the FB unit process, such as the number of bed stages or the
number of free board stages, etc.
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