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We examine the oxidative dehydrogenation of ethane (ODHE) using a one-dimensional finite heat disper-
sion model and present a comprehensive ignition-extinction analysis of the process in an adiabatic
autothermal reactor. The six-step kinetic model used in the scale-up studies was derived from lab-
scale reactor data and validated over a wide range of experimental conditions. We investigate the impact
of ethane to oxygen feed ratio, space time, and bed length on the region of autothermal operation as a
function of feed temperature. The results reveal that ethane conversion and ethylene selectivity are
not monotonic at the extinction point and there exists an optimum set of design and operating condi-
tions. We also report the impact of operating pressure in terms of fixed linear and mass velocities. Our
analysis and comparisons show that ODHE, when operated at high pressure, may lead to performance
that is comparable to the ethane steam cracking process.

� 2023 Elsevier Ltd. All rights reserved.
1. Introduction

The discovery and rapid development of shale gas in the past
20 years has reduced the price of natural gas, thereby promoting
its use as feedstock to produce a variety of bulk chemicals
(Bilgen and Sarıkaya, 2016). As an important building block of
the petrochemical industry, ethylene is used to produce a variety
of chemical intermediates and polymers (Cavani et al., 2007). Cur-
rently, steam cracking of ethane, naphtha or other hydrocarbons is
the predominant route for producing ethylene (Amghizar et al.,
2017; Ren et al., 2006). In fact, this highly endothermic reaction
is considered one of the most energy intensive processes in the
chemical industry because of the high operating temperature and
the difficulty of purification and separation steps (Abdelbaki
et al., 2021; Qian et al., 2022). The cumulative CO2 emissions from
steam cracking of ethane amount to about 1.0 kg CO2 per kg of
ethylene produced (Ren et al., 2006). Among alternative technolo-
gies, oxidative dehydrogenation of ethane is one of the most
promising routes to produce ethylene with lower energy consump-
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Nomenclature

Roman letters:
av heat (mass) transfer area per unit bed volume, m�1

Cpv volumetric heat capacity of the reaction mixture,
J/(m3*K)

dp catalyst particle size, m
Dm;j mass diffusivity of species j, m2/s
Deff ;j effective mass diffusion coefficient of species j, m2/s
h heat transfer coefficient, J/(s*m2*K)
DHst

j reaction enthalpy at standard condition for reaction j,
kJ/mol

DHr;i reaction enthalpy for reaction i, kJ/mol
kc mass transfer coefficient, m/s
L length scale of the reactor bed, m
Peeff ;m;j effective mass Peclet number of species j
Peeff ;h effective heat Peclet number
ri reaction rate i, s�1

T reaction temperature,K
Tin inlet reaction temperature,K

DTad adiabatic temperature rise, K
< u > averaged gas velocity, m/s
yj mole fraction of species j
yinj inlet mole fraction of species j
z dimensionless position along the reactor bed

Greek letters:
as;eff catalyst thermal diffusivity, m2/s
aeff effective thermal dispersion coefficient, m2/s
mij stoichiometric coefficient of spiecies j for reaction i
smi characteristic inter-phase mass transfer time, s
shi characteristic inter-phase heat transfer time, s
s space time,s
sM;j mass dispersion time of species j,s
sH heat dispersion time,s
< qCpv Tð Þ > averaged molar heat capacity of the reaction mix-

ture, J/(mol*K)
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tion and greenhouse gas emissions. It is reported that the ODHE
process could provide about 20–30% energy savings (Gaffney
et al., 2021b; Luongo et al., 2021) and about 82% reduction in
CO2 emissions (Haribal et al., 2017) compared with steam cracking.
However, there are two major challenges to the commercialization
of the ODHE process. The first is the design and synthesis of an
active, selective, and stable catalyst. The second is the design of a
reactor to remove the generated heat efficiently from this highly
exothermic reaction system.

In recent years, it was found that multi-metallic mixed oxides
containing Mo, V, Te and Nb show remarkable selectivity for the
ODHE reaction (Botella et al., 2004; Che-Galicia et al., 2014;
Gaffney et al., 2021a; Melzer et al., 2019; Nguyen et al., 2012). This
was followed by an intensive focus in the literature on improving
catalyst performance through modifying catalyst structure and
various post-treatments (Chu et al., 2015; Kolen’ko et al., 2011;
Sanfiz et al., 2010). It is reported that MoVTeNbOx catalyst is able
to convert ethane to ethylene with about 60% conversion and 90%
selectivity at around 400 �C, thereby reaching the industrial goal
(Gaffney and Mason, 2017). Annamalai et al. (Annamalai et al.,
2018) have reported the kinetics of the oxidative dehydrogenation
reaction over a MoVTeNbOx catalyst. Lemonidou’s group
(Heracleous and Lemonidou, 2006a, 2006b) used transient experi-
ments with isotopic 18O2 to derive a kinetic model over Ni-Nb-O
catalysts. Che-Galicia et al. (Che-Galicia et al., 2014) have reported
a pseudo-global kinetic model validated by their experimental
results over MoVTeNbOx at sub-ambient reactant pressures.
Recently, Chen et al. proposed a two-site global kinetic model
based on the M1 phase catalyst that describes ODHE performance
over a range of reaction temperatures and reactant/product pres-
sures (Chen et al., 2022). In this study, we use this experimentally
validated model to investigate the ignition-extinction features of
the ODHE process.

Tubular packed bed reactors are widely used to carry out many
exothermic reactions such as ethylene epoxidation (Nawaz, 2016)
and ammonia synthesis (Ghani and Iranshahi, 2019). A typical
multi-tubular reactor contains thousands of small tubes (as small
as 2.54 cm in diameter) with a high ratio of the heat transfer area
to reaction volume. Circulating coolant is used to remove a large
amount of reaction heat through the reactor shell and to maintain
the reactor close to isothermal conditions. However, it is possible
to remove the heat for strongly exothermic reactions such as ODHE
operating at high pressure over highly active catalyst only by dilut-
2

ing the reactants/catalyst or using large space times (Chen et al.,
2021). Rodríguez et al. (Rodríguez et al., 2011) coated Ni-Nb-O cat-
alyst over raschig-rings inside the tubes and used a 4 m long bed to
avoid hot spots in the multi-tubular reactor and multi-tubular
membrane reactor. Che-Galicia et al. (Che-Galicia et al., 2015)
reported that the ODHE system could be implemented in the
multi-tubular reactor with low active catalyst density (75 kg/m3)
and about 50% to 90% reactant dilution over MoVTeNbOx catalysts.
Fazlinezhad et al. (Fazlinezhad et al., 2019) designed a reactor with
10,000 reactor tubes and 40% nitrogen dilution to remove the heat
generated at 5 bar. However, autothermal reactor or autothermal
operation (AO) can address heat transfer concerns and achieve
high ethylene yield. Autothermal operation is the intentional oper-
ation near the extinction point on the ignited branch where the
reactor is close to adiabatic conditions. In AO, there is no heat addi-
tion to the reactor and no intentional heat removal through the
wall except for some minor heat loss to the surroundings
(Balakotaiah et al., 2021). The reaction heat is mainly removed
by the convection of the cold reactants. Balakotaiah et al.
(Balakotaiah et al., 2019) discussed several advantages of autother-
mal operation: compact reactor with low feed temperature, low
pressure drop and high productivity. Multiple steady-states nor-
mally exist in reactors with strong thermal-backmixing and
exothermic reactions. Sarsani et al. (Sarsani et al., 2017) recently
demonstrated the ignition and extinction behaviors of the OCM
reaction using experiments and proved that it is possible to carry
out oxidative coupling of methane in autothermal reactors. Sun
et al. (Sun et al., 2020) performed a bifurcation analysis of the
OCM reactor and showed that a scaled-up autothermal reactor
can reach 20% methane conversion and 80% C2 selectivity. How-
ever, there have not been studies on autothermal reactor design
that can be plausibly implemented for the ODHE process. In this
work, we show that ODHE can be operated autothermally at ele-
vated pressure with ambient temperature feeds and without exter-
nal heat input.

The main goal of this work is to provide a comprehensive bifur-
cation analysis of oxidative dehydrogenation of ethane using a glo-
bal kinetic model developed from recent experimental results over
the MoVTeNbOx catalyst. In the next section, we review the reac-
tion network and kinetic model over the MoVTeNbOx catalyst.
Moreover, we present and use a 1D pseudo-homogeneous finite
heat dispersion model for our ignition-extinction analysis. In sec-
tion 3, we start with three limiting reactor models: long bed or
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plug flow reactor (PFR), short bed or continuous stirred-tank reac-
tor (CSTR) and lumped thermal reactor (LTR). The impacts of
design and reaction conditions including ethane/oxygen feed ratio,
space time and bed length on the ignition and extinction locus are
then discussed. The optimum operating window where ethane
conversion and ethylene selectivity are maximized is also deter-
mined. In section 4, we demonstrate the impact of operating pres-
sure on the ODHE process for two cases: fixed linear velocity and
fixed mass velocity. Increasing operating pressure with fixed mass
velocity leads to larger operating windows with high conversion
and selectivity but with significantly lower productivity. Further,
we model and compare multi-tubular and autothermal reactor
designs using the full kinetic model and conclude that an autother-
mal reactor operated at higher pressure has a much higher produc-
tivity than the multi-tubular reactor. Finally, we show that
autothermal operation of ODHE at high pressure can deliver simi-
lar or better performance compared to the ethane cracking process.
In the last section, we summarize our results and discuss some lim-
itations and possible extensions of this work.

2. Model development

2.1. Global kinetic model of ODHE

The reaction scheme of the ODHE process over the MoVTeNbOx

catalyst is taken from experimental results discussed in an earlier
publication (Chen et al., 2022). The reaction scheme consists of 4
parts: ethane can be converted to ethylene through primary dehy-
drogenation reaction (step 1); COx can be produced from deep oxi-
dation of ethane (steps 2 and 3); COx can also be generated from
secondary oxidation of ethylene (steps 4 and 5); CO can be further
oxidized into CO2 through step 6.
Ta
OD
Step 1
ble 1
HE adiabati

Feed ratios

Reaction ste
1
2
3
4
5

C2H6 þ 0:5O2 ! C2H4 þ H2O,

DH0
1 ¼ �105kJ=mol
c temperature rise for each step with different C2H6=C2H4 : O2

C2H6/C2H4:O2 4:1

ps
541
799
895
1021
1099
(1)
Step 2
 C2H6 þ 2:5O2 ! 2COþ 3H2O,

DH0
2 ¼ �863kJ=mol
(2)
Step 3
 C2H6 þ 3:5O2 ! 2CO2 þ 3H2O,

DH0
3 ¼ �1428kJ=mol
(3)
Step 4
 C2H4 þ 2O2 ! 2COþ 2H2O, DH
0
4 ¼ �757kJ=mol
 (4)
Step 5
 C2H4 þ 3O2 ! 2CO2 þ 2H2O,
DH0

5 ¼ �1323kJ=mol
(5)
Step 6
 COþ 0:5O2 ! CO2, DH
0
6 ¼ �283kJ=mol
 (6)
All 6 oxidation reactions are highly exothermic. Table 1 shows the
adiabatic temperature rise of each step calculated at specific reac-
tion conditions. For example, the adiabatic temperature rise for
the deep oxidation of ethane (step 2 and step 3) is about 500–
900 K, which is much higher than that for the primary dehydro-
genation reaction (step 1). [ Remark: Rows 4 and 5 of the Table 1
give the DTad for a hypothetical case in which feed contains only
feed ratios, T

3

C2H4 and O2. When the feed contains no C2H4, the temperature rise
due to secondary oxidation is smaller]. Inclusion of these highly
exothermic side reactions could render multi-tubular reactors more
difficult to control within a narrow temperature range while main-
taining desired selectivity. The equations that describe the rate
expressions of the ODHE process are listed in Section S1 of the Sup-
plementary Information. Kinetic parameters used including the pre-
exponential factor and activation energies are listed in Table S2.
These rate expressions and kinetic parameters present two key fea-
tures from the standpoint of reactor design. The oxygen order of the
primary dehydrogenation reaction (step 1) can vary from 0 to 1
depending on the oxygen partial pressure, as shown in Table S1.
More specifically, oxygen order of the primary dehydrogenation
reaction increases from 0 to 1 while oxygen order of all other reac-
tion steps remains unchanged at 0.5 as oxygen partial pressure
decreases. The differences in oxygen order indicate that ethylene
selectivity can be optimized by adjusting the oxygen mole fraction
present in the feed. Another observation is that the activation
energy of the dehydrogenation reaction (step 1) is only 89.4 kJ/mol,
30–40 kJ/mol lower than the activation energy of side reactions, as
shown in Table S2. The lower activation energy of the desired dehy-
drogenation reaction indicates that rates of total oxidation side
reactions increase significantly faster than the desired dehydro-
genation rate. Lower reaction temperatures should therefore favor
higher ethylene selectivities. Both Valente et al. (Valente et al.,
2014) and Rahman et al. (Rahman et al., 2010) have previously
observed that ethylene selectivity decreases with increasing reac-
tion temperature. These two kinetic features enable us to maximize
ethane conversion and ethylene selectivity by tuning the ethane to
oxygen ratio, space time, and bed length.

2.2. Reactor model

The characteristic inter-phase mass and heat transfer times are
calculated as follows:

smi ¼ 1
kcav

; ð7Þ

shi ¼ Cpv

hav
; ð8Þ

where kc is the gas to solid mass transfer coefficient, Cpv is the vol-
umetric heat capacity of the reaction mixture, h is the heat transfer
coefficient and av is the heat (mass) transfer area per unit bed vol-
ume. Table S3 lists typical inter-phase mass and heat transfer times
for different catalyst particle sizes and reaction temperatures. It is
found that the inter-phase mass transfer time increases from
2 ms to 65 ms when particle size increases from 1 mm to 8 mm
at 650 K. As temperature increases from 650 K to 750 K, the mass
transfer time decreases from 65 ms to 56 ms for the 8 mm catalyst
particle. Generally, inter-phase heat and mass transfer times are in
the range of 1–5 ms for the 1 mm catalyst particle - two to three
orders of magnitude smaller than the typical space times reported
in the literature for autothermal operation (0.1–1 s) (Che-Galicia
f =310 K, Ptotal=1 bar.

DTad(K)

6:1 8:1 10:1

398 323 271
585 481 407
665 548 454
770 632 533
863 707 599
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et al., 2014; López Nieto et al., 2002). The much smaller heat and
mass transfer time scales compared to space time suggest that we
can neglect heat and mass transfer limitations for catalyst particles
of size below 1 mm. Additionally, we can assume small variations in
physical properties and dispersion coefficients and simply apply
their average values in the pseudo-homogeneous model that is suf-
ficient for analyzing ignition and extinction behavior in autothermal
operation. The steady-state species and energy balances for the adi-
abatic case are given by:

s
sM;j

d2yj
dz2

� dyj
dz

þ s
XN

i¼1

tijri y
�
; T

� �
¼ 0; j ¼ 1;2; � � �N; ð9Þ

s
sH

d2T
dz2

� dT
dz

þ s
XN

i¼1

�DHr;i Tð Þ� �
ri y

�
; T

� �

< qCpv Tð Þ > ¼ 0; ð10Þ

with the boundary conditions:

s
sM

dyj
dz

¼ yj � yinj ; at z ¼ 0; ð11Þ

dyj
dz

¼ 0; at z ¼ 1; ð12Þ

s
sH

dT
dz

¼ T � Tin; at z ¼ 0; ð13Þ

dT
dz

¼ 0; at z ¼ 1; ð14Þ

where s is the space time, yj is the mole fraction of species j, z is the
dimensionless position along the reactor bed, tij is the stoichiomet-

ric coefficient of species j in reaction i, ri y
�
; T

� �
is the rate of reaction

i having unit of s�1, �DHr;i Tð Þ is the reaction enthalpy at a specific
temperature T, < qCpv Tð Þ > is the average heat capacity of the reac-
tion mixture, and sM;j and sH are the mass dispersion time of species
j and heat dispersion time, respectively. Mass and heat dispersion
times are calculated using the following equations:

sM;j ¼ L2

Deff ;j
; j ¼ 1;2; � � �N; ð15Þ

sH ¼ L2

aeff
; ð16Þ

where L is the length scale of the reactor bed, Deff ;j is the effective
mass dispersion coefficient of species j that depends on species
molecular diffusivity (calculated by the Fuller equation (Fuller,
1965)) as well as bed properties and aeff is the effective thermal dis-
persion coefficient of the catalyst bed. Detailed calculations of Deff ;j

and aeff values can be found in Sun et al. (Sun et al., 2019). Steady-
state bifurcation diagrams of this finite heat dispersion model are
computed numerically using the pseudo arc-length continuation
method through Python and Matlab. It should be noted that the
pseudo-homogeneous model analyzed here is valid only for small
particle sizes (� 1 mm) and space time exceeding about 50 ms for
which both inter and intra-particle gradients can be neglected for
the specific ODHE kinetics considered here.

3. Steady-state bifurcation analysis

3.1. Ignition and extinction behaviors

Before discussing the finite heat dispersion model, we analyze
the ignition and extinction behavior of three limiting reactor mod-
els: the long bed or plug flow reactor (PFR) model, the thin bed or
4

continuous stirred-tank reactor (CSTR) model, and the lumped
thermal reactor (LTR) model. If the heat and mass dispersion times
are much smaller than the space time (which can be realized in a
very thin catalyst bed), the finite heat dispersion model can be sim-
plified to the ideal CSTR model. The ideal PFR model can be reached
when the heat and mass dispersion times are much larger than the
space time, and this limit can be approached in a very long bed.
However, if the mass dispersion time is much larger than the space
time while the heat dispersion time is much smaller than the space
time, the finite heat dispersion model approaches the LTR model
which corresponds to perfect thermal backmixing but zero species
backmixing. Strong thermal backmixing akin to the LTR model can
be achieved either by using catalyst particles having a high thermal
conductivity or by coating the catalyst powder on a high conduc-
tivity support such as a metallic monolith. Fig. 1 compares the
bifurcation diagrams of exit temperature, exit ethane and oxygen
conversion, and exit ethylene selectivity as a function of feed tem-
perature at a fixed space time of 0.2 s and a fixed C2H6 : O2 ratio of
6 for these three limiting models. From these bifurcation results,
we observe that whereas CSTR and LTR models show a large region
of multiplicity, the PFR displays no region of multiplicity. These
results show that temperature and conversion increase or decrease
rapidly at the critical feed temperature corresponding to the igni-
tion and extinction points. Comparing the PFR and LTR curves, it
can be observed that thermal backmixing affects both the ignition
as well as the extinction point. Comparison of the LTR and CSTR
curves, on the other hand, indicates that species backmixing
shrinks the region of multiplicity, due to the fact that backmixing
lowers average reactant concentrations. For the ODHE kinetics of
relevance to our calculations, lower reactant concentrations gener-
ally mean lower reaction rates and hence a smaller region of mul-
tiplicity. Fig. 1b and 1d show that the LTR model leads to higher
ethane conversions and ethylene selectivity at the extinction point
compared to the CSTR model. As discussed in the previous section,
extremely low oxygen mole fractions (<1%) steer selectivity to COx

because the rates of the dehydrogenation reaction approach first
order behavior in oxygen, unlike the rates of side reactions that
remain half order in oxygen regardless of oxygen pressure. The
LTR model tends to have an oxygen mole fraction gradient along
the reactor bed due to lack of mass dispersion rather than main-
taining extremely low oxygen mole fraction (<1%) as in CSTR
model. Therefore, LTR model has higher ethane conversion and
ethylene selectivity than CSTR model. Another reason for the LTR
model exhibiting better performance is that negligible species dis-
persion lowers both the feed temperature as well as the extinction
temperature compared with the CSTR model. The lower operating
temperature for the LTR translates to better catalytic performance
because the activation energy of the desired dehydrogenation reac-
tion is significantly lower than those of side reactions. Generally
speaking, the optimal operating point for autothermal operation
falls on the ignited branch close to the extinction point. We note
that at this point we can simultaneously obtain almost complete
conversion of the limiting reactant (O2) as well as high ethylene
selectivity by feeding the reaction mixture at ambient tempera-
ture. Based on these considerations, the LTR model has the largest
region of multiplicity and the best catalytic performance near the
extinction point among the three ideal reactor models tested.
These ideal reactor models, however, only provide limiting behav-
ior that is challenging to replicate in practice, and hence require us
to use more realistic models such as the finite heat dispersion
model to more accurately investigate ignition and extinction
behavior, as discussed next.

Generally speaking, the optimum operating point is about
5–10 K higher than the extinction point on the ignited branch
where oxygen is nearly completely converted. In autothermal
operation, the optimum point of operation can be reached using



Fig. 1. Computed bifurcation diagrams of exit (a) temperature, (b) ethane conversion, (c) oxygen conversion, and (d) ethylene selectivity versus feed temperature for long bed
(PFR), thin bed (CSTR), and LTR models. Reaction conditions: C2H6 : O2=6, s=0.2 s.
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proper start-up procedures: the catalyst bed is initially heated to
reach the ignited branch and catalyst deactivation is avoided; feed
conditions are carefully adjusted to avoid overheating or quench-
ing of the catalyst bed (Balakotaiah et al., 2019). Fig. 2 shows igni-
tion and extinction loci in the plane of feed temperature and space
time for different C2H6 : O2 ratios calculated using the finite heat
dispersion model (for a bed length L = 4 mm). The adiabatic tem-
perature rise increases with decreasing C2H6 : O2 ratio as shown
in the Table 1. It is found that the space time at the ignition point
is very high when the feed temperature is close to ambient temper-
ature, indicating that proper start-up procedure is required to
reach the ignited branch. The region of multiplicity increases with
increasing space time or decreasing feed temperature for a fixed
feed ratio (adiabatic temperature rise). The results show that
extinction loci are more sensitive to the feed ratio than ignition
loci. Balakotaiah et al. (Balakotaiah et al., 2021) have pointed out
that the space time at the extinction point can vary exponentially
with adiabatic temperature rise (feed ratio), while the ignition
point is roughly inversely proportional to the same. These trends
in which extinction loci change significantly with feed ratio, unlike
ignition loci that are insensitive to feed ratio, result in a region of
multiplicity that expands as the feed ratio decreases. We focus only
on the extinction locus in the later discussion rather than the igni-
tion locus because the optimum operating point relates to the
extinction point. Several important conclusions can be drawn from
these calculations. The ethane boiling temperature is approxi-
mately 184 K, and therefore the feed temperature should be at
5

least that value. Moreover, the MoVTeNbOx catalyst is susceptible
to deactivation above 773 K, implying that the operating tempera-
ture must be maintained below this limit. For example, the adia-
batic temperature rise value for a feed ratio of 6 lies between
398 and 450 K depending on the product selectivity (typical ethy-
lene selectivities are greater than 90%). The upper bound on the
feed temperature will be about 350 K, indicated by the blue star
in Fig. 2. In terms of space time, the operating window at a feed
ratio of 6 lies between 0.06 and 8 s, larger than that at a ratio of
5, which ranges between 0.04 and 0.6 s. Although a lower feed ratio
leads to a smaller operating window, exit ethane conversions are
always higher. The autothermal reactor yield of this ODHE process
can be optimized using an ignition and extinction analysis by tun-
ing the space time, feed ratio, and feed temperature.

3.2. Impact of C2H6:O2 feed ratio

The pseudo homogeneous finite heat dispersion model has sev-
eral important parameters: space time, heat and mass dispersion
time (or bed length and thermal conductivity), C2H6/O2 feed ratio
(adiabatic temperature rise), and feed temperature. We first dis-
cuss the impact of the C2H6:O2 feed ratio on ignition and extinction
behavior. As mentioned earlier, a lower feed ratio means higher per
pass conversion but also higher adiabatic temperature rise values
and a larger region of multiplicity. Fig. 3 illustrates the impact of
feed ratio on exit temperature, ethane and oxygen conversion,
and ethylene selectivity at a fixed space time of 0.2 s and a bed



Fig. 2. Computed ignition and extinction loci for the finite heat dispersion model in
the plane of feed temperature and space time, the star symbols represent the upper
limit of feed temperature and the dash-dotted line represents the lower limit of
feed temperature. Calculations were carried out for a bed length of 4 mm.
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length of 4 mm. With decreasing feed ratios, the ignition point
remains almost unchanged while the extinction point moves to
much lower feed temperatures, leading to a larger region of multi-
plicity. Although the feed temperature at the extinction point is
reduced, the exit temperature still increases with decreasing feed
ratio due to higher adiabatic temperature rise values. It is also
found that as the feed ratio increases, the ethylene selectivity near
the extinction point increases while the ethane conversion
decreases, as shown in Fig. 3b and 3d. The activation energy of
the desired dehydrogenation reaction is lower than that of side
reactions, and therefore lower exit temperatures favor the desired
dehydrogenation reaction, implying that higher feed ratios (i.e.
lower exit temperatures) can yield higher ethylene selectivity. As
for ethane conversion, lower feed ratios lead to higher per pass
ethane conversion.

Fig. 3b shows that ethane conversion reaches its maximum
value at the extinction point and keeps decreasing on the ignited
branch as feed temperature increases. For the specific ODHE kinet-
ics under consideration, side reactions are favored at higher tem-
perature and extremely low oxygen concentrations, as discussed
in the Section 2. Side reactions become dominant on the ignited
branch after the extinction point, where oxygen concentrations
are very low and exit temperatures are high. Since side reactions
consume more moles of oxygen per mole of hydrocarbon than
the dehydrogenation reaction (equations 1–6) and oxygen is the
limiting reactant, the ethane conversion decreases after passing
the extinction point and finally reaches an asymptotic value (about
0.05). These decreases in ethane conversion are a direct conse-
quence of the predominance of oxygen-intensive deep oxidation
reactions on the ignited branch.
3.3. Impact of space time

The impact of space time on exit temperature, ethane and oxy-
gen conversion, and ethylene selectivity at a constant C2H6:O2 feed
6

ratio of 6 and constant bed length of 4 mm is illustrated in Fig. 4.
With space time increasing from 0.1 to 0.8 s, both ignition and
extinction points move to lower feed temperature. Since extinction
points are more sensitive to space time than ignition points, the
region of hysteresis still expands as space time increases. Large
space times strengthen thermal backmixing and favor larger
regions of multiplicity. It can be observed that exit temperatures
at the extinction point are lower at higher space times due to lower
feed temperatures. Oxygen is almost fully converted at the extinc-
tion point as shown in the Fig. 4c. Lower exit temperatures favor
the desired dehydrogenation reaction which consumes more
ethane per mole of oxygen compared to side reactions. Higher
space times therefore yield more favorable ethane conversion
and ethylene selectivity near the extinction point on the ignited
branch.

It is found, however, that the exit temperature on the ignited
branch for the same feed temperature is higher at larger space
times. Larger space times favor species back-mixing, and hence
oxygen concentrations on the ignited branch are lower, thereby
favoring side reactions to the desired dehydrogenation reaction.
As a result, side reactions become more dominant on the ignited
branch and generate more heat at higher space times.

We would like to point out that it is feasible to achieve 23%
ethane conversion and 92% selectivity with a C2H6:O2 feed ratio
of 6 and a space time of 0.2 s by feeding the reaction mixture at
310 K for this ODHE process. A feed ratio of 6 may be preferred
because it leads to a reasonable feed temperature and a low oper-
ating temperature on the ignited branch [Remark: A feed ratio of 6
is also outside of the upper flammability limit]. Feed ratios below 6
yield higher ethane conversion but bring the extinction feed tem-
perature below ambient temperature and also lead to a lower ethy-
lene selectivity. Feed ratios greater than 6 result in higher ethylene
selectivity but lower per pass ethane conversion. A high space time
such as 0.8 s decreases the feed temperature at extinction to about
270 K and achieves close to 95% ethylene selectivity and 25%
ethane conversion, but also decreases the productivity.

3.4. Impact of bed length

Mass and heat Peclet numbers represent the extent of heat and
mass dispersion within the catalyst bed, and are calculated using
the following equations:

Peeff ;m;j ¼ L < u >

Deff ;j
¼ L2

sDeff ;j
; j ¼ 1;2; � � �N; ð17Þ

Peeff ;h ¼ L < u >

aeff
¼ L2

saeff
: ð18Þ

From these equations, heat and mass Peclet numbers could
increase by a factor of 16 as bed length increases by a factor of 4
at a fixed space time. For a fixed space time, decreasing the bed
length could decrease heat and mass Peclet numbers, and therefore
approach the thin bed limit of the ideal CSTR model. On the other
hand, having a longer catalyst bed implies higher heat and mass
Peclet numbers, leading to significant axial temperature and con-
centration gradients. Fig. 5 shows the computed bifurcation dia-
grams for four different reactor lengths at a fixed C2H6 and O2

feed ratio of 6 and space time of 0.2 s. As the bed length increases
from 2 mm to 15 mm, the heat Peclet number increases from 0.02
to 1.1 while the mass Peclet number varies from 2 to 112, resulting
in weaker mass and heat dispersion. Bed length has a minor impact
on the ignition point but moves the extinction point to higher feed
temperatures, and therefore shrinks the region of multiplicity. It
can also be seen that the maximum ethane conversion and ethy-
lene selectivity are obtained at the extinction point and for the



Fig. 3. Computed bifurcation diagrams of exit (a) temperature, (b) ethane conversion, (c) oxygen conversion, and (d) ethylene selectivity versus feed temperature with
different feed ratios for the finite heat dispersion model. Reaction conditions: s=0.2 s, bed length is 4 mm.
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intermediate bed length (of 8 mm) as shown in Fig. 5b and 5d. This
is due to the relative difference in oxygen order and activation
energy between desired dehydrogenation and side reactions. As
discussed in section 2, the oxygen order of the main dehydrogena-
tion reaction shifts from close to zero order to first order as the
oxygen mole fraction decreases. According to our calculations,
keeping the mole fraction of oxygen between 1% and 10% will facil-
itate the desired dehydrogenation reaction. On the other hand, side
reactions would be favored when oxygen mole fractions fall below
1%. Since the activation energy of the required dehydrogenation
reaction is lower than those of side reactions, lower exit tempera-
tures would tend to make the dehydrogenation reaction more pre-
dominant. It can therefore be concluded that a bed with a lower
exit temperature and oxygen mole fraction (but higher than 1%)
tends to provide the highest ethane conversion and ethylene selec-
tivity. Fig. 6 illustrates the temperature, oxygen mole fraction, and
ethylene selectivity profiles at the extinction point along the cata-
lyst bed with a constant C2H6:O2 feed ratio of 6 and space time of
0.2 s. Comparing the curves for the 2 and 8 mm beds, the 2 mm bed
has very low oxygen mole fraction (below 1%) and higher exit tem-
perature along the catalyst bed, which explains the lower ethylene
selectivity as shown in Fig. 6c. Comparing the curves for the 8 and
15 mm beds, the 15 mm bed has a higher exit temperature at the
end of the reactor where side reactions rates are much higher,
resulting in a lower ethylene selectivity. We therefore observe that
the ethane conversion and ethylene selectivity decrease from 25%
to 22% and from 94% to 93%, respectively, as the bed length
7

increases from 8 to 15 mm. These results clearly demonstrate
how, for the specific ODHE kinetics under consideration, we can
achieve maximum catalytic performance by tuning oxygen con-
centration and catalyst temperature by varying reactor bed length.
4. Analysis of pressure effects

Many catalytic partial oxidation reactions such as the oxidative
coupling of methane (OCM) and ethylene oxide production are car-
ried out at elevated pressure due to economic considerations. Chen
et al. (Chen et al., 2020) pointed out that the optimum pressure
range for OCM is between 5 and 10 bar in an autothermal reactor.
Commercial ethylene oxide production is implemented in 10–15 m
long multi-tubular reactors over a silver-based catalyst at a pres-
sure of 10–20 bar (Matar and Hatch, 2001). In these reactors, there
is also a need to control per pass conversion to less than 10% and to
use several thousand tubes so that the generated heat can be
removed efficiently for these exothermic reactions at higher pres-
sures. Autothermal operation, on the other hand, allows us to cir-
cumvent this limitation because adiabatic temperature rise is
independent of pressure to a first approximation and all of the heat
generated can be removed through convection of cold feeds at high
operating pressures. Typically, we can either vary the linear veloc-
ity or the mass velocity to change the space time when operating at
high pressures. Productivity is an important factor in the scale-up
of the process and is proportional to total pressure and inversely



Fig. 4. Computed bifurcation diagrams of exit (a) temperature, (b) ethane conversion, (c) oxygen conversion, and (d) ethylene selectivity versus feed temperature at different
space times for the finite heat dispersion model. Reaction conditions: C2H6 : O2=6, bed length = 4 mm.

J. Chen, Z. Sun, P. Bollini et al. Chemical Engineering Science 273 (2023) 118649
proportional to space time. Increasing the operating pressure at the
same mass velocity could decrease the linear velocity and increase
space time. The reaction rate is normally proportional to pressure
for first order kinetics but the productivity does not change under
this circumstance. On the other hand, operating at high pressures
at a fixed linear velocity could increase the mass velocity, leading
to higher productivity. We demonstrate these two cases separately
in this section.

4.1. Fixed linear velocity

Fig. 7 shows the impact of total pressure on exit temperature,
ethane conversion, and ethylene selectivity with fixed linear veloc-
ity and constant C2H6:O2 feed ratio of 6, space time of 0.2 s, and bed
length of 4 mm. Increasing the total pressure from 1 to 10 bar
leaves the ignition temperature unaltered, while the extinction
point moves to lower feed temperatures when the pressure
increases from 1 to 5 bar and remains nearly the same for further
pressure increases from 5 to 10 bar. Two reasons can help explain
these results. For the specific ODHE kinetics under consideration,
side reactions exhibit a higher pressure dependency than the
desired dehydrogenation reaction, as can be seen from the rate
expressions in Table S1. Side reactions therefore play a more
important role and generate more heat as the total pressure
increases, leading to a larger region of multiplicity from 1 to
5 bar. The effective mass and thermal dispersion coefficients can
be calculated using the following equations:

Deff ;j ¼ Dm;j þ 0:5 < u > dp; j ¼ 1;2; � � �N; ð19Þ

aeff ¼ as;eff þ 0:5 < u > dp; ð20Þ
8

where Dm;j is the mass diffusivity of species j, < u > is the average
gas velocity, dp is the particle size, and as;eff is the catalyst bed ther-
mal diffusivity. When the particle size is smaller than 1 mm and the
space time is around 0.2 s, the second term in equations (19) and
(20) is essentially one to two orders of magnitude smaller than
the first term. Thus, heat dispersion decreases as total operating
pressure increases since heat diffusivity is almost inverse first order
in total pressure. This can help explain the fact that the region of
multiplicity stays almost the same even though a larger amount
of heat is generated as the total pressure increases from 5 to
10 bar. It can also be observed that ethane conversion and ethylene
selectivity decrease with increasing total pressure. As explained
above, side reactions are more dominant at higher operating pres-
sures and therefore decrease ethane conversion and ethylene selec-
tivity. Although higher total pressure tends to lower ethane
conversion and ethylene selectivity, we note here that the ODHE
process can still have about 20% per pass ethane conversion and
88% ethylene selectivity at a space time of 0.2 s at 5 bar.

In Fig. 8, we explore the effect of total pressure for different
reactor lengths with the same space time of 0.2 s and a C2H6:O2

feed ratio of 6. The feed temperature at the extinction point for
an 8 mm bed is higher than that for a 4 mm bed, indicating that
longer beds have weaker thermal backmixing. Therefore, the exit
temperature at the extinction point calculated as the sum of the
feed temperature and the adiabatic temperature rise is also higher
for the 8 mm bed, suggesting lower exit ethylene selectivity as
shown in Fig. 8b and 8c. It is also interesting to note that we
observe multiple ignition and extinction points for the 8 mm bed
at 5 bar as shown in Fig. 9. For an 8 mm bed, the reactor is first
ignited at around Tf = 500 K and then passes the extinction point
at around Tf = 300 K. After crossing the first extinction point, the



Fig. 5. Computed bifurcation diagrams of exit (a) temperature, (b) ethane conversion, (c) oxygen conversion, and (d) ethylene selectivity versus feed temperature with
different bed lengths for the finite heat dispersion model. Reaction conditions: C2H6 : O2=6, s=0.2 s.
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reactor can again be ignited at around Tf = 325 K and cross the sec-
ond extinction point at around Tf = 300 K. A large amount of ethy-
lene is produced on the first ignition branch at high operating
pressures. Examination of the exit product composition shows that
the second ignition and quenching behavior is caused by ethylene
oxidation because the activation energies of the ethylene oxidation
reactions (steps 4 and 5) are higher than that of the desired dehy-
drogenation reaction, but much lower than those for the deep oxi-
dation reactions (steps 2 and 3). In contrast with our previous
conclusion from Section 3.4, we note here that shallow beds are
preferred so as to avoid the shrinking of regions of multiplicity
and to ensure elimination of the second ignition and extinction
behavior.

4.2. Fixed mass velocity

Unlike the case where total pressure is increased at a fixed lin-
ear velocity, when the mass velocity is instead kept constant, space
times are proportional to the total pressure, resulting in no signif-
icant changes in productivity. Fig. 10 compares the impact of fixed
linear velocity and fixed mass velocity on feed temperature, exit
temperature, and exit ethylene selectivity at the extinction point
as a function of total pressure for a constant C2H6:O2 feed ratio
of 6 and a bed length of 4 mm. It is found that the feed temperature
at the extinction point decreases more significantly with increasing
total pressure for the case of fixed mass velocity. As discussed in
Section 4.1, the mass and thermal diffusivity exhibit nearly inverse
first order dependence in total pressure. Although mass and ther-
9

mal diffusivity decrease linearly with total pressure, higher space
times at higher total pressures can still move the extinction point
to lower feed temperatures. Exit temperatures at the extinction
point at fixed mass velocity subsequently become lower compared
to the case where linear velocity is held constant, resulting in an
increment of ethylene selectivity at the extinction point as shown
in Fig. 10b and 10c. But higher total pressures with fixed mass
velocity (i.e. higher space time) could reduce feed temperature
below the ambient temperature. For example, ensuring that the
feed temperature is higher than 200 K constrains the operating
pressure for the fixed mass velocity case to about 5 bar. Detailed
bifurcation diagrams for the fixed mass velocity case are illustrated
in Section S6 of the Supporting Information.

In order to have a better understanding of pressure effects in
terms of fixed linear velocity and fixed mass velocity, we took
P = 1 bar, s=0.2 s as the base case and increased the pressure and
space time while keeping either the linear velocity or mass velocity
constant as shown in the Fig. 11. Other parameters like the C2H6:O2

feed ratio and bed length were kept constant. As discussed above,
the mass and thermal diffusivity decrease linearly with total pres-
sure. Fixing the linear velocity leads to mass and heat Peclet num-
bers for case 2 being about 5 times higher than those for case 1,
indicating weaker mass and heat dispersion. When fixing the mass
velocity, the mass and heat Peclet numbers for case 3 are nearly
identical to those for case 1. Side reactions are more dominant at
higher operating pressures, leading to higher adiabatic tempera-
ture rise values. Although case 2 and case 3 carry the same or
higher heat and mass Peclet numbers compared to case 1, the



Fig. 6. Computed profiles of (a) temperature, (b) oxygen mole fraction, and (c)
ethylene selectivity at the extinction point for different reactor lengths. Reaction
conditions: C2H6 : O2=6, s=0.2 s.

Fig. 7. Computed exit (a) temperature, (b) ethane conversion, and (c) ethylene
selectivity versus feed temperature at different operating pressures with a fixed
linear velocity. Reaction conditions: C2H6 : O2=6, s=0.2 s, bed length is 4 mm.
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extinction point is found to occur at a lower feed temperature for
case 2 and case 3 due to the higher adiabatic temperature rise
observed at higher operating pressures as shown in Fig. 11a. Com-
paring bifurcation diagrams for cases 2 and 3, it can be observed
that both the extinction and ignition points for case 3 move to
lower feed temperatures because mass and heat Peclet numbers
for case 2 are 5 times higher than those for case 3. This helps
explain the observation that the exit temperature for case 3 at
the extinction point is lower than that for case 2, leading to higher
ethane conversions and ethylene selectivity as shown in Fig. 11b
and c. Despite the fact that case 3 has higher conversions and
selectivity, case 2 appears to lead to a much higher productivity
than case 3 due to a higher mass velocity. Finally, and crucially
in the context of commercial operation, we emphasize the fact that
the ODHE process can be operated autothermally at 5 bar with
close-to-ambient temperature feeds to achieve about 20% per pass
ethane conversion and 87% ethylene selectivity.
4.3. Comparison of multi-tubular and autothermal ODHE reactor
configurations

Traditional multi-tubular reactor designs have been extensively
discussed in the open literature. In this work, we use a global
kinetic model to compare under similar reaction conditions the
performance of multi-tubular and autothermal reactors. Detailed
10
calculations for multi-tubular reactor design can be found in sec-
tion S5 of the Supplementary Information. Figure S3 shows com-
puted temperature, conversion, and ethylene selectivity profiles
along the multi-tubular reactor. A C2H6:O2 feed ratio of 6 was cho-
sen to constrain the adiabatic temperature rise. Typical character-
istic reaction time for the ODHE process over MoVTeNbOx catalysts
was around 1 s at 593 K. Based on the hot spot criterion (Sun et al.,
2019), a space time of 3 s was used to remove most of the heat gen-
erated in the reactor. These results clearly show that operating at
large space times and high C2H6:O2 feed ratios can render ODHE
operation at atmospheric pressure using multi-tubular reactors
practicable.

Table 2 compares reactor specifications for multi-tubular and
autothermal ODHE reactors at a 1000 kT (kilo tons) ethylene pro-
duction scale. 1 in. (2.54 cm) tubes were used to minimize radial
thermal gradients and to increase the heat exchange area per unit
reaction volume. A 3 m long tube was chosen for efficient heat
removal and for maintaining a reasonable pressure drop. The
1000 kTA (kilo tons per annum) ethylene production capacity is
met using 15–20 multi-tubular reactors consisting of 20,000 iden-
tical tubes. As for the autothermal reactor, the production capacity
can be met using a bed length of only 5 cm with the MoVTeNbOx

catalyst coated or filled in the channels of a high thermal conduc-
tivity SiC substrate to increase thermal dispersion. 10–12 identical
autothermal reactors are used in the plant, and a reactor diameter
of only about 4.3 m can be used to minimize temperature patterns
(Shah et al., 2022). We find that the autothermal reactor can be
operated at a pressure of 5 bar and a space time of 0.2 s, resulting



Fig. 8. Calculated (a) feed temperature, (b) exit temperature, and (c) exit ethylene
selectivity at extinction point versus total pressure for different bed lengths with
fixed linear velocity. Reaction conditions: C2H6 : O2=6, s=0.2 s.

Fig. 9. Bifurcation diagram of exit temperature versus feed temperature for
different bed lengths for high operating pressures. Reaction conditions:
C2H6 : O2=6, s=0.2 s, Ptotal = 5 bar.
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in an almost 75 times higher productivity than the multi-tubular
reactor operating at a pressure of 1.2 bar and a space time of 3 s.
The autothermal reactor does however have a slightly lower
ethane conversion and ethylene selectivity owing to the higher
operating temperature and pressure compared to the multi-
tubular reactor. Based on our calculations, the total volume of
the autothermal reactor configuration can be as much as a factor
of 50 lower than that of the multi-tubular reactor, translating to
lower footprints and capital expenses.

4.4. Comparison of high pressure ODHE and steam cracking

At present, ethylene is exclusively produced by steam cracking
of liquid feedstock such as naphtha and gas oil or light alkanes such
as ethane and propane. The steam cracking process is highly
energy intensive, accounts for 8% of the energy usage in the chem-
ical industry, and results in 180–200 million tons of CO2 emissions
annually (Ren et al., 2006). The oxidative dehydrogenation of
ethane is considered as an alternative to the traditional steam
cracking process. We therefore compare here the performance of
an ethane steam cracker and the ODHE process implemented
autothermally over a MoVTeNbOx catalyst. Fig. 12 shows the com-
puted bifurcation diagram for exit temperature, exit ethane con-
version, and exit product selectivity as a function of feed
temperature calculated using the finite heat dispersion model. A
C2H6:O2 molar feed ratio of 4 was chosen to increase ethane con-
11
version while avoiding a high value of adiabatic temperature rise,
a space time of 0.3 s was chosen to avoid an unreasonably low feed
temperature, and an operating pressure of 5 bar was chosen to
achieve high productivity. A shallow pancake-like reactor (4 mm)
was chosen to avoid multiple ignition and extinction behavior as
discussed in Section 4.1. In the case of an ethane cracker, steam
is co-fed with ethane to supply heat for driving the endothermic
cracking reaction and to reduce the partial pressure of the hydro-
carbon (Wittcoff et al., 2012). The typical steam to ethane mass
ratio used is 0.35–0.45 kg/kg (Geem et al., 2004; Gujarathi et al.,
2009), which translates to about 40% molar dilution. Analogously,
the non-reactive nature of methane over the MoVTeNbOx catalyst
allows us to apply 40% methane dilution in the autothermal reactor
design. With all of these reaction conditions selected, the extinc-
tion point occurs at Tin = 250 K and Texit = 705 K, as shown in
Fig. 12a. The autothermal reactor configuration therefore makes
it possible to achieve about 32% ethane conversion and 88% ethy-
lene selectivity at 5 bar for ODHE.

Table 3 presents a comparison of reaction conditions and cat-
alytic performance for an ethane cracker and the ODHE process.
Typical temperatures for ethane crackers range from 750 to
850 �C, much higher than the operating temperature of the ODHE
process which ranges between 350 and 450 �C. Further, the ODHE
process can be operated at a pressure of 5 bar and a space time of
0.3 s, thereby achieving a twofold higher productivity compared to
the ethane cracking process operated at a pressure of 1–1.2 bar and
a space time of 0.1–0.4 s. We also note that the ODHE process can
achieve about 32% ethane conversion and 88% ethylene selectivity
when using an autothermal reactor, similar to the 50% ethane con-
version and 80% ethylene selectivity typically achieved through
ethane cracking. Not only is ethane cracking highly expensive also
carbon-intensive owing to the fact that the endothermic nature of
the process results in a large amount of carbon dioxide production
from fuel combustion in the pyrolysis section (Mynko et al., 2022).
In contrast with steam cracking, autothermally operated ODHE cir-
cumvents the need for external heat supply in the reactor and only
generates approximately 0.77 kg CO2/ kg ethylene due to the



Fig. 10. Comparison of impact of fixed linear velocity and fixed mass velocity on (a)
feed temperature, (b) exit temperature, and (c) exit ethylene selectivity at the
extinction point with different total pressure when using the finite heat dispersion
model. Reaction conditions: C2H6 : O2=6, bed length is 4 mm.

Fig. 11. Computed exit (a) temperature, (b) ethane conversion, and (c) ethylene
selectivity versus feed temperature for three different cases. Case 1: P = 1 bar,
s=0.2 s, Case 2: P = 5 bar, s=0.2 s, Case 3: P = 5 bar, s=1.0 s. Reaction conditions:
C2H6 : O2=6, s=0.2 s, bed length is 4 mm.

Table 2
Overview of multi-tubular and autothermal reactor operating conditions for a 1000
kTA ethylene production scale.

Multi-tubular reactor Autothermal reactor

Parameters Value Parameters Value

Tube diameter 1 in. Reactor diameter 4.3 m
Number of tubes 20,000 Reactor length 5 cm
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exceptionally high selectivity of the MoVTeNbOx catalyst, a carbon
footprint that is 20% smaller than the 1.0 kg CO2/kg ethylene pro-
duced when using the steam cracking process. More importantly,
the CO2 generated in the high pressure autothermal operation
can be more easily captured and segregated.
Tube length 3 m Number of reactors 10–12
Space time 3.0 s Space time 0.2 s
Number of reactors 15–20 Temperature 683–703 K
Temperature 583–593 K Pressure 5 bar
Pressure 1.2 bar Ethane conversion 20–23 %
Ethane conversion 25–28% Ethylene selectivity 86–90%
Ethylene selectivity 95–97%
5. Summary and discussion

The main contribution of this work is the detailed analysis of
ignition and extinction behavior of an ODHE reactor and an illus-
tration of the feasibility of autothermal operation based on a pre-
viously developed global kinetic model over a MoVTeNbOx

catalyst. A second contribution is the demonstration by calculation
that it is possible to operate the ODHE process at higher pressures.
A third contribution is the comparison of the performance of an
ODHE process implemented in an autothermal reactor to that of
conventional steam cracking. We have shown that it is possible
to operate ODHE autothermally using a thin bed (less than
10 mm) in the pseudo-homogeneous limit at a space time of
0.2 s and a C2H6:O2 feed ratio of 6 at high pressures (5 bar). This
leads to an ethane conversion of about 20–30% and an ethylene
selectivity of about 85–95% depending on the operating tempera-
ture ranging between 650 and 750 K. The feed ratio of C2H6:O2 is
selected as 6 because higher feed ratios lead to lower ethane con-
version and lower feed ratios lead to higher adiabatic temperature
12
rise values, thereby lowering ethylene selectivity. The autothermal
reactor design presented here is also sensitive to space time. We
choose 0.2 s as the space time to make the extinction point close
to ambient temperature while also simultaneously maintaining
high productivity. Based on the kinetic model applied to the M1
phase catalyst, we can tune the bed length to change the temper-
ature and oxygen concentration profiles along the catalyst bed
such that there exists an optimum bed length of 8 mm to maximize
ethane conversion and ethylene selectivity. We also investigated
the effect of pressure on ignition and extinction behavior for cases
where linear velocity and mass velocity were kept fixed. In the case
of fixed linear velocity, although increasing the pressure expands



Fig. 12. Computed exit (a) temperature, (b) ethane conversion, (c) ethylene selectivity, and (d) COx selectivity versus feed temperature calculated using the finite heat
dispersion model. Reaction conditions: C2H6 : O2=4, s=0.3 s, Ptotal = 5 bar, bed length = 4 mm, 40% methane dilution.

Table 3
Comparison of ethane cracking and ODHE processes in an autothermal reactor.

Conditions Ethane Cracker ODHE

Temperature, K 1000–1200 (Matar and Hatch, 2001) 620–720
Pressure, bar 1–1.2 (Matar and Hatch, 2001) 5
Space time, s �0.1–0.4 (Ranjan et al., 2012; Wittcoff

et al., 2012)
0.3

Ethane conversion, % �50 (Sabbe et al., 2011) 32
Ethylene selectivity, % �80 (Sabbe et al., 2011) 88
Dilution, % 40 (steam) (Geem et al., 2004) 40

(methane)
CO2 emission, kg CO2/

kg C2H4

�1.0 (Ren et al., 2006) �0.77
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the region of multiplicity, the ethane conversion and ethylene
selectivity both drop because side reactions become more domi-
nant at higher pressures. Furthermore, thinner beds favor higher
ethane conversion and ethylene selectivity for high pressure oper-
ation and can avoid the existence of multiple ignition and extinc-
tion behavior. As for the case of fixed linear mass velocity, higher
pressures can enlarge the region of multiplicity while still main-
taining similar ethane conversion and ethylene selectivity. This is
because the feed temperature at the extinction point is much lower
than ambient temperature at high pressure and therefore the oper-
ating temperature is also lower. However, it is not practical to feed
reactants below 200 K. Besides, we compared the performance of
multi-tubular and autothermal reactors for the ODHE, and found
that autothermal reactors can be 50 times smaller than multi-
tubular ones with similar ethane conversion and ethylene selectiv-
13
ity. Lastly, the ODHE process can be operated at higher pressures
(5 bar) and still enable 32% ethane conversion and 88% ethylene
selectivity, similar to the performance noted in the ethane cracking
process. In contrast with the autothermal reactor, ethane cracking
can be only operated at lower pressures (1–1.2 bar) at a space time
of 0.1–0.4 s, thereby resulting in lower productivity. Additionally,
the ODHE process does not need any external heat supply from
burning fuel and is thus more economically and environmentally
viable.

We now discuss some limitations and possible extensions of the
results presented here. For example, we only consider the pseudo-
homogeneous finite heat dispersion model by assuming that the
particle size is below 1 mm, which may result in a high pressure
drop along the length of the bed. A detailed two-phase finite axial
and radial heat dispersion model may be used in future work to
investigate ignition and extinction behavior of the autothermal
reactor. In addition, in this work we ignored the variation of the
physical properties as well as any instability problems caused by
coupling between energy and momentum balances (Agrawal
et al., 2007). Therefore, extension of these results to 3D models will
be of interest in future work.
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