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valorization of shale resources

Zewei Chen,"2 Yiru Li,"2 Wasiu Peter Oladipupo,’ Edwin Andres Rodriguez Gil," Gary Sawyer,’
and Rakesh Agrawal’3*

SUMMARY

In the past 2 decades, natural gas flaring and venting have increased
due to the lack of transforming or transportation infrastructure in
emerging shale-gas-producing regions. To reduce carbon emissions
and wastage of shale resources, here, we report an alternative pro-
cess hierarchy for natural gas liquid (NGL) to liquid fuel processes,
which enables efficient valorization of shale resources on a small
scale near the wellhead. While the conventional shale gas process
follows a front-end separation, NGL activation, NGL upgrading hier-
archy, our process introduces a hierarchy of NGL activation, NGL up-
grading, back-end separation. This proposed hierarchy intensifies
and simplifies the entire process by eliminating repeated or unnec-
essary unit operations and associated equipment. We illustrate the
benefit of the proposed process hierarchy through synthesis, simu-
lation, and analysis of an exemplary process via dehydrogenation
followed by oligomerization. For small-scale plants, detailed simula-
tion and economic analysis demonstrate this process to be econom-
ically attractive.

INTRODUCTION

Shale gas has significantly transformed the energy landscape in the United States.
However, processing shale gas at remote locations is still challenging due to the
lack of transportation infrastructure.”” Some remote shale basins remain unex-
ploited, and even worse, large amounts of associated gas are directly flared on-
site,> which contributes toward the wastage of shale resources and increased
greenhouse gas emissions. Economical valorization of remote shale basins is also
hindered by the current low price of natural gas and natural gas liquids (NGLs) in
the market.®” NGLs, which mainly consist of light hydrocarbons such as C,Hs,
CsHsg, and C4H10, can serve as high-value feedstock for chemicals and fuels. Howev-
er, the market prices of these alkanes are low as their production gradually
overwhelmed their domestic consumption after the shale gas boom.” Therefore,
economic strategies for small-scale on-site transformation of NGLs are needed for
remote shale basins.

One promising route to valorize remote NGLs is converting NGLs into value-added 1Davidson School of Chemical Engineering

and easy-to-transport liquid fuels.? It not only increases product market value but it Purdue University, West Lafayette, IN 47906, USA
also relaxes transportation infrastructure requirement constraints, as liquid fuels can 2These authors contributed equally

be easily transported by rail or truck. A modular plant designed near shale and other 3 ead contact

natural gas gathering stations would be a perfect option for this application. Gas *Correspondence: agrawalr@purdue.edu

gathering stations typically gather shale gas from 2 to 5 wellheads and their https://doi.org/10.1016/j.xcrp.2021.100581
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Figure 1. The conventional and alternative process hierarchy

(A) The conventional processes consist of NGL recovery and fractionation, steam cracking, catalytic dehydrogenation, and downstream processes. They
follow a front-end separation, NGL activation, NGL upgrading hierarchy.

(B) The proposed process consists of thermal dehydrogenation, catalytic oligomerization, and back-end separation. It follows a NGL activation, NGL
upgrading, back-end separation hierarchy.

flowrates are ~10 million standard cubic feet per day (MMSCFD) containing 1-4
MMSCFD NGLs. Due to limited allowable capital expenditure, processes designed
at such a small scale must be highly intensified and simplified.

The shale gas industry typically follows a front-end separation, NGL activation, NGL
upgrading hierarchy to process NGLs. Existing processes in the literature, although
making significant progress in process intensification (Pl) and simplification, still
exclusively follow the same hierarchy.” ' As shown in Figure 1A, the front-end sep-
aration section includes NGL recovery, whereby methane and NGLs are separated

'3 and a fractionation train, where individual

through a cryogenic demethanizer,
NGL component streams are recovered through a series of distillation columns.
The main use of NGL components is to produce olefins, which are crucial building
blocks for polymers, lubricants, fuels, and so forth. Therefore, the NGL activation
section activates these NGL components into their corresponding olefins. Steam
cracking and catalytic dehydrogenation are two major technologies used in this sec-
tion."*"> While steam cracking of C,-C, light hydrocarbons produces almost exclu-
sively ethylene, the catalytic dehydrogenation of propane and butane selectively
produces propylene and butene, respectively.'® The conversion of NGL compo-

nents into olefins is an activation step in the sense that a double bond is introduced
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into the molecule and various subsequent reactions could be conducted through the
resulting double bond. The olefins produced can be then upgraded into valuable
products in the downstream NGL upgrading section. This conventional NGL pro-
cessing network consists of several well-known complex steps such as cryogenic sep-
aration, steam cracking, and catalytic dehydrogenation. These unit operations are
not economically attractive for a small-scale plant. Furthermore, the composition
of shale gas varies spatially and temporally from well to well, especially the CyH,,
C3He, C3Hg, and C4H1q relative concentration. When processed on a small scale,
namely, at the scale of a gas gathering station, it is challenging to mitigate the
composition variation by simply mixing the gas from several wells. If complicated
processing steps such as cryogenic separation are used, then sizing of equipment
and rigorous operation will become difficult for varying stream compositions. There-
fore, simplified processes with less complicated unit operations are needed to make
the process economically attractive; at the same time, such processes should
tolerate the relative composition variation of C;He, C3Hg, and C4H1q in the shale
gas stream.

In this work, an alternative process hierarchy to NGL activation, NGL upgrading,
back-end separation is created (Figure 1B). This process hierarchy distinguishes
our work from all previous Pl studies on this topic in the literature, which have
focused mainly on combining two or more adjacent unit operations into one unit
operation, such as using thermal coupling and dividing wall configurations to
achieve the recovery and fractionation of NGLs,'®"” and using a membrane reactor
for steam cracking and catalytic dehydrogenation.'®'? Furthermore, all of these
literature studies still stick to the conventional process hierarchy, while the process
hierarchy in our work opens up an unprecedented opportunity to intensify the entire
NGL to the liquid fuel process. Although several systematic approaches for PI, which
are not limited to shale gas valorization, such as the building block-based optimiza-
tion method?®~?? and the phenomena-based method,”**° have been proposed and
successfully applied to many applications, the process hierarchy proposed in this
work has not been identified previously. The proposed process hierarchy is applied
to an exemplary process via dehydrogenation followed by oligomerization and re-
sults in much simpler and intensified process configurations. The simplified process
configurations are demonstrated, through detailed process simulation and eco-
nomic analysis, to be economically attractive for small-scale installations.

RESULTS

NGL process development using alternative hierarchy

As shown in Figure 1, the process hierarchy introduced in this work for NGL-based
processes includes three sections: NGL activation, NGL upgrading, and back-end
separation. In such a hierarchy, the entire shale gas stream, without any front-end
separation, is directed to an NGL activation section. The activated NGL is sent to
the NGL upgrading section for production of desired products. All of the necessary
separations, including separation of methane, unreacted NGL components, and
synthesized products, are at the back end of the process. Although our hierarchy
has the potential for application to many gas-to-liquid processes, a specific process
route via dehydrogenation (NGL activation) and oligomerization (NGL upgrading) is
chosen as an example in this work to better illustrate the benefit of the proposed hi-
erarchy. The low-cost process developed via this route consists of three sequential
processing blocks: dehydrogenation, oligomerization, and liquid hydrocarbon re-
covery. These three processing blocks are described in sufficient detail in the next
few subsections.
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Figure 2. Two processes with the proposed hierarchy
(A) Process |, the configuration with a high-pressure dehydrogenation reactor operated at 6 bar.
(B) Process Il, the configuration with a low-pressure dehydrogenation reactor operated at 2 bar.

Two configurations with different dehydrogenation reactor pressures are simulated,
which are called process | and process Il for the high-pressure and the low-pressure
case, respectively (Figure 2). The process feed is taken to be 10 MMSCFD shale gas
from the Bakken field at 30 bar and ambient temperature. Its composition is listed in
Table 1. The Bakken field is of special interest since its shale gas has a high NGL con-
centration, the wells are in a remote location, and there is substantial flaring.?® Gen-
eral simulation assumptions are described in Table S1.

In our example processes shown in Figure 2, thermal dehydrogenation is adopted
for NGL activation. Dehydrogenation is generally operated at high temperature
and low pressure to achieve high equilibrium conversion and selectivity toward
dehydrogenation,?’ instead of cracking. The conventional cracking process intro-
duces steam as a diluent to the cracker, but equipment associated with steam
handling, including water conditioning for steam generation, water boiling, steam
superheating, and steam condensation, contributes significantly to the process
complexities and the process costs.”* % Similar to the steam, other gases can
be introduced to the dehydrogenation reactor as diluent gas. For example, the
introduction of CHa, Ny, or Hj to the feed of a catalytic propane dehydrogenation
process has been suggested by Leonard et al.*’ Sundaram and Fernandez-Bau-
28 studied the effect of the addition of CH, and H, to an ethane cracker.
Gami®® recycled the light-reaction products for the cracking of ethylbenzene to
styrene. However, the intentional introduction of diluents requires additional

jin

equipment to separate these diluents. These complex designs are unlikely to
be economically attractive on a small scale, as the allowable capital expenditure
is limited.
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Table 1. The representative shale gas conditions of Bakken field

Component CH, CuHs C3Hg CsH1o CsHa2 CO, N2

Composition mol% 57.81 19.98 11.35 3.79 1.26 0.57 5.22

The mole concentrations of CHa, CoHg, C3Hg, CaH1o, CsHiz, CO», and N, are listed.

In process | and process Il configurations, the treated shale gas, which is free of acid
gases and other undesirable components, is directly fed to a dehydrogenation
reactor without any preseparation of CH, from NGLs. Since NGLs are already diluted
with CHy in the shale gas stream, high conversion and selectivity can be achieved
without introducing extra diluents such as steam and the associated process
equipment for its handling. Furthermore, since thermal dehydrogenation is usually
accompanied by cracking, which generates CHy as a by-product,®?** an additional
demethanizer unit following dehydrogenation is necessary. This demethanizer is a
duplication of the front-end demethanizer if CH, is separated from NGL before
dehydrogenation as in the conventional process hierarchy. Therefore, using CHy4
as a "natural” diluent that is already present in the shale gas dramatically simplifies
the process by eliminating duplicated CH4/C5.. separation. Lower energy consump-
tion is achieved by reducing energy-intensive distillation, and lower capital expendi-
ture is realized by using fewer pieces of equipment.

The dehydrogenation reactor is operated at 850°C to achieve a reasonably high
conversion of ethane. Two operating pressures, 6 bar and 2 bar, are chosen to
represent a high-pressure case process | (Figure 2A) and a low-pressure case pro-
cess Il (Figure 2B), respectively. In process |, the partial pressure of Cy., is ~2 bar,
which is at the upper limit of the applicable pressure of the kinetic model devel-
oped by Sundaram and Froment®, while the total pressure is ~6 bar. In process
1, the total pressure of the dehydrogenation reactor is 2 bar, but the partial pres-
sure of Cy, is much lower (0.8 bar), leading to high equilibrium conversion and
selectivity, as dehydrogenation favors low pressure. However, compared to pro-
cess |, this process requires one more compression stage to compress effluent
stream back to high pressure for oligomerization. Because of the competing eco-
nomic trade-offs, without detailed simulation and economic analysis of both cases,
it is not possible to tell which operating pressure is more beneficial. Hence, both
cases are simulated and analyzed in this work. A further description of the com-
bined kinetic model is given in Note S1.

In both cases, the outlet stream of the thermal dehydrogenation reactor contains
exclusively Hp, CHy, Cp, Hg, and CyHy, with few C3 or C4 hydrocarbons (see Ta-
bles S2 and S3 for stream composition), which indicates that the predominantly
produced olefin from the thermal dehydrogenation is ethylene. Simulations are
performed on three different feed compositions from Bakken, Eagle Ford, and
Barnett, representing rich, medium, and lean shale gas compositions as shown
in Table S9. The C,H, conversions are 77.5%, 79.7%, and 84.8%; the Cz, conver-
sions are >99%. While the ratio of C,:Cz, varies between these feeds, the conver-
sion of Cs, from the dehydrogenation reactor exceeds 99% for all 3 cases, and
the predominant olefin product in each case is ethylene (Table S10). This implies
that the dominant olefin feed to the downstream oligomerization reactor will be
somewhat insensitive to the relative quantities of various hydrocarbons in the
C,. fraction of the shale gas feed. This could serve as a method to overcome
feed composition variations at small-scale shale gas processing. This is another
advantage of our process hierarchy over the conventional one for small-scale
installation.
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A furnace with no convection section is used as the dehydrogenation reactor in our
proposed processes. A conventional steam cracking furnace consists of a convection
section and a radiation section.**** The convection section houses complex heat
exchanger networks to recover heat in the effluent gas and generate steam for the
rest of the plant, while the radiation section provides high-temperature heat directly
to the steam cracker. In our proposed processes, however, the only heating needs
are the preheating of dehydrogenation feed and the heat of reaction required in
the dehydrogenation reactor. As shown in Figure 2, the shale gas feed is preheated
against the effluent stream S2 from the dehydrogenation reactor (unit 3), and the
heat of reaction required is supplied by the radiation section of the furnace. No
steam is needed for other parts of the process, and the convection section is no
longer needed in the furnace. Therefore, the furnace without convection section
has simplified heat management of the process and further reduces the capital
cost. The furnace is primarily fueled by the Hy-rich stream from the membrane
(unit 31) to reduce carbon emissions.

Due to the exothermic character of the oligomerization reaction, efficient removal of
heat from the reactor to maintain the reaction temperature is the key to a low-cost
oligomerization design. In our proposed processes, a five-stage adiabatic reactor
sequence with intermediate air cooling is used for oligomerization. The temperature
is maintained at 200°C-250°C in all of the reactor stages and the pressure is ~30 bar
to achieve a high conversion. Different from typical oligomerization reactors, which
take pure olefin as feed and require a paraffin/olefin separation before the

reactor,37'38

our oligomerization reactor sequence directly takes the entire outlet
stream of dehydrogenation without paraffin/olefin separation or hydrogen removal
before the reactor. As a result, paraffins and H; in the feed can serve as thermal mass

and mitigate the temperature increase in the reactors.

It is worth noting that the new process flowsheets in Figure 2 require a Hp-tolerant
catalyst. Although some lab work has shown evidence that the oligomerization cata-
lyst can be Hj tolerant,®” industrial application of such a catalyst requires further in-
vestigations and experiments. Therefore, although our work highlights the possible
benefits that would result from the availability of such oligomerization catalysts, we
provide an alternative flowsheet in Figure S1, whereas H; is removed through a H;
membrane before the oligomerization in case such a catalyst is economically not
available.

The liquid hydrocarbon recovery system is aimed at separating the outlet stream of
the oligomerization reactor into three portions: a fuel gas stream containing Hy, Ny,
and CHy; a recycle stream containing unreacted NGLs and their unconverted olefin
derivatives; and a liquid fuel product stream containing liquid hydrocarbons. The
new process hierarchy has delayed all of the separation steps to the end of the pro-
cess. We take advantage of this fact to create a simple yet powerful separation sys-
tem using the liquid product as a separating agent.

The outlet stream S3 from the oligomerization reactor contains CHy, Hy, NGL, NGL's
olefin derivatives, and Cs. liquid hydrocarbons. This stream is cooled to —20°C and
sent to an absorption column (unit 21 in Figure 2A and unit 23 in Figure 2B), where a
portion of the liquid product is used as the absorbent. We adjust the liquid flowrate
at the top of the absorption column to ensure high recovery of not only liquid hydro-
carbons in the gas stream but also all of the light components starting from Cy. This
results in the absorption of a portion of CH, into the liquid phase leaving the bottom
of the absorption column. The overhead gas stream S4 from the top of the
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absorption column, which mainly contains CHy4, Hy, and Ny, is sent to the H, mem-
brane unit (unit 31). The liquid stream S5 from the bottom of the absorption column
is flashed to ambient pressure through a valve. Then, the stream is heated against a
portion of the product stream S6 and the oligomerization outlet stream S3 to a tem-
perature specified for the storage of liquid hydrocarbon product. Stream S8 is a two-
phase stream at ambient pressure and it is separated into a gas stream S7, which is
compressed and recycled to the entrance of the dehydrogenation reactor and a
liquid product stream in the flash drum (unit 24 in Figure 2A and unit 26 in Figure 2B).
A portion (94%) of the liquid product stream Sé from the flash drum is cooled and
sent to the top tray of the absorption column as the absorbent and the rest of the
product is collected as the final liquid hydrocarbon product. Key stream information
in the process is summarized in Tables S2 and S3.

Back in the 1970s, NGL recovery from natural gas was historically achieved through
an absorption process wherein NGL is absorbed into a liquid phase by contacting
the shale gas with a refrigerated lean oil (average mol wt 100-150).%%*" Although
our processes use a similar absorption process to achieve CH4/C,. separation, there
are 3 major new features of our process when compared to the conventional lean oil
absorption process, providing its great economic and operability benefits. First, our
process uses part of the liquid hydrocarbon product as absorbent. Conventional
lean oil absorption process is very difficult to operate, as the lean oil deteriorates
with time and it is difficult to predict the efficiency at removing liquids from the
gas. The deterioration of the absorbent is no longer an issue in our process, as a
portion of the absorbent is constantly replaced by the new liquid product. Second,
the process allows part of the CH, to be absorbed into the liquid phase to enhance
the recovery of C;H, and CyHa. The conventional lean oil absorption process can
only achieve 40% recovery of C, H to avoid significant absorption of CH, into the
liquid phase.*” In our process, absorbing a portion of CH, into the liquid phase is
no longer a hurdle because the absorbed CHy, along with other absorbed light hy-
drocarbons, is recycled back to the entrance of the dehydrogenation reactor. In
other words, rather than pursuing a CH4/C;, separation, a much easier CH,/
(CH4,Cy4) separation is achieved for the purpose of our process. Third, the process
does not need a distillation column to regenerate the liquid product. In the conven-
tional lean oil absorption process, a distillation column is needed to vaporize all of
the absorbed NGL and regenerate lean oil, which makes the process energy inten-
sive and leads to significant deterioration of the absorbent. However, in our process,
the liquid from the absorption column passes through a valve and a heat exchanger
to condition the liquid product for ambient storage; then, a simple flash drum is suf-
ficient to regenerate the absorbent.

The gaseous stream S4 from the top of the absorption column is mainly a mixture of
CH, and H,. This stream cannot be transported through natural gas pipelines as it
has a low volumetric heating value due to the presence of H,. Hence, a membrane
unit is needed to remove H,. In processes | and Il, the membrane unit separates the
feed into a CHy-rich stream containing only 1% H, and another Hy-rich stream con-
taining ~70% Hy. This Hy-rich stream, which cannot be transported as a by-product
due to limited pipeline facilities, is directly used as the fuel to the dehydrogenation
furnace. A detailed description of this membrane model may be found in the Supple-
mental experimental procedures.

Benefits over the benchmark process
To establish a fair comparison, a benchmark process is simulated and analyzed us-
ing the same models and assumptions as our new processes. This benchmark
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Figure 3. Benchmark process Il
The benchmark process consists of methane removal, dehydrogenation, hydrogen removal, oligomerization, and liquid hydrocarbon recovery. It
follows the conventional process hierarchy.

process is adapted from the work by Ridha et al.? (see Note S3 for a detailed syn-
thesis procedure). The benchmark process follows a conventional hierarchy of
front-end separation, NGL activation, NGL upgrading (see Figure 3). This process
consists of five sequential processing blocks: methane removal, dehydrogenation,
hydrogen removal, oligomerization, and liquid hydrocarbon recovery, and it is
called process lll for reference. Similar to most of the conventional processes,
shale gas first passes through a cryogenic demethanzier, in which CH, is removed
from C,. NGL. NGL from the demethanzier is then sent to a steam cracker oper-
ated at 2 bar. The steam:hydrocarbon mass ratio is 1:3. The same kinetic model as
our new processes is used in the simulation of the steam cracker. The outlet stream
of the dehydrogenation reactor is then compressed and sent to a membrane sep-
aration unit to separate H,. The permeate stream of the membrane unit is
collected as a Hy-rich by-product and used as the fuel to the steam cracker. The
retentate side stream, which contains dehydrogenated olefin products and uncon-
verted NGLs, is sent to the oligomerization reactor in which part of olefins is con-
verted into liquid hydrocarbons. This oligomerization reactor uses the same
RGibbs model in Aspen Plus as our proposed processes. The outlet stream of
this oligomerization reactor is then sent to the liquid hydrocarbon recovery unit
in which the unconverted gas stream is separated from the liquid hydrocarbon
product and recycled back to the front-end demethanizer. The stream information
of this process can be found in Table S4.

The performance of these three processes is summarized in Table 2. The definitions
of performance metrics are described in the Supplemental experimental proced-
ures. The benchmark process Il produces 4,659 kg/h liquid fuel, while our processes
| and Il produce 4,999 kg/h and 5,268 kg/h liquid fuel, which are 7.3% and 13.1%
higher than process lll, respectively. The average molecular weights of the final
products are 147.7, 148.4, and 149.7 for processes |, Il, and lll, respectively, which
lie between the molecular weights of gasoline (~ 95) and diesel (~200). Either gas-
oline or diesel may be targeted with specific catalysts and operating conditions. Pro-
cess |ll has a significantly higher pipeline natural gas production rate (7,300 kg/h)
than processes | and Il (6,618 kg/h and 6,336 kg/h, respectively), mainly due to
the fact that the conventional demethanzier only has 90%-95% recovery of NGL,
leaving the remaining 5%-10% NGL in the natural gas stream. The higher heat
values (HHVs) of the natural gas stream produced in processes |, Il, and Ill are 957,
955, and 993, respectively, which are higher than the minimum HHV requirement
of pipeline natural gas.

8 Cell Reports Physical Science 2, 100581, October 20, 2021
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Table 2. Performance summary of processes |, II, and Il

Flowsheet Units Process | Process Il Process llI

Feed and product

Feed flowrate kg/h 12,370 12,370 12,370
Liquid fuel flowrate kg/h 4,999 5,268 4,659
Liquid fuel average molecular weight g/mol 147.7 148.4 149.7
Pipeline natural gas flowrate kg/h 6,618 6,336 7,300
Natural gas higher heat value BTU/SCF 957 955 993
Dehydrogenation

Yield toward olefins per pass % 58 61 57
CHa:H; production ratio - 1.09 0.77 0.96
Oligomerization

Conversion % 89.1 89.1 89.9
Number of reactor stages - 5 5 8

Liquid hydrocarbon recovery

Cy. losses to gaseous streams % 4.3 4.3 14.8
Overall C,, losses % 29.0 25.2 33.9

Important performance metrics of the flowsheets, including feed and product flowrates, liquid fuel

average molecular weight, natural gas higher heating value, yield toward olefins per pass and CH4:H; ra-
tio in dehydrogenation, conversion, and number of reactor stages in oligomerization, C,. losses to
gaseous streams and overall Cy, losses are listed. SCF, standard cubic feet.

Chemkin simulations show that processes |, Il, and Il have 58%, 61%, and 57% yield
toward olefins in dehydrogenation reactor, respectively (Table 2). The CH4:H; pro-
duction ratio, which is an indicator for the selectivity of the reactor, is 1.09, 0.77,
and 0.96 for processes |, Il, and Ill, respectively (see Supplemental experimental pro-
cedures for the definition of the CH,:H; production ratio). A higher CH4:H; produc-
tion ratio indicates a lower selectivity. Since there is a trade-off between the selec-
tivity and conversion as residence time varies, the dehydrogenation reactors are
operated at such residence times that the yields of olefins per pass are maximized.
Itis worth noting that the yield of olefins in process II, which has a low partial pressure
of C,., is 5% higher than the benchmark process and that the CH4:H; production ra-
tio of this process is also much lower, leading to reduced C,, losses.

Resulting PI

Plis a design concept that offers innovative solutions for making a substantial improve-
ment in terms of cost, energy efficiency, emission, environmental footprint, processing
volume, and safety of a chemical process.”” In this section, we discuss the Pl resulting
from the alternative process hierarchy and how it reduces the number of pieces of
equipment and enhances operability of the process, and consequently, lower process
cost. Different from most of the Pl studies in the literature, which focus on developing
new technologies or combining adjacent unit operations into one piece of equipment,
Plin our work is achieved by eliminating unnecessary or repeated unit operations. This
simplification strategy minimizes the number of pieces of equipment, and conse-
quently reduces capital costs and enhances the operability, which is especially benefi-
cial for a small-scale installation with limited capital expenditure.

Table 3 summarizes several key unit operations in the conventional process, and
their corresponding Pl strategy in our new processes. In the front-end separation
step, the energy- and capital-intensive cryogenic demethanzier is eliminated
(a typical demethanizer configuration can be found in Figure 3). This elimination
not only simplifies the process by reducing the number of unit operations but it
also increases the operability of the process, as the process becomes insensitive

Cell Reports Physical Science 2, 100581, October 20, 2021 9
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Table 3. Unit operations in the conventional process scheme and their corresponding Pl in the
alternative processes (Figure 2)

Unit operations Pl

Front-end separation

Cryogenic demethanizer eliminated

NGL activation

Water conditioning and generation eliminated

Steam cracker simpler thermal dehydrogenation
Furnace convection section eliminated
Post-reaction demethanizer eliminated

Post-reaction dehydration eliminated

NGL upgrading

Oligomerization reactor temperature increase is mitigated

Liquid hydrocarbon recovery

Lean oil absorption use of product liquid

Pl includes both the elimination and simplification of some unit operations. P, process intensification.

to the relative quantities of various hydrocarbons in the Cy.. fraction of the shale gas
feed. In the NGL activation step, a thermal dehydrogenation reactor with CH, as
diluent is used to activate NGLs into olefins. Steam, which is the diluent in the con-
ventional steam cracker, is no longer needed to reduce the partial pressure of C,.. in
the thermal dehydrogenation reactor. This means that all of the equipment associ-
ated with water conditioning and steam generation, as well as post-reaction dehy-
dration, is eliminated. The convection section of the furnace is also eliminated to
further reduce the capital cost. In the NGL upgrading step, the operability of the
oligomerization reactor is enhanced due to the presence of CH, and H; as thermal
mass that can mitigate the adiabatic temperature increase. The oligomerization re-
actors in processes | and Il have 5 stages, while the oligomerization reactor in pro-
cess lll without H, and CHy4 needs 8 stages to maintain the same temperature range
using adiabatic packed bed reactors. The proposed process hierarchy not only elim-
inates any prior separation but it also facilitates heat management around the reac-
tors. In the liquid fuel recovery step, an absorption column with a portion of the
product as absorbent is used to recover Cy.. from the effluent stream of the oligo-
merization reactor. When compared with the conventional cryogenic demethanizer,
the capital cost is dramatically decreased (see Figure 4 and Tables S6-S8 for capital
costs). When compared with lean oil absorption, not only is the equipment count
reduced by eliminating the external absorbent and the regeneration tower but
also the operability of the process is enhanced as constant replenishment of the
absorbent with the new liquid product resolves issues associated with the deteriora-
tion of an absorbent in a closed loop.

Economic analysis

For capital costs estimation, equipment sizes are prepared following the sizing basis
listed in Table S5. We caution readers that capital costs estimation in Aspen Plus is
only preliminary and should be followed with a detailed analysis before the execu-
tion of a project. Hence, it is unfair to compare the cost estimation in this article
with the cost data of any licensed processes. However, the use of capital costs esti-
mation in Aspen Plus provides us a consistent basis to compare alternate processes
as well as assess the potential of a new process.

Figure 4 shows the cost breakdown of process |, process Il, and process lll. The total
capital expenditure (CAPEX) of process | and process Il are $24 million and $25 million,
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Figure 4. Cost breakdown of process I, process Il, and process Ill shows that processes | and Il have lower costs than process Il
The blocks with solid colors represent the equipment purchase cost for different pieces of equipment, including demethanizer, thermal

dehydrogenation reactor (dehydrogenation), oligomerization reactor (oligomerization), compressors, heat exchangers, and other equipment. The
blocks with patterns represent the installation cost, engineering cost, indirect cost, other project cost, and contingency.

respectively. As a comparison, the CAPEX of process Il is $35 million. Process | and
process |l have 31% and 29% cost savings, respectively, over the benchmark process.
From the cost breakdown of individual pieces of equipment in Figure 4, the savings of
process | and process Il are mainly from the elimination of the front-end demethanizer.
The proposed process hierarchy not only increases the conversion per pass in the
dehydrogenation reactor, which decreases the recycle flow rate, but also delays the
separation to the end of the process, which results in a highly intensified and low-
cost separation system. The equipment cost is summarized in Tables S6-S8.

The costs of production for process |, process Il, and process lll are listed in Table 4. The
pricing basis for the raw material (dry sweet shale gas) is $0.11/Ib. Fuel gas is valued as
fuel, which is $4/MMBTU (metric million British thermal units). The catalysts used in all of
the processes are $10/Ib and have a 1-year lifetime.* The total costs of production for
process |, process Il, and process Ill are $1.31, $1.35, and $1.40/gal liquid fuel, respec-
tively. Compared to the benchmark process, process | and process Il have a 4% and 7%
operating cost reduction, respectively. The internal rate of return of the processes in-
creases from 14% to 26% for process | and 24% for process II. The savings of operating
costs mainly come from the increase in liquid fuel production.

DISCUSSION

An alternative process hierarchy is applied to a natural gas liquid to liquid fuel pro-
cess for small-scale plants. While a conventional shale gas process follows a front-
end separation, NGL activation, NGL upgrading hierarchy, our process follows a
different hierarchy of NGL activation, NGL upgrading, back-end separation. To illus-
trate the benefit of this different process hierarchy, an exemplary process via dehy-
drogenation followed by oligomerization is analyzed.

In our process, the feed shale gas is fed to the dehydrogenation reactor without any
front-end separation of methane. CH, in the shale gas decreases the partial pressure

Cell Reports Physical Science 2, 100581, October 20, 2021 1
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Table 4. Cost of production ($/gal liquid fuel) and cash flow analysis of process |, process II, and

process lll

Price Process | Process Il Process Il
Shale gas $0.11/Ib (1.72) (1.68) (1.85)
Catalyst $10/Ib, 1-y lifetime (0.01) (0.01) (0.01)
Electricity $0.05/kWh (0.09) 0.11) (0.10)
Natural gas $4/MMBTU 0.66 0.59 0.78
Fixed costs (0.14) (0.14) (0.21)
Total costs (1.31) (1.35) (1.40)
Liquid fuel 1.89 1.89 1.89
Capital cost $24 MM $25 MM $35 MM
IRR, % 26 24 14

The costs of production include shale gas raw material cost, catalyst cost, electricity cost, and fixed cost.
The membrane cost is small compared to other costs; therefore, they are not listed here. The numbers in
parentheses indicate debit terms, while the numbers without parentheses indicate credit terms. IRR, in-
ternal rate of return.

of NGL in the dehydrogenation reactor and results in a high conversion per pass. The
outlet stream from the dehydrogenation reactor is directly sent to the oligomeriza-
tion reactor sequence. Again, CH4 and H; pass through the reactor without any prior
separation. These light components serve as thermal mass to somewhat mitigate the
temperature increase in the reactor. The alternative process hierarchy delays all of
the separation to the end of the process; hence, a highly intensified and simplified
separation system is designed. In this separation system, a portion of the final
product is used as the absorbent to separate C,.. from CH, and H; in an absorption
column. Two configurations, process | and process Il, with a high-pressure dehydro-
genation reactor and a low-pressure dehydrogenation reactor, are simulated. A
benchmark process Il with conventional hierarchy is also simulated. Through an eco-
nomic analysis of all three processes, process | and process Il configurations show a,
respectively, 86% and 71% greater internal rate of return than process IIl.

Although this article focuses on a specific process route via dehydrogenation fol-
lowed by oligomerization, the NGL activation, NGL upgrading, and back-end
separation hierarchy has the potential to be applied to many other gas-to-liquid pro-
cesses and set up a general guideline for small-scale gas-to-liquid plants (several po-
tential application scenarios are listed in Note S4).

EXPERIMENTAL PROCEDURES

Resource availability

Lead contact

Further information and requests for resources and materials should be directed to
and will be fulfilled by the lead contact, Rakesh Agrawal (agrawalr@purdue.edu).

Materials availability
This study did not generate new unique reagents.

Data and code availability
Data reported in this article will be shared by the lead contact upon request. This
article does not report original code.

Simulation procedures

The processes presented in this work are simulated rigorously with dehydrogenation
reactors simulated in Chemkin, membrane unit simulated in MATLAB, and the rest of
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the process simulated in Aspen Plus. An interface script is written in MATLAB to
transfer inputs and outputs between Aspen Plus and Chemkin. The capital cost es-
timate is done in Icarus Capital Cost Estimator (ACCE) version 8.8, 1Q14 cost basis.
The program is used with no cost adjustments or index changes, other than that area
dimensions are set so that Aspen will estimate them. No scope other than the equip-
ment is entered; all bulks and material items are estimated by ACCE (see Table S5 for
modeling assumptions).

The dehydrogenation reactor is simulated in Chemkin using a combination of the ki-
netic model developed by Sundaram and Froment,*® and the kinetic model devel-
oped by Keipi et al.** The former described a radical reaction scheme for the
cracking of ethane, propane, normal and isobutane, ethylene, and propylene, while
the latter described a kinetic scheme for methane pyrolysis. The combined kinetic
model covers all major components in the feed stream S1 to the dehydrogenation
reactors (see Tables S2 and S3 for stream compositions). The oligomerization reactor
is simulated in Aspen Plus using the RGibbs reactor model with all of the linear a-ole-
fins up to 20 carbons as allowable products (see Note S2 and Figures S2-54 for de-
tails). The catalyst loading is 4.0 x 10~ gmol C,. feed/(g catalyst - s), which is based
on the extrapolation of Figure 3 in the study by Toch et al.** It is worth noting that the
actual product distribution highly depends on the catalyst and corresponding ki-
netics, rather than the thermodynamic limit predicted by the RGibbs model. In
this work, the RGibbs model is used only to demonstrate the feasibility of our current
process design, rather than predicting the actual product distribution. Ten percent
of the C,H, in the feed is assumed to be inert, to account for inefficiencies of the
reactor design. Both process | and process Il achieve >89% conversion in the oligo-
merization reactor. The liquid product is valued as if it is regular gasoline.

Economic analysis

In the annual cash flow analysis, the process is assumed to have a project life of 15
years of continuous operation. Although the lifetime of a shale gas well is generally
3-5years, our small-scale plant is assumed to be mobile and can move from one gas
gathering station to another. There is no cost or interruption assumptions associated
with moving the facility to different active gas collection areas. All of the capital is
spent the year before startup and the facility operates at 95% capacity annually every
year thereafter. The modified accelerated cost recovery system (MACRS) deprecia-
tion is applied with a 21% tax rate. The terminal value is 5 times the annual operating
income. Working capital includes 30 days accounts receivable, accounts payable,
and 2 days of inventory.

SUPPLEMENTAL INFORMATION

Supplemental information can be found online at https://doi.org/10.1016/j.xcrp.
2021.100581.
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