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ABSTRACT: Natural gas liquids (NGLs) in shale gas are the
predominant feedstock for light olefin production. Conventionally,
NGLs are separated from CH4 and then fractionated into individual
components before these components go through either steam cracking
or catalytic dehydrogenation. In this work, we introduce an alternative
processing sequence to intensify and simplify the conventional process.
In the resulting processes, some of the front-end separations are delayed
toward the end, which eliminates several repeated separations and
associated equipment. Light hydrocarbons, such as CH4, serve as
diluents to enhance the performance of steam cracker and catalytic
dehydrogenation reactors. Modeling results for a 100 million standard cubic feet per day shale gas feed from the Bakken field show
that the alternative processing sequence not only eliminates duplication of some process steps, leading to several process
simplifications, reduced cost, and energy demand, but also increased olefin yield from the shale gas NGLs. The proposed concepts
could be applied to many other reaction-separation networks, resulting in a more enriched flowsheet search space for investigation.

KEYWORDS: process intensification, shale gas, dehydrogenation

■ INTRODUCTION

The shale gas boom in the United States provides abundant
natural gas liquids (NGLs) as feedstocks to produce olefins
such as ethylene, propylene, and butene,1 which are crucial
building blocks to manufacture plastic, fiber, rubber, and so
forth.2,3 Figure 1 depicts the conventional process scheme to
produce light olefins from shale gas.4 This scheme consists of
three sections: front-end separation, NGL activation, and
postreaction separation. In the front-end separation section,
dry and sweet shale gas first passes through an NGL recovery
unit, typically a cryogenic demethanizer5 to separate natural
gas liquids from CH4. The recovered natural gas liquids are
further fractionated into individual component streams,
including ethane, propane, butane, and C5+ through a sequence
of distillation columns.6 In the NGL activation section, the
NGL component streams are dehydrogenated into olefins
through either steam cracking or catalytic dehydrogenation
processes. Steam cracking of NGLs produces mainly ethyl-
ene,7−9 while catalytic dehydrogenation of C3H8 and C4H10
produces C3H6 and C4H8, respectively.

10−14 It is worth noting
that while propane and butane are also feedstocks for steam
cracking to produce ethylene, there is no commercial catalytic
ethane dehydrogenation process, due to the limitation of
equilibrium conversion.15 Some of the side products from the
steam cracker are H2 and CH4, and from the C3H8 and C4H10
catalytic dehydrogenation units are H2, CH4, and C2
hydrocarbons. Therefore, in the postreaction separation step,
the effluent streams from steam cracker and catalytic

dehydrogenation reactor units pass through a series of
separation steps including H2 removal, C1/C2 separation,
dehydration, and so forth to purify the olefin products.
Over the past few decades, natural gas venting and flaring in

remote shale gas basins has become a serious issue,
contributing toward significant wastage of shale resources
and increased greenhouse gas emissions.16 Remote shale gas
basins lack processing, gathering, and distribution infra-
structures for large-scale processing plants at central locations,
hence medium- to small-scale plants near the shale gas
wellhead provide a promising option. However, smaller-scale
installation also faces several challenges such as limited capital
expenditure, variations in the feed flow and its composition,
etc., necessitating simpler and more intensified process design.
The conventional scheme contains several well-known capital
and energy intensive units, hence is unlikely to be economically
attractive at a small to medium size. Both steam cracking and
catalytic dehydrogenation require high temperatures (850 °C
for stream cracking and 500−650 °C for catalytic dehydrogen-
ation of propane and butane) and low partial pressure of NGLs
to achieve a high conversions per pass.7−9 Steam is introduced
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to the steam cracker to decrease the partial pressure of
hydrocarbons;7,9 diluents such as CH4, N2, H2, or steam are
also sometimes introduced to catalytic dehydrogenation
reactors.17−20 Consequently, additional separation steps are
needed to remove these diluents, which are then recycled and
remixed with the reactor feed, contributing significantly to the
process complexities and the costs associated with the process.
Moreover, several postreaction separations including C1/C2

separation, C2/C3 separation, and C3/C4 separation (as
outlined with blue boxes in Figure 1) are repeated separations
as they are also performed in the front-end separation step.
Due to this duplication of separation steps, more equipment is
employed contributing to increased capital expenditure.
Systematic process intensification and simplification are
needed toward an economical yet efficient process at a small
to medium scale.
In this article, we propose an alternative processing

sequence, which simultaneously eliminates repeated separation

units and enhances conversions in the reactors, resulting in
much simpler and intensified processes. The evolution of the
process framework is shown through step by step illustrations
of block diagrams. Benefits of the new processing sequence are
illustrated through Aspen Plus simulations with a 100 million
standard cubic feet per day (MMSCFD) feed rate from the
Bakken shale gas basin. This size is representative of a shale
gas-processing plant, which receives multiple feeds from
various shale gas-gathering stations.21 In a previous publica-
tion, we employed a similar change for a small size plant with a
10 MMSCFD feed rate22 to produce liquid hydrocarbons. In
that work, the entire feed is sent to a thermal dehydrogenation
unit and then converted into a liquid fuel, with the emphasis
on cost and process simplification. However, the concept has
the potential to be a generalized process-intensification
strategy, hence should not be limited to only one specific
feed condition and product. In this work, we extend, explore,
and show the benefits of the concept for larger-size shale gas

Figure 1. Processing sequence of the conventional process.

Figure 2. Processing sequence with a CH4-diluted cracker.
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plants to produce individual olefins. These olefins can then be
upgraded to diverse fuels and chemicals, which provides
greater flexibility and wider application for our processes.

■ EVOLUTION OF THE PROCESS FRAMEWORK
In this section, the alternative processing sequence is illustrated
with a step-by-step evolution of the process framework. The
core idea is to delay the front-end separation to the back end,
which enables the utilization of CH4 as a diluent in the
cracking and catalytic dehydrogenation reactors and avoids the
recycle of any additional diluent to these reactors. The first
evolution step is shown in Figure 2. The dry and sweet shale
gas feed passes through a C2/C3 separation, wherein it is
separated into a stream containing CH4 and C2H6, and another
stream containing C3+ (Cn+ is used to signify Cn and heavier
hydrocarbons). The CH4 and C2H6 mixture stream then passes
through a thermal cracker, wherein C2H6 is cracked into C2H4.
CH4 serves as a diluent in the reactor to decrease the partial
pressure of ethane, leading to a high- equilibrium conversion
per pass toward C2H4. It is worth noting that the introduction
of steam could be eliminated if coke formation in the reactor is
demonstrated to be either negligible or acceptable without
steam. Equipment associated with steam generation, steam
preheating, and dehydration would then be eliminated,
resulting in a much simpler reactor design. The effluent
stream from the cracker passes through a series of purification
steps including H2 removal, C1/C2 separations, C2H6/C2H4
separation, etc.
On the other hand, C3+ stream from the C2/C3 separation is

further fractionated into C3H8, C4H10, and C5+, whereas C3H8
and C4H10 are dehydrogenated in catalytic dehydrogenation
units individually. The outlet streams of dehydrogenation units
are then separated into H2, olefin product streams, and
unconverted paraffin streams, whereas the paraffin streams are
recycled back to the dehydrogenation reactors. In both
catalytic dehydrogenation reactors, hydrocarbons lighter than
the reactive paraffin in the feed are generated as byproducts
through cracking. These byproducts have to be separated from
olefin products through a series of separation steps, which are

often duplications of separations in the front-end. In our new
process framework depicted in Figure 2, the front-end C1/C2
separation of Figure 1 is delayed to the postreaction step and
the duplicated C1/C2 separation in Figure 1 is now eliminated.
In a previous work reported by He and You,4 the duplicated
C1/C2 separation equipment at the backend of Figure 1 is
eliminated by recycling the effluent stream from steam
cracking to the front-end C1/C2 separation. However, such a
recycle stream nearly doubles the C2 concentration in the feed
to the demethanizer and requires reseparation of the recycled
ethane and ethylene from C3+. This contributes to increased
energy demand for separation. Furthermore, the alternative
processing sequence provides additional benefit of using CH4
as the diluent in the cracker to enhance the conversion and
selectivity.
In the second evolution step shown in Figure 3, using the

same strategy, CH4 is additionally used as a diluent in the
catalytic dehydrogenation reactor. In the process framework of
Figure 3, the dry and sweet shale gas first passes through a C3/
C4 separation, wherein it is separated into a stream containing
CH4, C2H6, and C3H8, and another stream containing C4+. The
CH4, C2H6, and C3H8 mixture stream is sent to a catalytic
dehydrogenation reactor, wherein CH4 is a diluent in the
reactor to increase the conversion. Additionally, CH4 also
provides a thermal mass to sustain the reactor temperature.
Different from steam cracking, where the reactor is operated
isothermally in a furnace, catalytic dehydrogenation is
performed in a sequence of adiabatic reactor beds with
intermediate heating. CH4 increases the heat capacity of the
feed stream and somewhat mitigates the temperature decrease.
The effluent stream from the catalytic dehydrogenation reactor
is then sent to a C2/C3 separation unit and then a C3H6/C3H8
separation unit (denoted as C3=/C3 separation in Figure 3).
Propylene from C3H6/C3H8 separation is collected as the
product, while propane is recycled back to the catalytic
dehydrogenation unit. The second stream containing H2, CH4,
and C2H6 from the C2/C3 separation unit passes through the
CH4-diluted cracking unit. Optionally, a hydrogen-permeable
membrane unit may be used to separate some H2 from this

Figure 3. Processing sequence with a CH4-diluted catalytic dehydrogenation reactor and cracker.
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stream prior to feeding it to the cracking unit. The effluent
stream from this cracker then passes through a series of
separation steps including dehydration, C1/C2 separation, and
C2=/C2 separation. This process framework has no repeated
separations steps. Meanwhile, conversions in both catalytic
dehydrogenation and thermal cracker are enhanced by CH4

dilution.
The process framework could be further extended to include

downstream valorization steps such as oligomerization,
alkylation, polymerization, aromatization, etc. In such cases,
some or all of the separations at the backend could be

eliminated or delayed after the valorization step. Figure 4
shows an exemplary process belonging to this category. An
oligomerization unit is used to upgrade olefins into a liquid
fuel. In the process depicted in Figure 4, the effluent stream
from the catalytic and thermal dehydrogenation reactors is fed
to a C3H6 oligomerization and a C2H4 oligomerization reactor,
respectively, without any prior purification step. This is under
the notion that an oligomerization catalyst can be paraffin and
H2 tolerant.23 Paraffin/olefin separations are now eliminated
from the system and liquid fuel recovery systems need to be
designed instead. Separating the liquid fuel from light olefins

Figure 4. Further extension of the processing sequence in Figure 3 to include downstream upgrading steps.

Figure 5. Detailed flowsheet of the process framework in Figure 3.
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would be much easier than separating paraffins from their
corresponding olefins. Apparently, other downstream process
options, including polymerization, alkylation, aromatization,
etc., could also be included in the system. Depending on
whether paraffins and H2 are inert in those reactors, the
separation of paraffins and H2 from olefin products may or may
not be delayed to the end of the process. Nevertheless, the
proposed processing sequence creates a whole new slate of
processes, which are worthy of further investigation.
Besides the benefits described above, the proposed

processing sequence also opens up an unprecedented
opportunity to revisit conventional process-intensification
strategies. Most literature studies to intensify this process
have focused on the development of alternative technologies
and the integration of adjacent unit operations.6,24−32 For
example, Halvorsen et al. studied a dividing wall column
configuration for the front-end NGL fractionation. Collins et
al.33 studied the use of a membrane reactor for catalytic
dehydrogenation with a pure C3H8 feed. However, all these
strategies are developed for a conventional processing
sequence. Our introduction of alternative processing sequence
provides opportunities to revisit and re-examine the benefits of
those intensification strategies within the new process
flowsheets.

■ PROCESS SIMULATIONS
Figure 5 depicts a detailed flowsheet resulting from the
framework in Figure 3. The flowsheet is simulated in Aspen
Plus with general simulation assumptions summarized in Table
1. The feed is assumed to be a 100 MMSCFD dry and sweet
shale gas from the Bakken field with its composition,
temperature, and pressure listed in Table S1.4,21

Front-End Separation. The sweet and dry shale gas feed,
which is at 30 bar and ambient temperature, first passes
through a C3/C4 separation unit FD1 in which C4+
components are recovered from the bottom of the debutanizer
distillation column. C4+ components could be directly sold as
LPG or, as indicated in Figure 5, be further separated into
butane and C5+. The C4+ components, if passed through the
catalytic dehydrogenation reactor, would be cracked into light
hydrocarbons including CH4, which has a low value as a
chemical. The C4+ components would also deteriorate
performance of the dehydrogenation catalyst and accelerate
coke formation in the reactor. Therefore, C4+ needs to be
separated at the front-end. This debutanizer column requires
cooling to about −10 °C in the condenser. Due to the
presence of CH4 in the feed, its condenser temperature is
much lower than that in a conventional debutanizer.
Nevertheless, this is the only separation step at the front-end
of our new process, which is much simpler than the

conventional process, wherein a sequence of distillation
columns is needed.

CH4- and C2H6-Diluted Catalytic Dehydrogenation. In
the catalytic dehydrogenation block, stream S2 is preheated
against the effluent gas S3 to 600 °C in the heat exchanger
CDH1 and then expanded to 5 bar, before being sent to the
dehydrogenation reactors CDR1 and CDR2. After the
reaction, the effluent stream is compressed back to 15 bar,
to perform the backend C2/C3 separation. Notice that the
compression is operated at near ambient temperature, while
the expansion is operated at a much higher temperature
(around 600 °C), which suffices the expansion to provide work
for the compression. The expander and compressor could be a
compander running on a common shaft.
To achieve a high conversion and selectivity, the conven-

tional catalytic dehydrogenation is generally operated at a low
C3H6 partial pressure. The dehydrogenation reactor in the
CatofinTM process is operated under vacuum to achieve a low
partial pressure,34 but maintaining safety operation of hydro-
carbons under vacuum results in additional cost. Using a
diluent has also been proposed by other practitioners, but they
all add diluents to the reactor on purpose, resulting in
additional equipment cost. For example, a patent application
from UOP disclosed a process, whereby diluent methane is
added to a pure light paraffin such as propane, butane, or
pentane in a molar ratio of diluent to hydrocarbon in a range of
0.1:1 to 3.0:1.17 The mixture is then sent to the catalytic
dehydrogenation unit of the OlefexTM process. However,
methane is generally recovered from a demethanizer in the
front-end shale gas-processing plant and after the reaction, it
needs to be separated again in another demethanizer, which is
a duplication of the demethanizer in the front-end shale gas-
processing step. In our new process, on the other hand,
utilizing CH4 and C2H6 in the shale gas as the diluent avoids
the duplication of the demethanizer.
The feed to the catalytic dehydrogenation reactor in our new

process is a mixture of CH4, C2H6, and C3H8, wherein for the
Bakken field feed, the mole fraction of CH4 and C2H6 together
is around 80%. Consequently, the partial pressure of C3H8 is
around 1 bar, similar to the partial pressure in a conventional
propane dehydrogenation reactor. The catalytic dehydrogen-
ation reactor is simulated using a kinetic model adapted from
Lobera et al.’s work,35 as shown in Table 2. This kinetic model
considers both dehydrogenation and cracking reactions for
C3H8. While in Lobera et al.’s original model, C2H4
hydrogenation is also considered as a side reaction, this
reaction is unlikely to take place in our reactor due to the
presence of a large amount of C2H6. Hence both CH4 and
C2H6 are inert in this catalytic dehydrogenation reactor. We

Table 1. General Assumptions for the Simulations

items values

equation of state Peng Robinson
pressure drop across each unit operation 0.21 bar
model for distillation columns RadFrac
purity and recovery from distillation 99%
efficiency of compressors 72%
temperature approach in cryogenic heat exchangers 3 °C
temperature approach in other heat exchangers 10 °C

Table 2. Kinetics of Propane Dehydrogenation

propane dehydrogenation

C3H8 ↔ C3H6 + H2 − =
−

+
r

k P P P K

P K

( ( / ))

1 ( / )1
1 C H C H H eq

C H C H

3 8 3 6 2

3 6 3 6

= [− − ]k k e E R
1 01

/ ( )T Ta1
1 1

0 ,

= [−Δ − ]K K e H R
C H 0

/ ( )T T
3 6

1 1
0

propane cracking

C3H8 → C2H4 + CH4
− =r k P2 2 C H3 8

= [− − ]k k e E R T T
2 02

/ ( 1 1 )a2 0
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also assume the coke formation and catalyst deactivation are
negligible. The parameter values of this model are listed in
Table S2.
The outlet stream S3 of the catalytic dehydrogenation,

which mainly consists of H2, CH4, C2H6, C2H4, C3H8, and
C3H6, is cooled to near ambient temperature in the heat
exchangers CDH1 and CDH4 and then compressed to 15 bar.
The compressed stream S4 is sent to a distillation column
CDD1 to separate C3H8 and C3H6 from other light
components. Stream S7 containing C3H8 and C3H6 then
passes through a heat pump-assisted C3H6/C3H8 splitter
CDD2. Propylene from this splitter is collected as the product
and propane is recycled back to the catalytic dehydrogenation
reactor. It is worth noting that the catalytic dehydrogenation
and its post reaction separations are subject to further process
intensification using conventional strategies. For example, a
membrane reactor could be used for catalytic dehydrogenation
to further increase the conversion; dividing wall columns and
membrane cascade could be used for C3H6/C3H8 and C2H6/
C3H8 separations.

36,37

Thermal Dehydrogenation. In the thermal dehydrogen-
ation block, similarly, stream S9 is first preheated to 600 °C
then expanded to 3 bar in the expander. The expanded stream
is then sent to a thermal dehydrogenation unit operating at 850
°C. The thermal dehydrogenation reactor is simulated using
the C2H6 pyrolysis kinetics proposed by Sundaram and
Froment.38 Again CH4 is a diluent in the reactor, which
increases the conversion and selectivity of the reactor. The
effluent stream of the reactor is quenched to 600 °C in a
transferline heat exchanger TDH2 to avoid side reactions.
The cooled and compressed stream S11 then passes through

a series of separation steps consisting of a H2 membrane unit, a
double effect demethanizer, and a C2H6/C2H4 splitter for
product purification. A H2-rich stream is collected from the
permeate side of the membrane unit and used as a fuel gas for
the catalytic dehydrogenation and thermal cracker. The H2
membrane is operated at such a stage that 99% H2 recovery is
achieved. Although the single-membrane unit cannot simulta-
neously achieve high recovery and purity, allowing a portion of
CH4 permeating through the membrane is acceptable. This
portion of CH4 will be used as a fuel gas together with H2. On
the contrary, in the conventional process, whereas the feed to
the H2 removal unit only contains H2 and C2+, a portion of
C2H6 has to permeate, to achieve a high recovery of H2,
resulting in the loss of olefin products.
The rejected (high-pressure) stream from the membrane

unit mainly consists of CH4, C2H6, and C2H4, and it is sent to a
demethanizer consisting of double effect distillation columns
(See Figure 6). In this double effect configuration, the feed is
first cooled to −69 °C in the main heat exchanger by
transferring heat from the feed to the product streams. The
cooled stream is sent to the bottom of a high-pressure
distillation column (HP) operated at 30 bar. A portion of the
vapor from the top of the column is recovered as HP CH4 and
the remaining vapor is condensed by boiling the C2+ liquid at
the bottom of a low-pressure distillation column (LP)
operating at 1.5 bar. A portion of the condensed CH4 stream
is returned as reflux to the HP column and the remaining
portion is subcooled in a heat exchanger, reduced in pressure
across a Joule-Thompson valve and fed as the top reflux to the
LP column. Similarly, the bottom liquid from the HP column
is fed at an intermediate location of the LP column. Due to the
low pressure in the LP column, its bottom temperature is lower

than the condenser temperature of the high-pressure column,
hence its reboiler is heat integratable with the high-pressure
condenser. The double effect column configuration is a very
efficient and widely used configuration for air separation,39

however, its application in shale gas separation is rare. This is
because the difference in the boiling points between the light
component N2 and heavy component O2 in the air separation
is much lower compared to the corresponding difference
between the boiling points of the lightest and heaviest
components in the shale gas, hence it is hard to use the
pressure difference to achieve the thermal integration. In our
novel process design, C3+ is separated in advance, so that the
temperature difference between the light and heavy compo-
nents is narrowed down. The double effect column can achieve
99% purity and recovery of C2H6 and C2H4 from CH4, while
the conventional scheme only achieves 90% ∼ 95% C2+
recovery. As the convetional process utilizes a turboexpander
to provide the reflux to the cryogenic distillation column, the
recovery is limited by the maximum liquid fraction allowable in
the turboexpander.40

■ RESULTS AND DISCUSSION
The simulation results of our new process depicted in the
previous section (Figure 5) and the conventional process
(Figure S1) are summarized in Table 3. The conventional
process follows the processing sequence depicted in Figure 1.
A brief description of this conventional process is provided in
the Appendix. For the same 100 MMSCFD feed, our new
process produces 407.2 kg/min ethylene and 315.8 kg/min
propylene, which are 9.8 and 10.5% higher than the
conventional process. In addition to a much higher olefin
yield, the new process has a 75.9 million dollars total capital
cost, which is 6.8% lower than the conventional process.
Consequently, the capital cost per unit olefin products of our
new process is 21.9% lower than the conventional config-
uration. Besides the cost reduction, our new process also shows
significant advantages in terms of energy consumption. The
fuel consumption per unit product of our new process, which is
mainly due to the heat requirement of catalytic and thermal

Figure 6. Double effect demethanizer configuration.
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dehydrogenation reactors, is 8% lower than the conventional
process. The electricity per unit product, which is mainly used
for compressors and pumps, is 47% lower than the conven-
tional process, due to the fact that the dehydrogenation
reactors of our new process are operated at much higher
pressures than the ones in the conventional process. The only
metric, which is higher for the new process is the refrigerant
requirements, which are needed for C2/C3 separation and
C3/C4 separations. Especially for the backend C2/C3
separation, our new process has a cooling duty of 0.60 MJ/
kg at −71 °C, which is at a lower temperature and a higher
duty than its counterpart for the conventional process.
Nevertheless, it is a reasonable trade-off considering the
dramatic simplification and cost reduction of the entire
process.
Figure 7 shows the capital cost distribution of different

blocks for the new process and the conventional process. The
major cost saving comes from the front-end block. In the
conventional process, the feed shale gas is separated into a
natural gas stream, a C2H6 stream, a C3H8 stream, and a C4+
stream using a demethanizer, a de-ethanizer, and a
depropanizer in the front-end block. However, in the new
process, only one depropanzier is needed to separate C4+ from
the rest of the components, while the front-end demethanizer
and de-ethanizer are eliminated, leading to a $ 13 MM cost
saving. The costs of individual unit operations are shown in
Tables S3 and S4.

From the simulations and cost analysis results above, we can
conclude several general principles for process synthesis and
intensification: when a feed mixture contains inert components
and has constituents that are also created in downstream
processing, which must be separated downstream, then one
should carefully evaluate the merit of (1) avoiding upstream
separation of the constituents from the feed mixture, and (2)
arranging the processing sequence so the duplication of
separation between any two components is avoided.
Furthermore, potential advantages of the inert in the feed for
the downstream endothermic reactions, which are unfavored
according to the Le Chatelier’s principle, should be carefully
explored against the increase in the cost due to an increase in
the equipment size. Clearly, our shale gas processing is one
such example. An example of where the suggested sequence is
not applicable is coal gasification with O2. This is an
exothermic reaction, and N2 from air should be separated to
decrease the equipment size, compression cost, etc (and N2 is
not a byproduct of coal gasification). However, if NH3 is to be
produced via this process, one may not perform upstream air
separation.

■ CONCLUSIONS AND OUTLOOK

An alternative processing sequence is applied to the natural gas
liquid to light olefin process. The alternative processing
sequence creates a new slate of processes, which are much
simpler and more intensified than the conventional process.
Various resulting process-intensification concepts for our new
process are summarized in Table 4. In the front-end separation
section, both cryogenic demethanizer and C2/C3 separations,
which are duplication of back end separations, are eliminated.
In the NGL activation section, because CH4 is used as a
diluent in the catalytic dehydrogenation and a thermal cracker,
the performance of the reactors is enhanced. Moreover, steam
injection could be eliminated, resulting in the elimination of its
associated equipment including water conditioning and
generation, etc. In the postreaction section, dehydration
could be eliminated due to the elimination of the steam
injection. For H2 separation, a simpler membrane unit is used,
which can achieve 99% H2 purity without much loss of C2+.
For demethanization, a more efficient double effect distillation
column configuration is designed.

Table 3. Summary of Our New Process and the
Conventional Process

flowsheets our new process conventional process

feed flowrate 100 MMSCFD 100 MMSCFD
ethylene product flowrate 407.2 kg/min 370.9 kg/min
propylene product
flowrate

315.8 kg/min 285.7 kg/min

capital cost
(unit product)

0.105 MM/(kg/min) 0.128 MM/(kg/min)

fuel consumption
(unit product)

6.11 KBTU/kg 6.61 KBTU/kg

electricity (unit product) 0.74 MJ/kg 1.09 MJ/kg
refrigerants
(unit product)

−10 °C, 0.50 MJ/kg 7 °C, 0.61 MJ/kg

−71 °C, 0.60 MJ/kg −56 °C, 0.37 MJ/kg

Figure 7. Cost breakdown of the conventional process (I) and the new process with the proposed processing sequence (II).

ACS Sustainable Chemistry & Engineering pubs.acs.org/journal/ascecg Research Article

https://doi.org/10.1021/acssuschemeng.1c05091
ACS Sustainable Chem. Eng. 2021, 9, 13893−13901

13899

https://pubs.acs.org/doi/suppl/10.1021/acssuschemeng.1c05091/suppl_file/sc1c05091_si_001.pdf
https://pubs.acs.org/doi/10.1021/acssuschemeng.1c05091?fig=fig7&ref=pdf
https://pubs.acs.org/doi/10.1021/acssuschemeng.1c05091?fig=fig7&ref=pdf
https://pubs.acs.org/doi/10.1021/acssuschemeng.1c05091?fig=fig7&ref=pdf
https://pubs.acs.org/doi/10.1021/acssuschemeng.1c05091?fig=fig7&ref=pdf
pubs.acs.org/journal/ascecg?ref=pdf
https://doi.org/10.1021/acssuschemeng.1c05091?urlappend=%3Fref%3DPDF&jav=VoR&rel=cite-as


Our process simulations for the new 100 MMSCFD shale
gas NGLs to olefin plant show that as compared to a plant
based on a conventional processing sequence in addition to the
process intensification and simplification, the new process has
the potential to provide a higher olefin yield (9.8% increase for
ethylene and 10.5 for propylene), consumes less fuel (by 8%),
demands a lower power (by 47%), and requires a lower capital.
The capital cost reduction per unit of olefin products is
estimated to be ∼ 22% lower than the conventional process.
It is worth noting that this work not only creates novel shale

gas process flowsheets, but the resulting underlying general
principles discussed above also have the potential to provide an
important process-intensification concept, which expands the
flowsheet search space for process engineers to investigate. In
our future work, we plan to extend this concept to other
reaction separation networks, where novel processes can be
generated through the new processing sequence of the various
separation and reaction steps. The proposed shale gas process
and the known processes could also be represented as a
superstructure. We do plan to perform a superstructure-based
optimization framework to systematically determine the
optimal process design for shale gas application.
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