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A B S T R A C T   

We use a cell model with eggshell type catalyst particles to present a comprehensive ignition-extinction analysis 
of the oxidative dehydrogenation of ethane (ODHE) in autothermal operation. Our results reveal that external 
mass transfer could increase the ratio of ethane to oxygen on the catalyst surface, improving ethylene selectivity 
but decreasing ethane conversion. We show that ethylene selectivity is reduced, and a smaller region of multi
plicity exists when diffusional limitations exist in the catalyst, which highlights the need for eggshell particles 
with a thin active layer. We also examine the impact of ethane to oxygen ratio, space time, catalyst particle size, 
and active layer thickness on the ignition and extinction behavior. A multi-layered bed with eggshell catalyst 
particles is proposed to optimize oxygen conversion and ethylene selectivity. Our results indicate the possibility 
of autothermal operation of the ODHE process with much higher productivity compared to traditional multi- 
tubular reactors.   

1. Introduction 

The abundance of shale gas in the United States has led to a signif
icant increase in the availability and affordability of ethane, which is a 
key feedstock for ethylene production [1,2]. Ethane is a byproduct of 
natural gas production (about 5–10%), and the development of shale gas 
extraction and processing technologies has made it easier and more cost- 
effective to extract ethane from natural gas liquids [3]. Recently, the 
oxidative dehydrogenation of ethane (ODHE) has gained attention as an 
alternative method for producing ethylene from ethane. Compared to 
endothermic steam cracking, oxidative dehydrogenation of ethane 
(ODHE) utilizes oxygen to convert ethane to ethylene as part of a more 
thermodynamically favorable, highly exothermic process that is less 
prone to coking [4]. M1 phase bulk mixed metal oxide catalysts have 
exhibited exceptional selectivity in converting ethane to ethylene 
compared to other ODHE catalysts such as supported vanadia [5,6] and 
bulk NiO [7–9], and its yield has been shown to meet industrial stan
dards [10]. Further design and optimization of this mixed metal oxide 
catalyst can make the ODHE process more commercially feasible 
[11,12]. The results of earlier research [13] indicate that the auto
thermal operation of ODHE over M1 phase catalysts at high pressure can 
yield significantly higher productivity and comparable ethane conver
sion and ethylene selectivity to that of steam cracking, while emitting 

20% less carbon dioxide. Additionally, earlier research revealed that the 
autothermal reactor has a significantly smaller size compared to the 
traditional multi-tubular reactor while maintaining similar catalyst 
performance. 

Ignition and extinction behaviors are commonly observed in highly 
exothermic reactions such as HCN synthesis, oxidative coupling of 
methane (OCM), and ODHE, and have been studied extensively by re
searchers. The observation of ignition and extinction behaviors in highly 
exothermic reactions led to the exploration of autothermal operation for 
catalytic partial oxidation reactions. Autothermal operation (AO) in
volves no intentional heat addition during the reaction process except 
for reactor start-up, and there is also no heat removal from the reactor 
[14]. Instead, heat is primarily removed by convection using a cold feed. 
Dietz et al. [15] conducted the synthesis of HCN over a Pt-Rh gauze 
catalyst in a bench-scale autothermal reactor and provided a detailed 
description of the autothermal operation procedure. Sarsani et al. [16] 
reported the observation of ignition and extinction behaviors in a lab- 
scale reactor during oxidative coupling of methane (OCM) using 
active La-Ce catalyst and reactants fed at ambient temperature. Sun et al. 
[17] investigated the feasibility of an autothermal reactor for the 
oxidative coupling of methane and demonstrated that C2 selectivity up 
to 80% can be achieved at methane conversions up to 20%. In previous 
work, we employed a 1D pseudo-homogeneous model to investigate the 
impact of feed ratio, space time, bed length, and pressure on ignition and 
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extinction behavior. While the pseudo-homogeneous model used pro
vided guidance for autothermal reactor design, it is important to note 
that the pressure drop can be significant for small catalyst particle sizes 
(<0.5 mm) required to reach the pseudo-homogeneous limit. Inter and 
intra-particle concentration and temperature gradients may not be 
neglected for finite size (≥1 mm) catalyst pellets used in commercial 
scale processes. 

The main goal of this work is to determine the impact of internal and 
external transport effects on the ignition and extinction behavior of the 
ODHE reactor and to identify potential reactor designs that can be used 
for process scale-up. This manuscript is organized as follows: the next 
section presents both the mathematical and kinetic models, which take 
into account dehydrogenation, deep oxidation, secondary oxidation, 
and CO oxidation reactions. The kinetic model used has been validated 
in a previous publication using a series of differential and integral 
measurements [18]. In section 3, we present results on the impact of 
catalyst particle size, active layer thickness, ethane to oxygen ratio, 
space time, effective diffusivity in the pores, and pressure, on the region 
of multiplicity in a single eggshell catalyst particle. Section 4 examines 
the effects of packing strategies in multi-layered beds for two scenarios: 
(1) a fixed catalyst particle size with varying numbers of layers, and (2) a 
fixed space time with varying particle sizes. Increasing the number of 
layers with a fixed catalyst particle size barely changes the extinction 
point but can help achieve nearly 100% oxygen conversion as well as 
increase productivity. In another case, employing four layers of smaller 
catalyst particles can both reduce internal and external gradients and 
ultimately achieve complete conversion of oxygen. Finally, we sum
marize our results and identify limitations of our model as well as po
tential improvements that can be made through future research. 

2. Model development 

2.1. Cell model 

Our prior work studied the ignition and extinction behaviors in the 
pseudo-homogeneous limit where the catalyst particle is sufficiently 
small (≤0.2 mm for the typical ODHE case). Balakotaiah et al. [14] 
stated that ignition and extinction could occur at the particle level when 
the adiabatic temperature is sufficiently high and catalyst particle size is 
large enough. Moreover, when all particles in a packed bed reactor are 
ignited, the reactor will operate either in the external mass transfer- 
controlled regime or a combined regime of pore diffusion and external 
mass transfer. This regime may be advantageous in some applications 

(such as OCM and ODHE) as it results in the maximum conversion of the 
limiting reactant for a given pressure drop. The primary mechanism for 
the existence of multiple steady states at the particle level is the inter- 
phase and intra-phase temperature gradients and is different from and 
independent of that at the reactor scale with heat and mass dispersion 
(or backmixing). Sun et al. discussed the impact of inter and intra- 
particle transport on the region of multiplicity for the OCM reaction 
system [17]. Unlike these reaction systems, to the best of our knowledge, 
there has been no prior work on analyzing the impact of inter and intra- 
particle gradients on the autothermal operation range, ethane conver
sion, and ethylene selectivity for the ODHE process. 

Multi-layered beds with finite-size eggshell catalyst particles may be 
used to reduce pressure drop and reach full conversion of the limiting 
reactant as shown in Fig. 1a. In an eggshell catalyst particle, the outer 
layer is coated with active M1 phase catalyst, while the inner core 
consists of inert materials such as SiC or α-Al2O3 (see Fig. 1b). This 
design allows for particle level ignition while avoiding pore diffusional 
effects that may be detrimental to product conversion and selectivity. 
The specific kinetics of ODHE indicate that the oxygen order of the main 
dehydrogenation reaction is lower than that of the side reactions under 
most operating conditions, suggesting that lower oxygen concentrations 
favor ethylene selectivity. As illustrated in Fig. 3a, this kinetic feature 
can be exploited to increase the ethane to oxygen ratio (lowering oxygen 
mole fraction) on the catalyst surface via external mass transfer. 

Froment et al. [19] discussed several reactor models to simulate the 
inter-phase temperature and concentration gradients and intra-particle 
diffusional effects. Here, a cell model is well suited to investigate the 
impact of inter-phase mass and heat transfer resistance (fluid to catalyst 
surface) and intra-particle concentration (within the particle) on the 
ignition and extinction behavior. In this cell model, the computations 
are simplified by not considering heat conduction (or backflow) through 
the catalyst bed. A more detailed and continuous model would require 
consideration of a significantly complex model, making the computation 
much more difficult. Balakotaiah et al. [20] have pointed out that in
clusion of bed scale heat backflow could move the extinction point to a 
slightly lower feed temperature and lead to the elimination of certain 
intermediate states. While the location of the extinction point may be 
affected by bed-scale heat backflow, the cell model used in this study is 
sufficient to examine ignition and extinction behavior as well as the 
feasibility of scale-up. The validity of the cell model when particle level 
multiplicity exists and comparison of its predictions to experimentally 
observed temperature patterns has been discussed in recent publications 
[21,22]. 

Nomenclature 

Roman letters 
av heat (mass) transfer area per unit bed volume, m−1 

Cpv volumetric heat capacity of the reaction mixture, J/(m3*K) 
dp catalyst particle size, m 
Dm,j mass diffusivity of species j, m2/s 
Deff ,j effective mass diffusion coefficient of species j, m2/s 
h heat transfer coefficient, J/(s*m3*K) 
ΔHr,i reaction enthalpy for reaction i, kJ/mol 
kc,j mass transfer coefficient of species j, m/s 
kf thermal conductivity, W/(m*K) 
rg,i reaction rate i in the gas phase, s−1 

RΩ hydraulic radius, m 
Sx external surface area of the particle, m2 

Tf fluid temperature,K 
Tin

f inlet fluid temperature,K 
Ts solid temperature,K 

ΔTad adiabatic temperature rise, K 
u linear velocity, m/s 
Vc volume of the active catalyst, m3 

yf ,j mole fraction of species j in the fluid phase 
yin

f ,j inlet mole fraction of species j 
ys,j mole fraction of species j in the solid phase 

Greek letters 
αf thermal diffusivity of the fluid, m2/s 
νij stoichiometric coefficient of species j for reaction i 
∊b void fraction of the catalyst bed 
τmi,j characteristic interphase mass transfer time of species j, s 
τhi characteristic interphase heat transfer time, s 
τip characteristic intra-particle transfer time, s 
τ space time,s 
νf kinematic viscosity, m2/s 
ξc depth of the active catalyst layer, m 
ξ dimensionless position within the active layer  
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The steady-state species and energy balances of the cell model in the 
fluid phase are given by: 

yin
f ,j − yf ,j +

τ
τmi,j

(1 − ∊b)
(
ys,j − yf ,j

)
+ τ∊b

∑N

i=1
υijrg,i

(
yf , Tf

)
= 0; (1)  

Tin
f − Tf +

τ
τhi

(1 − ∊b)
(
Ts − Tf

)
+ τ∊b

∑N

i=1

(
− ΔHr,i

)
rg,i

(
yf , Tf

)

Cpv
= 0; (2)  

where τ is the space time, yf ,j is the mole fraction of species j in the fluid 
phase, ys,j is the mole fraction of species j on the catalyst surface, ∊b is the 
void fraction of the catalyst bed, υij is the stoichiometric coefficient of 

species j in reaction i, rg,i

(
yf , Tf

)
is the rate of reaction i having unit of 

s−1 in the fluid phase, further details and explanation can be found in the 
Supplementary Information. Tf is the fluid phase temperature, Ts is the 
catalyst surface temperature, −ΔHr,i is the reaction enthalpy at fluid 
phase temperature, Cpv is the volumetric heat capacity of the reaction 
mixture in the fluid phase. The inter-phase heat and mass transfer times 
can be expressed as follows: 

τmi,j =
1

kc,jav
, (3)  

τhi =
Cpv

hav
, (4)  

av =
6
dp

, (5)  

where kc,j is the gas to solid mass transfer coefficient of species j, h is the 
heat transfer coefficient and av is the heat (mass) transfer area per unit 
bed volume. Typical inter-phase mass (τmi,j) and heat transfer times (τhi) 
at the operating temperature range between 10 and 50 ms for a 4 mm 
catalyst particle. The heat and mass transfer coefficients are dependent 
on temperature and velocity as shown below [23,24]: 

kc,jdp

Dm,j
= 2 + 1.1(

dpu
νf

)
0.6

(
νf

Dm,j
)

1/3
; (6)  

hdp

kf
= 2 + 1.1(

dpu
νf

)
0.6

(
νf

αf
)

1/3
; (7)  

where dp is catalyst particle diameter, Dm,j is the bulk mass diffusivity of 
species j which is calculated by Fuller equation [25], u is the linear 
velocity, νf is the kinematic viscosity, kf is the thermal conductivity and 
αf is the thermal diffusivity of the fluid phase. [Remark: In the present 
study, the reaction/source terms in Eqs. (1) and (2) are set to zero as 
there are no homogeneous reactions]. 

The steady-state species and energy balances of the cell model in the 
catalyst phase are described below: 

Deff ,j

r2
p

(
d2ys,j

dξ2 +
2
ξ

dys,j

dξ
) +

∑N

i=1
υijrs,i(ys, Ts) = 0; (8)  

Tf − Ts

τhi
+

∑N

i=1

(
− ΔHr,i

)
< rs,i(ys, Ts)〉

Cpv
= 0; (9)  

with the boundary conditions: 

dys,j

dξ
= 0, at ξ =

(
dp − 2ξc

)
/

dp; (10)  

dys,j

dξ
=

rpkc,j

Deff ,j
(yf ,j − ys,j), atξ = 1; (11)  

where Deff ,j is the effective mass diffusivity in the catalyst pores of the 
species j, ξc is the depth of the active catalyst layer, ξ is the dimensionless 
position along the active layer which ranges from (dp − 2ξc)/dp to 1. 
Here, the quantity < rs,i

(
ys, Ts

)〉
is the volumetric averaged reaction rate 

calculated as shown below: 

< rs,i(ys, Ts)〉 =

∫ 1
(dp−2ξc)/dp

rs,i(ys, Ts)ξ2dξ
∫ 1

(dp−2ξc)/dp
ξ2dξ

; (12) 

The pseudo-arc-length continuation method was used to numerically 
compute the steady-state bifurcation diagrams of this model through 
Python and Matlab. The number of mesh points used to describe gra
dients in the catalyst layer ranged from 25 to 100 for the eggshell 
catalyst particles, and the number of mesh points was adjusted until no 
further changes were detected in the computational results. 

As shown in the Supplementary Information, the pressure drop 
through a shallow-bed of few particle layers at typical operating con
ditions is found to be of the order of 0.003 kPa, which is very small. 
Hence, the pressure drop is neglected in the calculations using the cell 
model. 

2.2. ODHE kinetic model 

In our prior work we proposed a global kinetic model for ODHE 

Fig. 1. Schematic diagram of (a) multi-layered bed with eggshell particles (b) 
single eggshell catalyst particle (c) boundary layer around the catalyst surface. 
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catalysis over an MoVTeNbOx catalyst that was validated using a wide 
range of differential and integral data [18]. The reaction network is 
comprised of six catalytic reactions without any homogeneous reactions, 
as listed below: 

Step 1 C2H6 + 0.5O2→C2H4 + H2O, ΔH0
r,1 = −105kJ/mol 

Step 2 C2H6 + 2.5O2→2CO + 3H2O, ΔH0
r,2 = −863kJ/mol 

Step 3 C2H6 + 3.5O2→2CO2 + 3H2O, ΔH0
r,3 = −1428kJ/mol 

Step 4 C2H4 + 2O2→2CO + 2H2O, ΔH0
r,4 = −757kJ/mol 

Step 5 C2H4 + 3O2→2CO2 + 2H2O, ΔH0
r,5 = −1323kJ/mol 

Step 6 CO + 0.5O2→CO2, ΔH0
r,6 = −283kJ/mol 

It is important to note that the 6 oxidation reactions under consid
eration are highly exothermic, and their adiabatic temperature rise 
values have been calculated previously by Chen et al. [13] for various 
inlet temperatures and feed ratios. For instance, the adiabatic temper
ature rise for the main dehydrogenation reaction (step 1) at an inlet 
temperature of 310 K, ethane to oxygen ratio of 6, and pressure of 1 bar 
is 398 K. This corresponds to a maximum per pass ethane conversion of 
33%. Thus, it is challenging to effectively remove the heat and maintain 
isothermal conditions in a multi-tubular reactor for this highly 
exothermic reaction system without dilution of feed and acceptable per 
pass ethane conversions. Instead, autothermal operation takes advan
tage of the high adiabatic temperature rise to achieve high productivity, 
as well as desirable ethane conversion and ethylene selectivity. The rate 
expression and kinetic parameters can be found in sections S1 and S2 of 
the Supplementary Information, respectively. The key features of the 
kinetic model have already been discussed in our previous work and will 
be reviewed in detail in later sections. 

3. Steady-state bifurcation analysis of single catalyst particle 

In our recent work, we studied the impact of different design and 

operating conditions (space time, bed length, operating pressure and so 
forth) on ignition and extinction behavior using the pseudo- 
homogeneous model, while neglecting the impacts of external and in
ternal gradients. In this section, we present a comprehensive bifurcation 
analysis of a single eggshell catalyst particle (or a catalyst bed consisting 
of a single layer) and determine the impact of catalyst particle size, space 
time, and pore diffusion on the region of autothermal operation. We 
present all calculations for P = 1 bar and adiabatic conditions. Addi
tional results demonstrating the effects of various parameters such as the 
thickness of the active layer, ethane to oxygen feed ratio, operating 
pressure, and feed dilution are available in the Supplementary 
Information. 

3.1. Impact of external mass and heat transfer 

Before discussing the cell model, we examine the inter-phase mass 
and heat transfer times (see section S3 of Supplementary Information for 
details). The inter-phase mass and heat transfer times range from the 
order of 1 ms to the order of 100 ms for various feed temperatures and 
catalyst particle sizes. The results reveal that the inter-phase mass and 
heat transfer times decrease as the feed temperature increases, and 
almost quadratically with increasing catalyst particle size. Fig. 2 shows a 
bifurcation diagram of exit fluid and particle temperature as a function 
of feed temperature for different catalyst particles with a feed ratio of 6 
and a space time of 0.4 s, and an active layer thickness equal to 0.1 times 
the particle diameter. For a catalyst particle size of 1 mm, the inter- 
phase mass and heat transfer times are two orders of magnitude lower 
than typical operating space time of (100–800 ms). Therefore, the 
pseudo-homogeneous limit can be reached for the energy balance if the 
catalyst particle size is smaller than 1 mm, and ignition and extinction 
occur at the reactor level due to bed scale heat dispersion. This obser
vation can help explain why the exit fluid temperature is almost iden
tical to the exit particle temperature for the 1 mm catalyst particle as 

Fig. 2. Computed bifurcation diagrams of exit temperature versus feed temperature for (a) 1 mm particle (b) 2 mm particle (c) 4 mm particle (d) 8 mm particle. 
Reaction conditions: P = 1 bar, C2H6 : O2 = 6, τ = 0.4 s, ξc = 0.1 dp. 

J. Chen et al.                                                                                                                                                                                                                                     



Chemical Engineering Journal 474 (2023) 145660

5

shown in the Fig. 2a. At a temperature of 650 K, the inter-phase heat 
transfer time for a catalyst particle 8 mm in diameter is 81 ms, which is 
comparable to the operating space time. It is found that the ignition 
point moves to higher feed temperature and the extinction point moves 
to lower feed temperature as the particle size increases, leading to larger 
regions of multiplicity. Moreover, the temperature difference between 
the fluid and particle phases also increases with increasing particle size. 
It is interesting to note that the particle temperature at the extinction 
point increases from 730 K to about 785 K as particle size increases from 
1 mm to 8 mm. 

The impact of particle size on catalyst particle temperature, exit 
ethane and oxygen conversion, and exit ethylene selectivity with fixed 
space time is shown in the Fig. 3. The results show that fluid phase 
ethane and oxygen conversions decrease with particle size due to 
stronger inter-phase mass transfer resistance as shown in Fig. 3b and c. 
For the specific ODHE kinetics under consideration, the activation en
ergy of the main dehydrogenation reaction is only 89.4 kJ/mol, signif
icantly lower than that of the side reactions, suggesting that the rates of 
side reactions can be expected to increase more sensitively with tem
perature than the main dehydrogenation reaction. Higher operating 
temperatures therefore result in reduced selectivities by favoring side 
reactions. Besides, the oxygen dependency of the main dehydrogenation 
reaction varies between zero and first order depending on the oxygen 
mole fraction. For example, the dehydrogenation reaction exhibits 
zeroth order dependency on oxygen partial pressure when the oxygen 
mole fraction is not very low (above 0.01) and shifts towards first order 
dependency on oxygen partial pressure as the oxygen mole fraction 
decreases further. Therefore, we can increase the ethylene selectivity by 
keeping the oxygen mole fraction low, as side reactions have a higher 
oxygen order under these conditions. Since oxygen is the limiting 
reactant, the ethane to oxygen ratio at the catalyst surface is higher than 
that in the fluid phase when the particle is in the external mass transfer- 
controlled regime. Higher ethane to oxygen feed ratios (low oxygen 

mole fractions) have a favorable effect on ethylene selectivity. However, 
it is found that the ethylene selectivity decreases from 89% to 87% as the 
particle diameter increases from 1 mm to 8 mm as shown in Fig. 3d. This 
is because the higher particle temperatures in larger particles lead to 
lower ethylene selectivity despite the fact that these larger particles have 
stronger external mass transfer resistance. 

Fig. 4 illustrates the oxygen mole fraction, and ethylene mole frac
tion at the extinction point within the active catalyst layer with a con
stant C2H6:O2 feed ratio of 6 and space time of 0.4 s. In this plot, radial 
position 1 represents the dimensionless position at the catalyst surface 
and 0 represents the dimensionless position at the interface between the 
inert core and the active catalyst layer. The results indicate that oxygen 
is almost fully consumed within approximately 0.3 mm at the extinction 
point as it diffuses inside the active catalyst layer. Oxygen only exists in 
the outer 40% of the active layer in the case of an 8 mm particle, 
implying that the reaction zone’s depth is only 8% of the particle radius, 
and about 20% of the particle volume is utilized for the reaction. After 
oxygen is fully consumed in the catalyst layer (the case of 8 mm parti
cle), the ethylene mole fraction remains constant because no more re
actions occur as shown in Fig. 4b. The oxygen mole fraction gradient is 
negligible for a particle diameter of 2 mm (and an active layer thickness 
of 0.2 mm), indicating that pore diffusional effects are not significant in 
this case. Also, the active layer depth of 0.2 mm should also be sufficient 
for particle ignition. To prevent pore diffusional limitations, we can 
design multi-layered beds of eggshell particles with a constant active 
layer thickness of 0.2 mm. As pore diffusional effects can negatively 
impact intermediate product selectivity, it may be advantageous to 
utilize an eggshell catalyst particle that has a fixed active layer depth 
and inert core for catalytic ODHE chemistry. 

The impact of space time on particle ignition, reactants conversion 
and ethylene selectivity are illustrated in Fig. 5. As the space time in
creases from 0.2 to 1.2 s, the ignition and extinction points shift toward 
lower feed temperatures. The region of multiplicity shrinks slightly as 

Fig. 3. Computed bifurcation diagrams of exit (a) particle temperature (b) ethane conversion (c) oxygen conversion (d) ethylene selectivity versus feed temperature. 
Reaction conditions: P = 1 bar, C2H6 : O2 = 6, τ = 0.4 s, ξc = 0.1 dp. 
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space time increases due to pore diffusional limitations. This is due to 
the fact that the catalyst layer thickness in this case is 0.4 mm and is not 
optimal. It is also observed that the particle temperature on the ignited 

branch is lower at higher space time due to higher rates of heat removal. 
Fig. 5a shows that the exit particle temperature decreases with 
increasing space time, which favors the main dehydrogenation re
actions. Since the main dehydrogenation reaction consumes more 
ethane per mole of oxygen compared with the side reactions, higher 
space times lead to higher ethane conversion. For the same reason, 
ethylene selectivity increases as space time increases. These results 
suggest that it is feasible to achieve approximately 88% ethylene 
selectivity at 20% ethane and 90% oxygen conversion using a single 
layer of 4 mm diameter eggshell catalyst particles with an active layer 
thickness of 0.4 mm. We choose an ethane to oxygen feed ratio of 6 
because it enables autothermal operation close to the extinction point 
with an ambient temperature feed as shown in Fig. S1. Feed ratios higher 
than 6 yield higher ethylene selectivities at the expense of lower ethane 
conversions. Although complete oxygen conversion and higher ethylene 
selectivities can be achieved by increasing the space time from 0.2 s to 
1.2 s, reactor productivities are significantly lower at these higher space 
times. [Remark: the cell model will approach the pseudo-homogenous 
model as space time increases.] Therefore, an optimum set of reaction 
conditions will exist at which both high catalyst performance and high 
productivity are simultaneously achieved. 

3.2. Impact of pore diffusion 

Intra-particle diffusion or mass transfer time within the catalyst is 
calculated using the following equations: 

τip =
R2

Ω

Deff
, (13)  

RΩ =
Vc

Sx
, (14)  

Fig. 4. Computed profiles of (a) oxygen mole fraction, and (b) ethylene mole 
fraction at the extinction point for eggshell catalyst particles of various sizes. 
Reaction conditions: P = 1 bar, C2H6 : O2 = 6, τ=0.4 s, ξc = 0.1 dp. 

Fig. 5. Computed bifurcation diagrams of exit (a) particle temperature, (b) ethane conversion, (c) oxygen conversion, and (d) ethylene selectivity versus feed 
temperature at different space times. Reaction conditions: P = 1 bar, C2H6 : O2 = 6, dp = 4 mm, ξc = 0.1 dp. 
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where τip is the intra-particle diffusion or mass transfer time, RΩ is the 
hydraulic radius (or effective diffusion length), Vc is the volume of the 
active catalyst, Sx is the external surface area of the particle, Deff is the 
effective diffusivity of the limiting reactant (oxygen here) inside the 
catalyst pore. Table 1 shows the calculated characteristic intra-particle 
(catalyst layer) diffusion times with different effective pore diffusivity 
values for full and eggshell catalyst particles at a temperature of 750 K. 
The results show that intra-particle diffusion time increases quadrati
cally with particle diameter for fully active particles while the intra- 
particle diffusion time of the eggshell particles increases at a slower 
rate due to the active layer thickness remaining unchanged. When the 
effective diffusivity is one hundredth of the bulk mass diffusivity, the 
intra-particle diffusion time scale for a 4 mm particle is 111 ms, com
parable to typical operating space times. Intra-particle diffusion can 
therefore have a determinative impact on ignition and extinction 
behavior at time scales comparable to the space time. Fig. 6 shows the 
impact of pore diffusion on the region of multiplicity using different 
effective pore diffusivity values. Generally speaking, the effective pore 
diffusivity of the species in porous catalyst depends on the pore size, 
pore-size distribution, pore-blockage, and tortuosity [26]. Sadakane 
et al. [27] utilized the seven-membered ring channel model with a 
diameter of 0.35 nm to calculate the theoretical pore volume in M1 
catalyst, which was found to be approximately 0.018 cm3/g. Nguyen 
et al. [28] pointed out that the pore volume of MoVTeNbOx ranges from 
0.4 to 3.1 cm3/g and its BET surface area ranges from 4.6 to 37.9 m2/g. 
Annamalai et al. [29] reported a pore volume of 7.9*10−4 cm3/s, which 
is one order of magnitude smaller than the theoretical values discussed 
above. These low pore volumes may result from metal cations such as Te 
blocking heptagonal pores, a phenomenon that has previously been 
proposed to stabilize C-H bond activation transition states [30]. Such 
lower than expected pore volumes and pore blocking effects render it 
challenging for us to accurately estimate effective pore diffusivity 
values. Here, we assume the pore diffusivity is a constant fraction of the 
bulk diffusivity and change this factor from unity to 0.01 as shown in the 
Fig. 6. As can be expected, the region of multiplicity shrinks as the pore 
diffusivity decreases. In addition, reactants conversion and ethylene 
selectivity decrease with stronger pore diffusion limitation. These results 
show that designing eggshell catalyst particles with a fixed active layer 
depth can help avoid pore diffusional effects, thereby aiding in scale-up 
analysis of the ODHE process. 

3.3. Impact of pressure effects 

This section discusses the impact of pressure effects for two sce
narios: fixed linear velocity and fixed mass velocity. In the case of fixed 
linear velocity, the space time remains constant, while the mass velocity 
increases with increasing total pressure. In the case of fixed mass ve
locity, the space time increases with increasing total pressure. In both 
cases, reaction rates are proportional to total pressure. 

Fig. S3 illustrates the impact of total pressure on the region of mul
tiplicity with fixed linear velocity at an ethane to oxygen feed ratio of 6, 
a particle diameter of 1 mm, and a space time of 0.4 s. High pressure 

calculations employ a 1 mm particle with a 0.05 mm active layer instead 
of a 4 mm particle with a 0.2 mm active layer used in the previous 
section because effective pore diffusivity is inversely proportional to 
total pressure. Using smaller particles with shorter active layers can help 
circumvent pore diffusional effects that typically shrink the region of 
multiplicity and reduce ethylene selectivity. The study found that the 
extinction point shifts to a lower feed temperature while the ignition 
point remains the same, resulting in an expanded region of multiplicity. 
Two factors may explain this outcome. Firstly, as total pressure increases 
from 1 to 5 bar, external and mass transfer times increase roughly 3–4 
times as shown in Table S3. Stronger external mass and heat transfer 
lead to an expansion of the region of multiplicity. Secondly, side re
actions in the ODHE kinetic model carry a higher pressure dependency 
than the main dehydrogenation reaction, implying that highly 
exothermic side reactions are more predominant and generate more 
heat as total pressure increases, thereby expanding the region of mul
tiplicity. The disproportionate effect of total pressure on the rates of side 
reactions can also help account for the observed decrease in ethylene 
selectivity as the total pressure increases from 1 to 5 bar. 

In contrast to the case where the linear velocity is fixed, if the mass 
velocity remains unchanged, space time will increase as the total pres
sure increases. However, the productivity does not vary with increasing 
total pressure under this condition. Fig. S4 shows the impact of total 
pressure with fixed mass velocity on exit particle temperature, reactants 
conversion, and ethylene selectivity. The space time changes from 0.4 to 
2.0 s as the total pressure increases from 1 to 5 bar. Compared to the case 
where the linear velocity is kept fixed, it is found that the extinction 
point moves to much lower feed temperatures as the total pressure is 
increased because higher space times expand the region of multiplicity, 
as shown in Fig. 5. A lower feed temperature at the extinction point 
corresponds to a lower operating temperature, which in turn favors the 
main dehydrogenation reaction. Hence, we find that it is feasible to 
attain an ethane conversion of approximately 18% and an ethylene 
selectivity of 86% by operating at a total pressure of 5 bar over a 1 mm 
eggshell catalyst particle at a space time of 2 s. 

Lastly, we would like to briefly discuss the impact of dilution on 
autothermal reactor operation. In traditional steam cracking processes a 
large amount of steam is used as diluent to decrease the hydrocarbon 
partial pressure [31]. Multi-tubular reactors also use significant 
unreactive dilutants such as helium or nitrogen to lower adiabatic 
temperature rise values and reaction rates [32,33]. Fig. S5 shows the 
particle temperature, reactants conversion and ethylene selectivity 
versus feed temperature with 50% methane dilution. The adiabatic 
temperature rise for these reaction conditions is about 360 K. Methane is 
not reactive over the M1 phase catalyst and serves as an effective 
absorber of heat. A space time of 3 s was chosen to move the extinction 
point closer to ambient temperature. We observe that a shallow bed with 
eggshell particles is a feasible autothermal reactor design that could 
achieve about 95% ethylene selectivity at about 37% ethane conversion 
under 50% methane dilution. 

4. Analysis of multi-layered beds with eggshell particles 

As mentioned earlier, a primary goal of this work is to evaluate the 
impact of external and internal transport effects on the ignition and 
extinction behavior of the ODHE system, and to explore the feasibility of 
conducting these reactions using eggshell catalyst particles. While the 
single layer calculations discussed in the previous section are useful in 
understanding transport effects, they lead to only limited reactant con
versions, and hence are not practical. Sun et al. [17] reported fluid phase 
oxygen conversions for the OCM process that reached almost 100%, and 
C2 product selectivities that were improved slightly when using multi- 
layered beds. In this section, we consider the more realistic case of a 
multi-layered but shallow catalyst bed with eggshell particles to increase 
reactant conversion with two packing strategies: a) fixed particle size 
with varying space time and number of layers, and b) fixed space time 

Table 1 
The intra-particle mass and heat transfer times were calculated for two types of 
catalyst particles (full or eggshell) using different effective pore diffusivities. The 
active layer length of the eggshell is 0.4 mm, operating temperature is 750 K.  

Temperature (K) Particle size (mm) τip, full (ms) τip, eggshell (ms) 

Deff =
Dm

10 
1 2.9 2.87 
2 11.7 7.2 
4 46.7 11.1 
8 187 13.7 

Deff =
Dm

100 
1 29 28.7 
2 117 72 
4 467 111 
8 1870 137  

J. Chen et al.                                                                                                                                                                                                                                     



Chemical Engineering Journal 474 (2023) 145660

8

with varying particle diameter and number of layers. Reactor produc
tivity is an important factor in scale-up analysis, and it is inversely 
proportional to the space time. In the first scenario, maintaining a 
constant catalyst particle size while increasing the number of layers may 
enhance oxygen conversion, but it may also decrease process produc
tivity. On the other hand, fixing the space time can ensure consistent 
productivity, but using different catalyst particle sizes may also affect 
the feasibility of autothermal operation. 

4.1. Fixed catalyst particle size with varying number of layers 

Three cases of a fixed catalyst particle size with varying number of 
layers and space times are shown schematically in Fig. 7a. The particle 
diameter is selected to be 4 mm to facilitate external mass transfer and 
reduce the oxygen mole fraction at the particle surface (and catalyst 
layer) which favors ethylene production. The space time in each layer is 
chosen to be 0.2 s to achieve higher ethylene productivity and to ensure 
that the feed temperature of the extinction point is still close to ambient 
temperature. Fig. 8 shows ethane and oxygen conversions and ethylene 
selectivity for beds with varying number of layers of 4 mm sized parti
cles containing a 0.2 mm active layer. Since the optimum operating 
point is typically 5–10 K higher than the extinction point, here we only 
show the ignited branch of the reactor (or exit value of the last cell) in 
the calculations. In this design, the active layer depth is limited to 0.2 
mm due to the negative impact of pore diffusion, which not only de
creases ethylene selectivity but also shrinks the region of autothermal 
operation. Our calculations reveal that the feed temperature at the 
extinction point remains almost unchanged with increasing number of 
the layers. This could be attributed to the constant particle size and the 
fact that most of the reaction takes place within the first layer. The re
sults demonstrate that as the number of layers increases from 1 to 3, the 
exit oxygen conversion at the extinction point shows a significant in
crease from 87% to almost 100%, while the exit ethane conversion in
creases from 15.5% to 18%. We also note that the ethylene selectivity 

remains nearly unchanged as the number of layers increases. 
Fig. 9 shows a plot of the solid and fluid temperatures in each layer 

corresponding to a feed temperature that is slightly to the right of the 
extinction point for a bed with three layers [A complete bifurcation 
diagram for this case is given in Fig. S6]. We note that the solid tem
perature is higher in the first layer and decreases in the flow direction. 
This is due to the fact that the Lewis number for this system is less than 
unity [34]. Table S3 lists characteristic inter-phase mass and heat 
transfer times with high ethane to oxygen ratio for different feed tem
peratures. From this table, it is observed that the inter-phase mass 
transfer time is slightly smaller than the inter-phase heat transfer time, 
which indicates that the Lewis number (thermal diffusivity of the gas 
mixture to the bulk diffusivity of the limiting reactant O2) is about 
0.8–0.9. When Lewis number is smaller than unity, the mass transfer rate 
is higher than the heat transfer rate, which can result in a solid tem
perature that exceeds the adiabatic temperature rise. Therefore, lower 
Lewis number could facilitate ethane conversion but mitigate ethylene 
selectivity. We also notice that the solid temperature decreases with 
increasing number of layers while the fluid temperature increases 
monotonically. Gundlapally et al. [35] also observed similar results, 
wherein the solid temperature decreases along the monolith channel 
with developing flow for after-treatment systems. We note that when 
heat conduction (back flow) is included, the variation in the tempera
ture of the solid is smaller (or solid temperature profile becomes flatter) 
compared to that predicted by the cell model (though it is still mono
tonically decreasing). 

4.2. Fixed space time with varying number of layers 

When the space time is kept constant, the particle size could vary 
inversely with the number of layers, unlike the situation where the 
particle size remains constant. In order to have a better understanding 
on the impact of this packing strategy on the ignition and extinction 
behavior, we take a particle size of 8 mm and one layer as the base case 

Fig. 6. Bifurcation diagram discussing the impact of pore diffusion. Reaction conditions: P = 1 bar, C2H6 : O2 = 6, dp = 4 mm, ξc = 0.1 dp, τ = 0.4 s.  
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and change the particle size and number of layers while keeping the 
space time constant. Fig. 10 shows the impact of particle size at a fixed 
space time on the ignited branch of the reactor. It is found that for case 3 
(small particles), the extinction point moves to higher feed temperature 
which is consistent with the results as shown in Fig. 3. The oxygen 
conversion in the first case is only 80% due to the strong inter-phase 
mass transfer that occurs for larger particles. Instead of using one 
large particle, case 2 and case 3 use, respectively, a two-layer bed with 4 
mm particles and a four-layer bed with 2 mm particles to reduce inter- 
phase mass transfer resistance, thereby increasing reactant conversion. 
As the number of layers increases and particle size decreases, oxygen 
conversion approaches 100% and ethane conversion increases from 14% 
to 18% while the ethylene selectivity remains nearly constant. There
fore, it is possible to use a multi-layered bed consisting of eggshell 
particles with a thin active layer to reach about 18% ethane conversion 
per pass and about 80% ethylene selectivity. Since the inter-phase mass 
and heat transfer times for the 2 mm particle are only about 8 ms, which 
is much smaller than the operating space time of 0.4 s, we could consider 
that the four-layer bed with 2 mm particles could reach the pseudo- 
homogeneous model limit (with the same volume of active catalyst). 
These calculations provide insights into designing shallow packed-bed 
reactors for ODHE that contain a few layers of eggshell catalyst particles. 

5. Summary and discussion 

One main contribution of this study is the elucidation of the ignition- 
extinction behavior of a single eggshell type catalyst particle (or a bed 
consisting of a single layer of particles) exposed to various ethane to 

oxygen ratios and feed temperatures. In this analysis, we used a six-step 
global kinetic model that has previously been validated using experi
mentally measured data over an MoVTeNbOx (M1) catalyst. In our view, 
the eggshell catalyst with an active layer thickness of about 0.2 mm is 
the most appropriate method for scale-up of the ODHE process as pore 
diffusional limitations become important (and reduce the ethylene 
selectivity) for any larger dimensions of the catalyst layer (at P = 1 bar). 
Further, any design that uses small particles and high flow rates may 
result in a high pressure drop, and hence may not be viable as a scale-up 
option. Our results indicate that it is possible to operate a multi-layered 
shallow-bed reactor autothermally using eggshell catalyst particles 
coated with a thin active layer (0.2 mm) at a space time of 0.4 s and a 
C2H6:O2 feed ratio of 6. With finite size eggshell particles (2 to 4 mm), 
external mass transfer limitations can increase the ethane to oxygen 
ratio from 6 to approximately 30 as the gas mixture diffuses from the 
bulk gas phase to the ignited catalyst particle surface, resulting in 
increased ethylene selectivity for the specific ODHE kinetics under 
consideration in which undesired side reactions are more sensitive to O2 
pressure than desired dehydrogenation reactions. These mass transfer 
resistances, however, also limit ethane and oxygen conversions. 
Furthermore, the region of multiplicity is reduced for small catalyst 
particles where external mass transfer resistances are negligible. 
Therefore, it is important to identify the optimal reaction conditions 
(particle size, space time, active layer and so forth) to optimize the 
performance of eggshell catalyst particles in a manner that makes 
autothermal operation viable. Strong pore diffusion inside the particle 
consistently diminishes not only the region of multiplicity but also the 
ethylene selectivity. Employing an eggshell catalyst particle with a 

Fig. 7. Two packing strategies for multilayered beds with eggshell catalyst particles with (a) fixed particle size and varied space time and number of layers, and (b) 
fixed space time and varied particle diameter and number of layers. 
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suitable active catalyst layer thickness can help effectively avoid pore 
diffusional effects while still allowing for autothermal operation with 
near-ambient temperature feeds. 

A second contribution of this work is the analysis of a multi-layered 
shallow-bed reactor with eggshell particles for scale-up of OHDE. We 
investigated the impact of packing strategies on the ignition and 
extinction behaviors. Specifically, we explored the impact of varying the 
space time and number of layers while keeping catalyst particle size 
fixed, and the effects of varying catalyst particle size and number of 
layers while keeping the space time fixed. In the first scenario, the 
location of the extinction point remains almost unchanged due to con
stant particle sizes. Oxygen is almost fully converted, and ethylene 
selectivity remains unchanged as the number of layers increases. 
Moreover, it is observed that the solid temperature decreases slightly, 
and the fluid temperature increases monotonically with an increase in 
the number of layers because the Lewis number (based on the diffusivity 
of the limiting reactant oxygen) is smaller than unity for the ODHE 
system under consideration. As is well known, when the Lewis number is 
less than 1, the heat removal rate from the particle is smaller than the 
mass transfer rate, and therefore the particle temperature can be higher 
than the adiabatic temperature rise. This is a unique phenomenon 
observed only in the ODHE system. In contrast, in oxidative coupling of 
methane (OCM), the system does not exhibit this behavior as the Lewis 
number is very close to unity or slightly higher. As for the case of fixed 
space time, smaller particle sizes always lead to a shrinking of the region 

Fig. 8. Calculated exit (a) oxygen conversion, (b) ethane conversion, and (c) 
ethylene selectivity versus feed temperature for multilayered beds with eggshell 
particles in the ignited branch. Reaction conditions: C2H6 : O2 = 6, dp = 4 mm, 
ξc = 0.2 mm. 

Fig. 9. Solid and fluid temperature in each layer corresponding to a feed 
temperature that is slightly to the right of the extinction point for a bed 
comprised of three layers of eggshell particles. Reaction conditions: P = 1 
barC2H6 : O2 = 6, dp = 4 mm, ξc = 0.2 mm. 

Fig. 10. Calculated exit (a) oxygen conversion, (b) ethane conversion, and (c) 
ethylene selectivity versus feed temperature for three different cases with a 
fixed space time of 0.4 s. Case 1: dp = 8 mm, one layer, Case 2: dp = 4 mm, two 
layers, Case 3: dp = 2 mm, four layers. Reaction conditions: C2H6 : O2 = 6, ξc =

0.2 mm. 
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of multiplicity, and a shifting of the extinction point to higher feed 
temperatures. Using a bed with multiple layers and smaller catalyst 
particles could also help achieve complete oxygen conversion. 

We now discuss some limitations and possible extensions of the re
sults presented here. Firstly, our kinetic model is not comprehensive as it 
does not include products present in small concentrations such as acetic 
acid or acetaldehyde and their deep oxidation to CO or CO2. However, a 
more detailed analysis using a kinetic model that includes these prod
ucts is not expected to change the main conclusions of this work. Sec
ondly, we only considered the steady-state behavior of the autothermal 
reactor. However, proper start-up to reach the operating point on the 
ignited branch is also an equally important aspect of reactor scale-up. 
The start-up process requires determining appropriate initial condi
tions and selecting the proper inlet reactant composition and tempera
ture to maintain a constant bed temperature at the desired level until the 
system reaches steady state. This requires a detailed examination of the 
transient (dynamic) behavior of the reactor. Another limitation is that 
our analysis only accounts for the temperature gradient in the axial di
rection, and we do not consider radial variations (due to flow distribu
tion or pattern formation). Detailed 2D or 3D models could be used to 
further analyze pattern formation and flow distributions. Another lim
itation of this work is that the model used here does not consider heat 
conduction (or backflow) between cells. It is known that including heat 
conduction in the solid makes the temperature profile more uniform and 
moves the extinction point to slightly lower feed temperatures or space 
times [20]. In addition, we ignored the variation of physical properties 
and any instability induced due to coupling between the species, energy, 
and momentum balances. Extension of these results to 3D models are 
topics of interest for future investigations. 
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S1. Rate expressions 

Table S1 lists the rate expressions constituting the proposed global kinetic model used to describe 

ethane oxidation rate data over the MoVTeNbOx catalyst under consideration. The model shows 

that the side reactions have a higher total pressure dependency than the desired dehydrogenation 

reaction. 

Table S1. Global kinetic model rate expressions used to describe ethane oxidation rate data over 

MoVTeNbOx. 

Reaction steps Rate expression 

1:   + 0.5 →  +  

r =  
1 +  2k 

2 

2:   + 2.5 → 2O + 3  = .
 

 3:   + 3.5 → 2 + 3  = .
 

4:   + 2 → 2O + 2  = .
 

5:   + 3 → 2 + 2  = .
 

6:    O + 0.5 →   = .
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S2. Kinetic parameters 

Table S2 lists pre-exponential factors and activation energies for each step with a 90% confidence 

interval. We use these kinetic parameters to perform scale-up analysis of the ODHE process. 

Table S2. Estimated pre-exponential factors and apparent activation energies with 90% confidence 

intervals 

Reaction 

steps 

, 
(mol/s/gcat/kPam ) 

, 

(kJ/mol) 

1 
3.59 ± 0.57 89.4 ± 3.7 

490.4 ± 430.8 101.6 ± 5.1 

2 39.37 138.4 

3 17.59 130.7 

4 7.31 ± 4.28 120.8 ± 4.4 

5 3.69 ± 2.77 122.1 ± 9.3 

6 7.36E-5 ± 3.96E-5 52.8 ± 3.2 

 

The rates are expressed as mol/g cat/s and can be converted to moles/cm3/s by multiplying the 

catalyst bulk density (=1.60 g/cm3). The rates can be converted to units of s-1 by dividing the 

rates having units of moles/cm3/s by the total molar concentration in gas phase having units of 

moles/cm3. 
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S3. Characteristic inter-phase mass and heat transfer timescales 

Table S3 lists the inter-phase mass and heat transfer times at two different temperatures and 

particle sizes with fixed linear velocity. As expected, mass and heat transfer times increase with 

particle size but decrease with temperature. 

Table S3. Calculated mass and heat transfer times at different temperature and particle size, linear 

velocity is 0.04 m/s. 

Temperature 

(K) 

Particle size 

(mm) 

 at 1 bar 

(ms) 

 at 1 bar 

(ms) 

 at 5 bar 

(ms) 

 at 5 bar 

(ms) 

650 

1 1.9 2.3 6.32 7.32 

2 6.6 7.7 19.6 22.6 

4 21.7 25.2 58.4 66.9 

8 68 78 168 192 

750 

1 1.6 1.8 5.4 6.0 

2 5.5 6.2 16.8 18.7 

4 18 21 50 56 

8 58 65 148 163 
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S4. Impact of feed ratio 

Figure S1 shows the exit particle temperature, reactants conversion and ethylene selectivity as a 

function of feed temperature for different ethane to oxygen feed ratios. It is found that the region 

of multiplicity increases with decreasing feed ratio. Lower feed ratio yields higher ethane 

conversion but also lower ethylene selectivity.  

 

Figure S1. Computed bifurcation diagrams of exit (a) particle temperature, (b) ethane conversion, 

(c) oxygen conversion, and (d) ethylene selectivity versus feed temperature at different feed ratio. 

Reaction conditions: =0.4s, =4mm, =0.1, P=1bar. 
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S5. Impact of active layer depth 

Figure S2 shows the exit particle temperature, reactants conversion and ethylene selectivity as a 

function of feed temperature for different active layer lengths. As the active layer length increases 

from 0.2 mm to 0.4 mm, both ignition and extinction points move to lower feed temperature. 

However, the region of multiplicity remains unchanged as the active layer length increases from 

0.6 mm to 0.8 mm. That is because oxygen is almost consumed at the outermost part of the active 

layer and no additional reaction occurs with further increases in the active layer length. 

 

Figure S2. Computed bifurcation diagrams of exit (a) particle temperature, (b) ethane conversion, 

(c) oxygen conversion, and (d) ethylene selectivity versus feed temperature at different active layer 

length. Reaction conditions: C2H6:O2=6, =0.4s, =4mm, P=1bar. 
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S6. Impact of operating pressure  

Figure S3 and Figure S4 show the dependence of exit particle temperature, reactant conversion, 

and ethylene selectivity on feed temperature under varying total pressure conditions for two 

scenarios: fixed linear velocity and fixed mass velocity. 

 

Figure S3. Calculated exit (a) particle temperature, (b) ethane conversion, (c) oxygen conversion, 

and (d) ethylene selectivity versus feed temperature for different total pressures with fixed linear 

velocity. Reaction conditions: : =6, =1mm, =0.05mm, =0.4s 
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Figure S4. Calculated exit (a) particle temperature, (b) ethane conversion, (c) oxygen conversion, 

and (d) ethylene selectivity versus feed temperature for different total pressures with fixed mass 

velocity. Reaction conditions: : =6, =1mm, =0.05mm, =0.4-2.0s 
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S7. Impact of reactants dilution 

Figure S5 illustrates the bifurcation diagram obtained at a feed ratio of 4, a particle diameter of 2 

mm, and a space time of 3 s with 50% methane dilution. 

 

Figure S5. Calculated exit (a) particle temperature, (b) ethane conversion, (c) oxygen conversion, 

and (d) ethylene selectivity versus feed temperature with 50% methane dilution. Reaction 

conditions: : =4, =2mm, =0.2mm, =3.0s, P=1bar. 
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S8. Bifurcation diagram for multilayered beds 

Figure S6 shows the exit solid and fluid temperature as a function of feed temperature for a three-

layer bed with eggshell particles. It is found that solid temperature decreases with increasing 

number of layers while the fluid temperature monotonically increases. 

 

Figure S6. Bifurcation diagram of exit (a) particle temperature (b) fluid temperature versus feed 

temperature for a bed composing three layers of eggshell particles. Reaction conditions: : =6, =4mm, =0.2mm. 
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S9. Pressure drop in shallow-bed reactors 

This section presents an analysis of the pressure drop in a multilayered bed containing 3 or 4 

catalyst particle layers. The calculation of pressure gradient employs the Ergun Equation [1], 

which is expressed as follows: 

 
 = − 150 (1 − )

 + 1.75 (1 − )
 , 

 

(9a) 

where  is the pressure drop in a differential length dL of the reactor,   is the viscosity of 

reaction mixture passing through the bed, u is the linear velocity,  is the bed porosity,  is the 

fluid density,  is the catalyst particle diameter. Since high ethane to oxygen feed ratio is used in 

most of our calculations, we use the physical properties of ethane to represent the gas density and 

viscosity in the pressure drop calculations. Four particle layers, each with a diameter of 4 mm, are 

selected to calculate the base case for pressure drop. Consequently, the total length of the catalyst 

bed is about 16 mm. The bed porosity is calculated as shown below [2]: 

  = 1 − ( ), 
 

(9b) 

where  is the catalyst bulk density and  is the sold catalyst density. The porosity of the bed is 

estimated to be approximately 0.36. 

Table S4 presents the pressure drops for the multilayered bed, which range from 0.00029 to 0.0037 

kPa as the linear velocity increases from 0.01 to 0.08 m/s at pressure of 5 bar. The pressure drop 

is even smaller at 1 bar. These results suggest that the pressure drop along the bed can be 

considered negligible. 
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Table S4. Pressure drops as a function of different linear velocities for multilayer bed. 

Linear velocity (m/s) 0.01 0.02 0.04 0.08 

Pressure drop at 1 bar (kPa) 0.00026 0.00054 0.0011 0.0024 

Pressure drop at 5 bar (kPa) 0.00029 0.00063 0.0014 0.0037 
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