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A B S T R A C T

This paper presents a first-principles model for the recovery of dissolved gases from liquids using a sidestream
hollow-fiber membrane module. The model avoids the use of new empirical coefficients, thus providing a
parametric understanding of the process behavior for future design and optimization of membrane modules.
This type of first-principles model could be particularly useful when gas recovery is beneficial to biological
or chemical reactions of interest, such as the acetogenesis reactions in two-stage anaerobic digesters. The
steady-state behavior of the model was validated against both new experimental data for the recovery of H2,
CH4 and H2–CH4 mixtures from pure water, as well as existing published data. The modeled gas recovery
predictions agreed with experimental data to an absolute average error of 13%, and an average R2 value of
0.98. Parametric analysis of mixed-gas recovery suggests possible key transition points in the composition
of the recovered gases. For example, at 40 ◦C, increasing trans-membrane pressure while keeping hydraulic
residence time (HRT) under 0.5 s will result in an increase in the ratio of H2 to CH4 recovered. Otherwise,
increasing trans-membrane pressure will instead decrease the ratio of H2 to CH4 recovered. The model has
potential to be extended to transient analysis, but has yet to be validated with transient experimental data.
This model was successfully implemented in both Python and MATLAB, and provides valuable insights for
future net-energy optimization for anaerobic digestion systems with in-situ gas recovery.
. Introduction

Wastewater treatment accounts for approximately 1% of global
nergy consumption [1], 30%–50% of municipal energy consump-
ion, and 3% of global greenhouse gas (GHG) emissions [2] around
he world. In 2015, the United Nations General Assembly ratified

set of Sustainable Development Goals (SDGs), some of which re-
er to increasing access to sanitation and halving the proportion of
ntreated wastewater discharge (SDG 6.2-6.3) [3]. The International
nergy Agency (IEA) estimates that the achievement of SDG 6.2 and
.3 with current wastewater treatment technologies would result in
6-fold increase in energy consumption by wastewater treatment

lants (WWTPs) [2]. There is a pressing need, therefore, to develop
echnologies that can increase the efficiency of, and recover energy
rom, wastewater treatment processes. While the recovery of methane
CH4) from the effluent of various single-stage anaerobic digestion
AD) processes via the use of hollow-fiber (HF) membrane contactors

∗ Corresponding author.
E-mail address: natasha@umn.edu (N.C. Wright).

has been studied [4–7], this work focuses on the combination of gas
recovery in the form of H2 and CH4 for application to small-scale
two-stage AD processes.

In the United States, wastewater is generally treated in a centralized
WWTP. The treatment process converts organic substrates contained
in the wastewater to CO2 and waste biosolids. The strength of the
organic wastewater is commonly described by its chemical oxygen
demand (COD). Before entering the plant, different wastewater streams
— low-strength wastewater from household use (∼150–300 mg/L COD)
and high-strength wastewater from industrial manufacturing facilities
(∼5000–35,000 mg/L COD) - are mixed together, diluting the net
strength of the wastewater and making it more difficult to recover
energy from these high-strength streams. Industries that release high-
strength wastewater are also often required to pay strength charges to
the city to account for the additional energy requirement.
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Nomenclature

𝐶𝑗 Concentration of species 𝑗 (mol m−3)
𝐷 Inner diameter of the hollow-fiber (m)
𝐷𝑗,H2O Diffusion coefficient of gas 𝑗 in water

(m2 s−1)
𝐽𝑗 Flux of species 𝑗 through the membrane

(mol m−2s−1)
𝑘𝑔 Gas mass transfer coefficient (m s−1)
𝑘𝑙 Liquid mass transfer coefficient (m s−1)
𝐾tot Total mass transfer coefficient (m s−1)
𝐿 Membrane Length (m)
MW𝑗 Molecular weight of species 𝑗 (g∕mol)
𝑛 Number of segments
𝑃0 Permeate-side pressure (Pa)
Perm𝑗 Permeability of gas 𝑗 (Barrer)
𝑄 Volumetric flowrate (m3 s−1)
𝑅 Universal Gas Constant (J K−1 mol−1)
𝑇 Temperature (K)
𝑉 CSTR volume (m3)
𝑉𝑗 Molar volume of component 𝑗 (mol m−3)
𝑉𝐿 Volume of the lumen (m3)
𝑉𝑆 Volume of the shell (m3)
𝑦𝑗 Mole fraction of gas 𝑗 in the permeate

Dimensionless numbers

Gr Graetz Number
Re Reynolds Number
Sc Schmidt Number

Greek symbols

𝛿 Membrane wall thickness (m)
𝜙 Wilke-Chang association constant
𝜇 Viscosity (Pa s)

Subscripts

𝑖 Lumen segment index
𝑗 Species component index

The high energy cost of centralized wastewater treatment has led to
n increased interest in the decentralized (on-site) treatment of high-
trength organic wastewater and the potential for energy recovery from
uch processes [8,9]. Two-stage AD processes have been proposed as
n alternative to single-stage AD processes [10,11]. In a two-stage AD
rocess, hydrolysis and fermentation occur in the first stage reactor,
roducing H2 and CO2. Methanogenesis – the final step in the AD
rocess – and some acetogenesis occur in the second-stage reactor,
roducing CH4 and CO2. Separating the AD process into two steps
llows for separate optimization of operating parameters, particularly
he temperature and pH, for the fermentation and methanogensis pro-
esses. Additionally, gas recovery can be performed on both reactor
tages, thereby allowing for energy recovery in the form of biogas, more
pecifically known as biohythane [12,13]. The removal of H2 from the
irst-stage reactor is also expected to accelerate the disintegration of
ong chain fatty acids and volatile fatty acids into acetic acid due to
he inhibitory nature of H2 to the acetogenesis process [14].

The recovery of energy from AD processes has been an active area
f research [9,15–18]. This recovered energy comes from the gases
roduced and the solids left at the end of the AD process. The produced
ases, known as biogas, are mostly composed of CH4 and CO2. Most
iogas recovery methods collect the gases from the headspace of the
2

Fig. 1. Diagram of the two-stage AD system proposed by Chen et al. (2022) [25].
Each bioreactor is seeded with encapsulated bacterial colonies that can be optimized
for the specific bioreactor. Active gas recovery will be performed on both bioreactors.
The first bioreactor is predicted to recover primarily H2 and CO2, while the second
bioreactor is predicted to recover primarily CH4 and CO2. The recovered gas flows can
be combined to produce biohythane for energy recovery.

reactor [19,20]. A significant portion of the CH4 produced in the AD
process, however, remains dissolved in the liquid [20]. Crone et al.
report that 19%–63% of total CH4 produced in anaerobic membrane
bioreactors (AnMBRs) is lost via the effluent [20], representing a
significant loss in the energy recovered, and a significant contributor to
the greenhouse gas emissions of the wastewater treatment process [8].
This has led to research aimed at polishing methods to recover CH4
from the effluent stream. These methods include air-stripping [9] and
CH4 recovery through membrane contactors (Table 1).

The use of hollow fiber membrane contactors (HFMC) for gas re-
covery is a promising method of recovering gases from AD effluent and
is the focus of this work. HFMCs have two different operating modes.
Lumen side HFMC operation, where the liquid phase flows inside the
lumen, tends to allow for higher mass transfer coefficients in the liquid
phase, but is susceptible to clogging as a result of the high solids content
in the liquid. Shell side operation is less susceptible to clogging, but
generally has poorer mass transfer coefficients at higher flowrates due
to hydrodynamic channeling.

The driving force for mass transfer through HFMCs is generated by
using either a sweep gas or a vacuum. The choice between the two
depends on both the terminal use of the recovered gases and the mem-
brane material. Sweep gas operation is commonly used when the HFMC
is porous, because it reduces the risk of pore-wetting and allows for
high gas-side mass transfer coefficients. Unfortunately, the recovered
gas is significantly diluted by the sweep gas. Vacuum operation is more
common with non-porous membranes and results in high purity gases,
but requires more energy to maintain the TMP.

Chen et al. recently proposed an encapsulated two-stage AD process
– known as the modular encapsulated two-stage anaerobic biological
(METAB) system – where the bacteria responsible for the acetogenesis
and methanogenesis are retained in polymeric beads, allowing for the
separation of hydraulic and solids residence time (Fig. 1) [25]. Given
the recent successes of removing dissolved CH4 and CO2 from anaerobic
effluent, the removal of H2 and CO2 gases from the METAB first-stage
reactor is also plausible. Removal of H2 could allow for energy recovery
and increase AD reaction rates. Additionally, the use of encapsulated
bacteria is also potentially beneficial for lumen-side HFMC operation,
as it could reduce fouling of the HFMC.

To accurately model biohythane production and its effects on the
rate of acetogenesis in the first-stage reactor, a gas extraction/recovery
model is critical. In this work, our goal was to create a first-principles
model for the removal of gases from the METAB system, avoiding
new empirical parameters that fit the model directly with experimental
gas recovery data. This allows the development of a parametric un-
derstanding of the process behavior, thus enabling future design and
optimization of novel membrane architectures.

The removal or addition of gases from fluids using a side-stream
HFMC has been a topic of interest in many application areas, in-
cluding dissolved oxygen removal [26], blood oxygenators [27,28],
biogas removal from wastewater effluent [4], and process intensifica-
tion technologies [29]. Previous literature presents the various effects

of operating parameters on HF membrane operations, both from an
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Table 1
Summary of previous experimental work on CH4 and CO2 removal using HFMCs and various feed types, including expanded granular sludge bed (EGSB), upflow anaerobic sludge
blanket (UASB), AnMBR and synthetic wastewaters.

Membrane material Membrane characteristics Feed type Liquid flow Driving force Maximum removal efficiency [%] Ref

PDMS Dense EGSB Shell Sweep 72% CH4 [21]
PDMS Dense Synth, UASB, AnMBR Shell Sweep 92.6% CH4 [4]
PP Microporous Synth, UASB, AnMBR Lumen Sweep 98.9% CH4 [4]
PDMS Dense AnMBR Shell Vacuum ∼80% CH4 [22]
PP Microporous Synth Lumen Sweep 97% CH4 [23]
PP/PU Composite UASB Shell Vacuum 97% CH4 [5]
PDMS Dense EGSB Both Vacuum and Sweep 77% CH4 [7]
PP Microporous Synth, AnMBR Lumen Sweep 95.7% CH4, 76.2% CO2 [24]
Fig. 2. This figure depicts how the hollow-fiber lumen-side model is formulated. (a)
A single hollow fiber tube is assumed to act as an ideal plug flow reactor (PFR), and
split into 𝑛 segments. (b) A mass balance can be drawn around each segment for each
gas species 𝑗, which includes species entering and leaving due to the advection, species
leaving due to permeation 𝐽 (molar flux), and a reaction term 𝑅𝑥𝑛 (if applicable).

experimental and modeling perspective. Many of the models have ei-
ther focused on averaged concentrations to lump the membrane model
into a black box [22], or calculate their own overall mass transfer
correlations for various membrane modules [26]. Those that focus
primarily on using first principles, use a steady-state assumption [6,30].

This work presents modeling of HF gas recovery that could be
extended to transient analysis. Model-predicted performance was com-
pared to experimental performance via bench-scale experiments recov-
ering H2, CH4, and H2-CH4 from water. The presented model could, in
the future, be combined with a biochemical process model to capture
the change of reaction rates in the first-stage reactor, and therefore
allow for dynamic modeling of the entire METAB system.

2. Model derivation

2.1. Model structure and assumptions

A single hollow fiber membrane was discretized into 𝑛 control
volumes (segments) of length 𝐿∕𝑛 (Fig. 2). We treated the hollow fiber
as an ideal plug-flow reactor (PFR), with flow entering and exiting at a
constant volumetric flowrate 𝑄. There also exists a continuously stirred
tank reactor (CSTR) from which the flow originates from and returns.
We performed a mass balance on each control volume to determine the
rate at which gases were recovered out of a single fiber, 𝐽 . Therefore,
the model tracked the concentration of each gas species 𝑗 in each
segment 𝑖 of the lumen, the concentration of each gas species in the
CSTR, and the concentration of each gas species in the shell of the
module.

The assumptions for the membrane module model are listed below:

1. The liquid in the reactor was well-mixed, and acted as an ideal
continuously stirred tank reactor (CSTR).

2. The flow of the liquid in the lumen of the hollow-fiber mem-
branes could be approximated as a PFR, but the concentra-
tion gradient of the gases were modeled as a boundary-layer
resistance.
3

3. The shell side of the hollow-fiber membrane module (the per-
meate) had uniform pressure at the vacuum pressure. The gas
along each shell-side segment of the hollow-fiber module was
well-mixed, but there were varying partial pressures between
segments.

4. The gas boundary layer resistance on the permeate/shell side of
the membrane was negligible compared to the resistances from
the liquid boundary layer and the membrane.

5. The gases present (N2, O2, CH4, and H2) did not significantly
interact with each other both in the liquid or the gas phases.
The only interaction between them was that the simultaneous
permeation of multiple gases resulted in higher driving forces.

6. The mass transport in the flow direction was dominated by con-
vection, while the mass transport in the direction perpendicular
to the flow was affected by both diffusion and convection.

7. The effects of temperature gradients from viscous dissipation and
from temperature differences between the fluid media and the
air surrounding the membrane module were neglected.

8. All of the gases were treated as ideal gases.
9. Hollow fiber spacing was consistent, and each hollow fiber in

the module performed identically.
10. Diffusion through the dense PDMS membrane happens only

through the solution–diffusion mechanism.

2.2. Mass conservation

Mass conservation equations for each segment tracked the change in
concentration of each species in the segment. The segments are enumer-
ated from 1:n (Fig. 2). Because we also had to track the concentration
in the CSTR reactor, we included the concentration of ‘‘Segment 0’’, or
𝑖 = 0, which indicated the concentration of each species of gas in the
CSTR reactor. The set of mass balance equations are shown below in
Eqs. (1a) and (1b).

𝑑𝐶𝑗 (𝑖, 𝑡)
𝑑𝑡

= 𝑄
𝑑𝑉

(𝐶𝑗 (𝑖 − 1, 𝑡) − 𝐶𝑗 (𝑖, 𝑡))

−
𝐾𝑡𝑜𝑡,𝑗 (𝑖)
𝐷∕4

(

𝐶𝑗 (𝑖, 𝑡) −
𝑦𝑗 (𝑖, 𝑡)𝑃0

𝐻𝑗

)

, 𝑖 = 1 ∶ 𝑛 (1a)

𝑑𝐶𝑗 (0, 𝑡)
𝑑𝑡

= 𝑄
𝑉tank

(𝐶𝑗 (𝑛, 𝑡) − 𝐶𝑗 (0, 𝑡)) (1b)

In the equations above, 𝐶𝑗 (𝑖, 𝑡) is the concentration of species 𝑗 in
segment 𝑖 and time 𝑡. 𝑄 is the volumetric flowrate, 𝑑𝑉 is the volume
of a segment. 𝐾𝑡𝑜𝑡,𝑗 (𝑖) is the total mass transfer coefficient of species 𝑗
in segment 𝑖, while 𝐷 is the inner diameter of the fiber. 𝑦𝑗 (𝑖, 𝑡) is the
partial pressure of species 𝑗 in the shell-side of segment 𝑖 at time 𝑡. 𝑃0
is the vacuum pressure, and 𝐻𝑗 is the Henry’s Law constant for species
𝑗. Finally, 𝑉tank is the volume of the CSTR reactor.

Note that the term 𝐾𝑡𝑜𝑡,𝑗 (𝑖)
𝐷∕4 comes from the governing equation for

flux through a membrane. Because the left hand side of the equation is
the change in concentration with respect to time, a conversion factor
of 𝑑𝐴 is needed.
𝑑𝑉
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Fig. 3. Resistance network diagram for the transport of a gaseous species from the bulk liquid to the vacuum permeate at pressure 𝑃0. Three resistances are shown in (a). In
order from left to right, they are: the liquid boundary-layer, the membrane, and the gas boundary layer. The gas boundary layer is omitted in (b) due to the commonly proven
assumption that 𝑘𝑔 ≫ 𝑘𝑙 .
2.3. Mass transport

The mass transport of the gases from the bulk solution to the
vacuum permeate was modeled as a resistance network (Fig. 3). It is
common practice, however, to neglect the boundary layer resistance
on the gas side because diffusion coefficients in gases are a few orders
of magnitude higher than diffusion coefficients in liquids (𝑘𝑔 ≫ 𝑘𝑙).
This assumption has also been demonstrated in the case of membrane
pervaporation by Crowder & Cussler [31]. Here, we retain the mem-
brane mass transfer coefficient, and the equation that relates the molar
gas flow rate from the bulk of the flow to the permeate is,

𝐽𝑗 (𝑖, 𝑡) = 𝐾𝑡𝑜𝑡,𝑗 (𝑖)
(

𝐶0,𝑗 −
𝑦𝑗 (𝑖, 𝑡 − 1)𝑃0

𝐻𝑗

)

=

(

𝐶0,𝑗 −
𝑦𝑗 (𝑖, 𝑡 − 1)𝑃0

𝐻𝑗

)

1
𝑘𝑙,𝑗

+ 𝛿
𝐻𝑗 ⋅ 𝑃𝑒𝑟𝑚𝑗

(2)

where 𝐽𝑗 (𝑖, 𝑡) is the molar flux of species 𝑗 from segment 𝑖 at time 𝑡. For a
gas species 𝑗, 𝑦𝑗 is the partial pressure on the permeate side, 𝐻𝑗 is the
Henry’s Law coefficient, 𝑃𝑒𝑟𝑚𝑗 is the permeability of the membrane,
𝑘𝑙,𝑗 is the liquid-side mass transfer coefficient that can be calculated
by Eq. (6), and 𝐶0,𝑗 is the bulk gas concentration in the feed-side. 𝛿 is
the thickness of the membrane, and 𝑃0 is the operating pressure on the
permeate side.

Membrane permeability values for each gas were provided by the
manufacturer of the PDMS membrane modules [32]. These values
were used in the model to calculate the mass transfer resistances that
corresponded to transport through the membrane. This left two other
unknowns in Eq. (2), which are the liquid-side mass transfer coefficient
𝑘𝑙,𝑗 and the permeate partial pressure 𝑦𝑗 (𝑖).

To model the liquid-side mass-transfer resistance, we first deter-
mined the ranges of Schmidt (Sc) and Reynolds (Re) numbers relevant
to the experiments. The manufacturer data sheet for the hollow-fiber
membrane module PDMSXA1000 (Permselect©, MedArray Inc., USA)
used in this study suggested that common volumetric flowrates should
range from 0.05 to 0.8 m3/s, which corresponds to linear flow velocities
between 2.3 cm/s and 36.7 cm/s. Therefore, the expected range of
the Schmidt (4 < Sc < 688) and Reynolds (4 < Re < 69) numbers
at 20 ◦C leads to the assumption that Sc ≫ Re, implying that the
4

velocity boundary layer will develop much faster compared to the
mass-transfer boundary layer. Therefore, we initially assumed a fully-
developed velocity profile and a developing mass-transfer boundary
layer.

These assumptions are similar to those made in an analogous heat
transfer problem known as the Graetz problem. For a developing mass-
transfer boundary layer, it has been consistently shown that the Lev-
eque solution is able to successfully predict the liquid mass transfer
coefficient when it is flowing in the lumen of a hollow fiber module
[33–35]. The Leveque solution is as follows:

𝑆ℎ = 1.6151𝐺𝑧1∕3 (3)

where the Sherwood number is defined as 𝑆ℎ = 𝑘𝑙
𝐷𝑗∕𝐷

. 𝐷𝑗 is the
diffusivity of the species in question, and 𝐷 is the characteristic length
scale, taken here to be the inner diameter of the hollow-fiber. The
Graetz number is defined as 𝐺𝑧 = 𝑅𝑒𝑆𝑐 𝐷

𝐿 , where 𝐿 is the length of
the hollow-fiber membrane.

The Leveque solution was derived under the assumption that the
thickness of the heat or mass transfer boundary layer is much smaller
than the radius of the tube. As we approach regions where that as-
sumption is no longer valid (i.e. slow flows or long tubes), then the
Leveque approximation begins to fail, as the diffusion layer reaches
the center of the tube. Newman derived an extension to the Leveque
approximation [36]. The Newman extension is:

𝑆ℎ(𝑖) = 1.6151𝐺𝑧(1∕3) − 1.2 + 0.28057𝐺𝑧(−1∕3) (4)

One important note about Eqs. (3) and (4) is the use of an aver-
aged Graetz number. Initial derivations tended to use the local Graetz
number, to account for the growth of the mass-transfer (or heat-
transfer) boundary layer [37]. Recent papers, however, have mostly
used the average Graetz number with Eq. (3). We approximated the
mass-transfer entry length using a modified expression reported by
Bergman et al. (Eq. (5)), which showed that the mass transfer boundary
layer is developing (within the mass-transfer entry length) in 10%–
76% of the hollow fiber [38]. Using an averaged Graetz number should
not account for the enhanced mass transfer coefficients during the
development of the boundary layer. Eqs. (3) and (4) and the use of the
local and averaged Graetz numbers has been tested against published
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deoxygenation data for the membrane used in the experiments (see
below). Based on the results described in Section 4.1, Eq. (3) was used
to determine the appropriate Sherwood number.
(𝑥𝑓𝑑,𝑚

𝐷

)

lam
≈ 0.05Re𝐷Sc (5)

Finally, we can calculate the liquid-side mass transfer coefficient
or each gas at each segment through the definition of the Sherwood
umber:

𝑙,𝑗 (𝑖) =
𝑆ℎ(𝑖) ⋅𝐷𝑗,H2O

𝐷
(6)

where 𝐷𝑗,H2O is the diffusion coefficient of species 𝑗 in H2O.
The last part of the mass transfer model is the calculation of the

permeate side mole fraction 𝑦𝑗 (𝑖). To do this, we used a finite difference
method, where we assumed an initial pressure distribution among the
gases in the permeate. We then used Eq. (1a) to calculate the change
of concentration in the lumen. The new concentration in the shell after
the permeation occurs is:

𝐶𝑗,𝑠ℎ𝑒𝑙𝑙(𝑖, 𝑡) =
𝑦𝑗 (𝑖, 𝑡 − 1) ∗ 𝑃0

𝑅𝑇
+

𝑑𝐶𝑗 (𝑖, 𝑡)
𝑑𝑡

𝑉𝐿
𝑉𝑆

(7)

where 𝑉𝐿 and 𝑉𝑆 are the volumes of the membrane contactor lumen
and shell, respectively. We can then use these new concentrations to
calculate the new permeate partial pressures at time 𝑡:

𝑗 (𝑖, 𝑡) =
𝐶𝑗,𝑠ℎ𝑒𝑙𝑙(𝑖, 𝑡)

∑

𝑗 𝐶𝑗,𝑠ℎ𝑒𝑙𝑙(𝑖, 𝑡)
𝑑𝑡 (8)

This method of approximating 𝑦𝑗 (𝑖, 𝑡) assumes that in each segment
f the shell, the gases are well-mixed. Between each time-step, the gas
quilibriates, and some of it leaves the shell due to the vacuum pressure
hat is exerted. This approximates each segment’s shell-side as an ideal
STR. This method also avoids having to solve for the concentration of
he shell and lumen simultaneously which has also been done by Tan
t al. in a different hollow fiber membrane configuration [26].

.3.1. Temperature dependence of gas properties
Many of the thermophysical properties of the substances that we

re modeling vary significantly with temperature. Specifically, the
inematic viscosity of water, permeate partial pressure of water vapor,
enry’s Law coefficients, and diffusion coefficients of the gases in
ater. To account for these temperature dependencies, we relied on

orrelations that have been previously reported.
An equation for the absolute viscosity of water was rigorously fitted

y Huber et al. [39]. The liquid density of water as a function of
emperature can be found from the American Institute of Chemical
ngineers (AIChE) Design Institute for Physical Properties (DIPPR)
atabase, Equation # 100. The formula for the Henry’s Law Coefficients
as taken from the NIST Webbook.

Finally, the diffusion coefficients of the gases in water were initially
alculated using the Wilke-Chang correlation [40]. The correlation is
hown below:

𝑗,H2O =
(7.4 × 10−8)(𝜙MWH2O)

0.5𝑇

𝜇𝑉𝑗
(9)

where 𝜙 is the association constant, MWH2O is the molar mass of water,
𝜇 is the viscosity of water, and 𝑉𝑗 is the molar volume of component
𝑗. 𝑉𝑗 is calculated from a correlation by Tyn and Calus (1975) as
referenced in Poling et al. [41] and shown below:

𝑉𝑗 = 0.285𝑉 1.048
𝐶 (10)

where 𝑉𝐶 is the critical molar volume of the gas, tabulated on the NIST
Webbook.

The diffusion coefficients calculated from Eq. (9) were found to be
significantly different from experimental values for O2, N2, CH4 and
H2 that were reported by other authors [42–46]. To account for the
difference, we adjusted the association parameter 𝜙 in Eq. (9) to the
5

m

data presented by the papers above (Appendix B). This resulted in an
association parameter of 9.84 for H2, 2.2 for CH4, 1.77 for N2 and
1.90 for O2 in comparison with Wilke and Chang’s reported association
parameter of 2.6 for any gas in water [40]. Through this fitting,
we maintained the dependence of the diffusion coefficient on both
temperature and water viscosity. It was important that the diffusion
coefficients were modeled accurately, because the model is particularly
sensitive to gas diffusivity.

2.3.2. Water vapor permeation
As described by Tan et al. water vapor permeation can increase

the driving force for other gas permeation through a vacuum-driven
membrane module [26]. In general, multi-component effects between
non-reacting species will increase the mass transfer rate. If we assumed
that there was no air permeating through the membrane at steady-
state, we are likely to slightly underestimate the recovery of our gas
of interest.

Tan et al. noted that water vapor permeation only increases the driv-
ing force slightly at room temperature [26]. However, as we increase
temperature, the effect of water vapor permeation will significantly
increase. To account for this, H2O was added as another permeating
species, where the driving force on the lumen-side was simply the sat-
urated water vapor pressure at the operating temperature, as described
by Huang [47].

In this model, a total pressure boundary condition is enforced on the
vacuum-side of the HFMC. If water vapor permeation is not accounted
for, then this total pressure boundary condition 𝑃0 is only composed of
the dissolved gas species. For example, in the case of oxygen recovery
from water, the vacuum-side of the HFMC will only be occupied by
oxygen and nitrogen. However, accounting for the permeation of water
vapor will reduce the permeate partial pressures of oxygen and nitrogen
in the vacuum side, because we have introduced a third component,
while holding the total pressure boundary condition 𝑃0 constant.

3. Materials and methods

The model-predicted gas recovery rate was evaluated using a com-
mercially available hollow-fiber membrane module (1000 cm2 total

embrane area). The objective was to assess the accuracy of the model
ver a diverse range of operating parameters (linear flow velocity,
hell-side vacuum pressure, temperature, and gas composition) without
onducting prior system characterization.

.1. Experimental apparatus

The experimental setup (Fig. 4) utilized a commercially available
ollow-fiber PDMSXA1000 membrane module (Permselect©, MedAr-
ay Inc., USA), whose key geometric measurements are summarized
n Table 2. A smaller version of this module was used for similar
xperimental validation in Henares et al. [7]. The gases of interest
H2 or CH4, or a mix of H2 and CH4) were bubbled into the CSTR
eactor through an air stone. Rotameters were used to ensure the same
as bubbling rates between experiments. The water in the CSTR was
ecirculated using a peristaltic pump and a flow dampener. A flowmeter
Blue White Micro-Flo, FS1-201-4V, ±5% accuracy in experimental
ange) was used to determine the volumetric flowrate of liquid flowing
hrough the membrane. The fluid was pumped through the lumen side
f the membrane and returned to the CSTR. A 3-way valve was placed
efore and after the membrane for dissolved gas measurement.

A second peristaltic pump was used to pull vacuum on the shell-
ide of the membrane. A pressure indicator (WINTERS Vacuum Gauge,
FQ700LF, ± 1 kPa) was used to measure the vacuum pressure. The
ermeate was then pumped to a volumetric gas measurement system
ased on a water-displacement method. A 3-way valve was also at-
ached on the permeate line to allow for permeate gas concentration

easurements.
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Fig. 4. Diagram of the experimental setup to determine gas recovery from pure water. For mixed-gases, two gas tanks and two rotameters were employed and combined into one
line for addition to the CSTR. RM indicates a rotameter, PI indicate a pressure indicator, and FI indicates a flow indicator.
Table 2
Geometric measurements of the PDMS module used in the experiments.
Fiber inner diameter [D] 190 μm
Fiber outer diameter 300 μm
Effective length [L] 8.42 cm
Number of fibers 1512
Shell tube inner diameter 1.89 cm

The reactor was allowed to reach steady-state prior to taking dis-
solved gas samples for measurement. Steady-state was ensured by
collecting a 200 μL sample of the permeate and testing the sample
composition. When the permeate composition varied less than 5% over
3 measurements, it was assumed that steady-state had been reached.

The liquid headspace gas measurement was performed as follows.
A syringe was attached to the 3-way valve to collect a liquid sample,
5 mL of which was inserted into an 11.5 mL crimp-top vial filled with
argon gas. During the transfer of liquid from the syringe to the vial,
a second syringe was inserted into the vial to keep the pressure in
the system at 1 atm. The sample was then left to equilibrate at room
temperature. The vial was shaken vigorously prior to headspace gas
composition measurement. Permeate and headspace gas composition
were determined using a gas chromatograph (GC, HP 6890 Series,
with Supelco 45/60 Mol Sieve 13X column) equipped with a thermal
conductivity detector (TCD) and argon reference gas.

The volume of recovered gas was measured via a liquid displace-
ment method using an inverted graduated cylinder in water. The grad-
uations on the cylinder were 10 mL for H2 experiments, and 2 mL for
CH4 and mixed H2-CH4 experiments. Permeate samples were obtained
through a 3-way stopcock capped with a rubber septum. It was assumed
that a negligible amount of air was present in the permeate at steady-
state. This was due to the vigorous bubbling of gas into the CSTR, which
inhibited air diffusion into the water.

3.2. Experimental design

Steady-state gas recovery experiments were performed in a 32 de-
sign of experiments (DOE) with a center point. Vacuum pressure was
varied from −60 kPa to −80 kPa, operating temperature from 20 ◦C
to 40 ◦C, and linear flow velocity from 9 to 18 cm/s. The center point
operating condition was −70 kPa vacuum pressure, 30 ◦C, and a linear
flow velocity of 14 cm/s. Pure H2 recovery experiments were performed
as a full-factorial DOE. However, CH and mixed H -CH experiments
6

4 2 4
Table 3
Root mean square (RMS) error between the model predicted O2
extraction rates and the PDMSXA1000 data sheet using various
Sherwood number correlations.
Correlation RMSE [%]

Leveque, Average Gz. 4.51
Newman, Average Gz. 12.98
Leveque, Local Gz. 7.52
Newman, Local Gz. 7.49

were performed as a partial-factorial DOE, where experiments were
selected according to latin hypercube sampling methods.

The steady-state gas recovery experiments were performed in at
least duplicates. Samples for dissolved gas measurement were taken in
duplicates.

The gas flowrate into the CSTR for single-gas experiments was set
at 5 SCFH-air for H2 experiments, and either 5 or 10 SCFH-air for
CH4 experiments, which were the highest bubbling rates that could be
achieved without overflowing the CSTR. For simultaneous permeation
of H2 and CH4, a second rotameter was utilized to allow the flowrates
of both gases to be controlled separately. The gas flowrate was set at
2.5 SCFH-air of H2 and 10 SCFH-air of CH4 for mixed gas experiments.

4. Results and discussion

4.1. Single gas permeation

The model was first compared to the data published by Perms-
elect© for the PDMSXA1000 membrane. Data was provided for the
deoxygenation of water, where the feed water had 8.0 mg/L O2. The
deoxygenation process used a 10 Torr vacuum to drive permeation,
and used flowrates between 50–800 mL/min (linear flow velocities
of 2.30–36.74 cm/s) at 23 ◦C. The model was run for 10 min with
𝑛 = 250 segments, and solved using the BDF solver in the scipy Python
library. Independency with respect to time and number of segments was
confirmed. We assumed a saturated N2 concentration in the feed, and
the presence of water vapor permeation.

Good agreement between the model and the published deoxygena-
tion data was observed while using Eq. (3) with the averaged Graetz
number (Fig. 5), despite the significant development of the mass trans-
fer boundary layer (Table 3). Therefore, the averaged Graetz number
was used for the simulations.
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Fig. 5. Model results for O2 and N2 diffusion from a PDMSXA-1000 membrane
contactor compared to the membrane manufacturer datasheet. The comparisons show
both the Leveque and Newman correlations using Local and Average Graetz numbers.
The plot shows that the Leveque correlation using the average Graetz number resulted
in the most accurate prediction.

Although Wickramasinghe et al. warned that the assumptions im-
plicit in the Leveque approximation and the Newman extension are
no longer valid ‘‘when the diffusion boundary layer reaches the center
of the tube’’, it has also been shown that the approximation and the
extension are able to accurately predict the Sherwood numbers from
experimental data [26,31,33,34]. Due to the rich body of research that
has verified the Leveque approximation, and therefore the correspond-
ing Newman extension, for hollow fibers, we chose to use Eq. (4) to
approximate the liquid-side mass transfer coefficient.

The model was then compared to data from the experimental setup
described in Section 3.1 using H2 and CH4 gases. The model predicted
H2 extraction with an average absolute error of 10%, and CH4 extrac-
tion with an average absolute error of 13% (Fig. 6). The slope of the
linear regression lines were 0.92 and 1.09 for H2 and CH4 respectively,
where parity with the model would result in a slope equal to one.

It was assumed that the permeate composition contained negligible
amounts of air. GC measurements determined that the average perme-
ate air composition was 3%. This assumption could account for the
model’s underestimation of gas extraction rates, because the presence
of air in the permeate would increase the permeation rate of H2 and
CH4.

Additionally, diffusion coefficients of pure gases in water can differ
significantly between sources. For H2, diffusion coefficients were fitted
from both Verhallen et al. and the CRC Handbook, resulting in Wilke-
Chang association parameters of 8.4 and 9.84, respectively [42,48]. For
CH4, diffusion coefficients were fitted from both Witherspoon et al. and
the CRC Handbook, resulting in Wilke-Chang association parameters of
1.8 and 2.2, respectively [42,43]. Meanwhile, the original Wilke-Chang
correlation suggests an association parameter of 2.6 for CH4. We used
an association parameter of 9.84 for H2 and 2.2 for CH4, corresponding
with data from the most recent source. Generally gas extraction rates
will increase with diffusion coefficients. Therefore, an overprediction
of gas extraction rates could imply that the diffusion coefficient of that
gas is too high, and vice versa. It is noted that pure hydrogen recovery
rates are generally underestimated, while pure methane recovery rates
are generally overestimated. We have compared the errors at different
operating conditions, and found no consistent trends.

Given that the model did not use empirical parameters outside of
published results for diffusion coefficients of gases, an average error of
13% is thought to be acceptable and provides sufficient confidence for
the parametric analysis described below.
7

4.2. Multiple gas permeation

Due to the lower bubbling rate of both CH4 and H2 in the mixed-
gas experiments, the extraction rates of both gases were much lower
compared to their single-gas equivalents (Fig. 6). H2 was extracted at a
rate of 0.5–1.0 mL/min as opposed to 1.5–3.2 mL/min, while CH4 was
extracted at a rate of 1.0–2.0 mL/min as opposed to 1.8–3.5 mL/min.
The lower bubbling rates are due to a limitation in our experimental
apparatus, where we cannot bubble more gas into our tank, or else it
will overflow. Additionally, these higher bubbling rates could result in
gas bubbles in the hollow-fiber membranes, further skewing the results.

The lower gas extraction rates also led to increased error relative
to the single-gas permeation results, especially for H2 extraction. The
average error of the mixed gas extraction data was initially 22%.
A significantly higher percentage of N2 in the permeate, however,
was observed. In the case of single-gas measurements, the majority of
experiments showed no N2 presence, with an average of 3 mol% N2.
In the case of mixed-gas permeation, the majority of the experiments
showed > 5 mol% N2, with a maximum of 18 mol% N2 and an
average of 6 mol% N2. Additionally, none of the experiments showed
a complete absence (0 mol%) of N2. This suggests that the initial
assumptions were no longer valid. Therefore, the model data shown
in Fig. 6 for mixed-gas extraction included a 10% saturation of O2 and
N2 (0.91 mg/L and 1.45 mg/L, respectively) in the feed water. This
reduced the average absolute error for H2 and CH4 extraction rates
to 16%. Additionally, this resulted in an average N2 concentration of
6 mol%, which agreed with the experimental average N2 permeate
concentration. The addition of the 10% saturation of O2 and N2 resulted
in an 𝑅2 value of 0.98 and a slope of 0.96.

Averaging between the single-gas and multiple-gas comparisons
between modeled and experimental gas extraction rates resulted a
slope of 1.02, an R2 value of 0.98, an average error of −1%, and
an average absolute error of 13%. The model was predictive of the
variation of gas extraction rates from 0.5 mL/min to 3.5 mL/min.

4.3. Model validation with published data

In addition to comparing the model with experimental values col-
lected for this study, the model was also compared with experimental
gas extraction efficiencies (Eq. (11)) described in the literature, includ-
ing the removal of O2 from air-saturated water [26,49] and the removal
of CH4 from anaerobic digester effluent [7]. The operating parameter
ranges are shown in Table 4. The results showed an average error of
-9% and an average absolute error of 11% (Fig. 7).

RE𝑖 [%] =
𝐶𝑖,𝑖𝑛 − 𝐶𝑖,𝑜𝑢𝑡

𝐶𝑖,𝑖𝑛
(11)

The fit with respect to other published values was more difficult
to analyze as a result of uncertainties in membrane geometries and
operating parameters. In the case of Henares et al. the inlet CO2
concentration was not reported, and so it was assumed that the biogas
concentration was in equilibrium with the CO2 concentration in the
wastewater [7].

In the case of Ito et al. the reported effective membrane area did not
agree with the calculated membrane area based on reported effective
length, membrane inner diameter, and number of fibers [49]; the
calculated value was used.

Despite the addition of these potential error or data limitations, the
model comparison resulted in an R2 value of 0.96, indicating that the
model was predictive of 96% of the variation between the experimental
data points.
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Fig. 6. Comparison between the experimental gas extraction rate and the modeled gas extraction rates. The dashed line indicates the location of the experimental data points that
match the modeled extraction rates, while the dashed-dot line indicates 20% prediction error. X-error bars represent the standard deviation between experimental extraction rate
data, while Y-error bars represent the error in modeled extraction rates due to errors in dissolved gas concentration from GC measurements.
Table 4
Operating parameter ranges for published data comparisons.

Paper Linear flow velocity (cm/s) Temperature (K) Vacuum pressure (-kPa)

Henares et al. [7] 1.2–32.7 298.15 14–80
Tan et al. [26] 4.4–17.7 295 97
Ito et al. [49] 53 293.15–295.15 50–100
Fig. 7. Comparison of the model predicted gas removal efficiencies of O2 [26,49] and
CH4 [7], with an average error of −9% and an average absolute error of 11%.

4.4. Model parametric analysis

After experimental validation of both single-gas extraction and
mixed-gas extraction, the model was used to parametrically analyze the
effects of vacuum pressure, linear flow velocity, and water temperature
8

on the extraction rates of H2 and CH4 from a mixed feed. The model
used a steady-state feed that was fully saturated by both H2 and CH4
(1.6 mg/L and 21 mg/L, respectively) and starved of air. To model a
step change in feed concentrations, shell-side initial conditions were
that of air at the vacuum pressure.

Fig. 8a shows the effect of vacuum pressure and linear flow velocity
on the extraction rate of H2 at temperatures of 20, 30, and 40 ◦C. The
modeled extraction rate increased with temperature, vacuum pressure,
and flow velocity. Fig. 8a also shows that the effect of increasing vac-
uum pressure on gas extraction rate differed based on other operating
conditions. Specifically, lowering the vacuum pressure from −50 kPa
to −90 kPa at 3.9 cm/s and 20 ◦C resulted in a 23% increase in gas
extraction rate, but at 40 ◦C, the same vacuum pressure increase only
resulted in a 15% increase in gas extraction rate.

Fig. 8b shows the effect of vacuum pressure and linear flow velocity
on the removal efficiency of H2 at the same temperatures. The model
again followed the expected trends of a hollow fiber gas extraction unit,
where an increase in linear flow velocity decreased the gas removal
efficiency as a result of a decrease in hydraulic residence time. Increases
in vacuum pressure and temperature, however, both increased removal
efficiency as a result of an increase in the mass transfer driving force
and the gas diffusion coefficients, respectively.

An interesting phenomena that our model highlighted is a change
in the effect of vacuum pressure on extracted gas composition. Fig. 9
shows the ratio of H2 and CH4 gas in the extracted gas stream at differ-
ent temperatures and membrane lengths. Under various combinations
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Fig. 8. Parametric analysis of multi-component gas extraction with a steady-state water feed saturated with both H2 and CH4. The figure shows the effects of linear flow velocity,
temperature, and vacuum pressure on the (a) H2 extraction rate, and (b) H2 removal efficiency.
of membrane length and temperature, there exists a linear flow velocity
under which lowering vacuum pressure decreases H2 mol % in the
permeate, but above which lowering vacuum pressure increases H2 mol
% in the permeate. Specifically, these cross-over points appear in the
middle-left, center, bottom-left, and bottom-middle plots.

This phenomena occurs as a result of a changing balance between
the retention time and the gas driving forces. Fig. 9 shows that in-
creased membrane length (and therefore retention time) shifts the
critical linear velocity up.

Combining the linear flow velocity and membrane length variables
into hydraulic residence time (HRT) – the average time the feed stays
inside the fibers – shows a clearer picture of the physical phenomena
responsible for the reversal of the effect of vacuum pressure on gas
recovery ratio (Fig. 10). Specifically, if the retention time was short,
and the temperature was sufficiently high, a higher vacuum pressure
selected for the gas with the higher total mass transfer coefficient,
which in this case was H2. As retention time increases, more of the
other gaseous components were recovered when the vacuum pressure
was increased, thus reducing the recovery ratio. When the retention
times were short, kinetic effects dominated.

5. Conclusion

A first-principles model for gas recovery from water using a side
stream hollow-fiber membrane module was developed and validated
both experimentally for the recovery of H2, CH4 and a mixture of
H2 and CH4, and against published literature data. During model
development, it was found that despite the theoretical presence of a sig-
nificant mass-transfer boundary layer in the hollow-fiber membranes,
the classical Leveque solution best described the liquid mass transfer
process. Additionally, the averaged Graetz number was found to be a
better estimate of the liquid mass transfer coefficient compared to using
a local Graetz number. Therefore, despite the assumptions implicit in
the Leveque approximation, it still serves as a sufficient way to estimate
the liquid mass transfer coefficient.
9

Experimental validation shows that the model had good predictive
capability for gas recovery from pure water, with an average absolute
error of 10%–16% in lab-scale gas recovery experiments, and 11%
when compared against published data from the literature. Addition-
ally, the model was predictive of 98% of the variation of removal
efficiencies from lab-scale testing, and 96% of the variation of removal
efficiencies from published data sets. The model-predicted effects of
operating parameters on gas recovery rates agreed with engineering
intuition. Parametric analysis also revealed coupled effects that were
not immediately clear from basic engineering principles. These trade-
offs will be important in designing gas recovery systems, particularly
for two-stage AD processes.

One limitation of the presented experimental validation was the
inability to completely remove air from the liquid feed. Future gas
recovery experiments should be performed in such a way as to remove
the need for this assumption, and such that validation of transient
effects can be performed.
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Fig. 9. Parametric analysis of H2/CH4 gas recovery ratio as a function of membrane length, linear flow velocity, temperature, and vacuum pressure.

Fig. 10. Parametric analysis of H2/CH4 gas recovery ratio as a function of hydraulic residence time, temperature, and vacuum pressure.
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Appendix A. Temperature dependence of gas properties

Below are enumerated the equations described in Section 2.3.1 for
clarity.

a. The equation for the absolute viscosity of water that was fitted
by Huber, et al. is shown below [39]. The viscosity is in units of
Pa s.

𝜇 = (1×10−6)

(

𝑎
(

𝑇
𝑇ref

)−1.9

+ 𝑏
(

𝑇
𝑇ref

)−7.7

+ 𝑐
(

𝑇
𝑇ref

)−19.6

+ 𝑑
(

𝑇
𝑇ref

)−40.0
)

(12)

where:

𝑎 = 280.68, 𝑏 = 511.45, 𝑐 = 61.131, 𝑑 = 0.45903, 𝑇ref = 300 K

b. The equation for liquid density of water as a function of temper-
ature found from the AIChE DIPPR Database, Equation # 100 is
shown below. The density calculated is in units of kg/m3.

𝜌 = 18 ∗ (−13.851+0.64038 ∗ 𝑇 −1.9124×10−3𝑇 2 +1.8211×10−6𝑇 3)

(13)

c. The equation for Henry’s Law Coefficients for Henry’s Law Co-
efficient is found in the NIST Webbook in the following general
form:

𝑘𝐻 (𝑇 ) = 𝑘◦𝐻 exp
(

𝑑(ln 𝑘𝐻 )
𝑑(1∕𝑇 )

( 1
𝑇

− 1
298.15

)

)

(14)

The values used for 𝑘◦𝐻 (standard Henry’s Law coefficient at
298.15 K) and 𝑑(ln 𝑘𝐻 )

𝑑(1∕𝑇 ) (the temperature dependency coefficient)
used for each gas is shown below in Table 5.

Appendix B. Wilke-Chang association parameters

To determine the appropriate Wilke-Change association parameter
for the gases of interest (H2, CH4, O2, and N2), we fitted the Wilke-
Chang correlation shown in Eq. (9) by plotting the diffusion of gas 𝑗 in
H2O, 𝐷𝑗,H2O against the function of temperature 𝑇 . In other words, we
can re-write Eq. (9) as:

𝐷𝑗,H2O = 𝜙𝐹 (𝑇 ) = 𝜙

(

(7.4 × 10−8)(MWH2O)
0.5

𝜇𝑉𝑗
𝑇

)

(15)

The viscosity of water as a function of temperature 𝜇 can be found
sing the equation from Huber, et al. reproduced in Eq. (12) [39].
he molar volume at normal boiling point 𝑉𝑗 can be calculated using
q. (10), where the critical molar volumes of each gas are shown below
Table 6).

The diffusion coefficients were then plotted against 𝐹 (𝑇 ), and the
lope taken to determine the appropriate association parameter 𝜙 (see
able 7).

Table 5
Table of constants used for each gas for Henry’s Law coefficient
determination. These have been converted from the ones shown in
the NIST website by converting the coefficients to units of mol/Pa
m3.
Gas 𝑘◦𝐻 [mol/Pa m3] 𝑑(ln 𝑘𝐻 )

𝑑(1∕𝑇 )

H2 7.8 × 10−6 640
CH4 1.3 × 10−5 1900
O2 12 × 10−6 1800
N2 6 × 10−6 1300
11

t

Table 6
Critical molar volumes as retrieved from the NIST
Webbook.
Gas 𝑉𝐶 [cm3/mol]

H2 64.15
CH4 98.6
O2 73.4
N2 89.21

Table 7
Association parameters based on a linear regression of various data sets against Eq. (15),
and the appropriate temperature ranges of the experiments.

Gas T range [K] 𝜙 𝑅2 Data source

H2 283–308 9.84 0.9985 [41]
CH4 283–308 2.2 0.9998 [41]
O2 275–333 1.9 0.9967 [45]
N2 293–360 1.77 0.9960 [46]

Appendix C. Model sensitivity analysis

Aside from the model parametric analysis performed in Section 4.4,
we performed a one-at-a-time (OAT) sensitivity analysis. OAT analysis
refers to a simple process in which first-order effects of various pa-
rameters on model outputs are determined. We first determine a set of
baseline parameters, and then change the parameters one at a time to
determine the effects of the changing parameter on the model output.

We define a gas recovery system where the input flow is saturated
with H2 (1.6 mg/L), O2 (8.6 mg/L), and N2 (13.8 mg/L). The baseline

odel uses the following operating parameters: temperature of 20◦ C,
acuum pressure of −80 kPa, volumetric flowrate of 300 mL/min, H2
nd O2 diffusion and permeability coefficients as determined by the
ilke-Chang equation (Appendix B) and the Permselect datasheet [32]

espectively. The membrane geometric properties are set at an effective
ength of 8.41 cm, and a membrane area of 0.12 m2. The fibers used
re consistent with an inner diameter of 190 um and an outer diameter
f 300 um.

The objective of this sensitivity analysis is to determine the effects
f:

• Gas recovery operating parameters (temperature, vacuum pres-
sure, and flowrate)

• Physical properties of the primary target gas (H2) and an unin-
tended gas (O2) in water and the membrane

• Membrane geometry

n the primary outputs of the model:

• Recovery rate of our primary gas target (H2)
• Total removal percentage of our primary gas target (H2)
• Total gas recovery rate (a measure of primary gas purity)
• Recovery rate of our unintended gas (O2) that will reduce the

purity of our product

It was found that within the operating range of the model (between
0 and 40 ◦C for AD systems), the effects of temperature on the recov-
ry rate of both the primary and unintended gases are linear (Fig. 11).
his is likely due to the combined effects of multiple factors, including
he non-linear effects of temperature on gas diffusivity in water, vapor
ressure of water, and the relatively small changes in temperature. Ad-
itionally, we see that increasing the operating temperature increases
he recovery rate and removal percentage of each gas, since increasing

emperature generally increases rates of mass transport.
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Fig. 11. OAT analysis on the effects of the operating temperature.
Similar to temperature, we see that decreasing the operating vac-
uum pressure increases the gas recovery rate of all gases due to the in-
creased driving force (Fig. 12). This agrees with fundamental transport
phenomena.

The effects of linear flow velocity on the recovery of gases show that
increasing linear flow velocity increases the gas recovery rates of both
primary and unintended gases, simply due to the increase of water that
is being degassed (Fig. 13). However, we see that the removal percent-
age decreases due to the reduction in hydraulic residence time, which
also follows our understanding of fundamental transport phenomena.

The effects of the primary gas diffusivity (Fig. 14) and membrane
permeability (Fig. 15) on the recovery rate is very clearly non-linear.
Specifically, it is noteworthy to see that the gas recovery rate and
removal percentage ranges when scaling the gas diffusivity by a factor
of 10 can change the removal percentage by factors of 2-3. Although the
non-linear trend is also seen in the effects of membrane permeability,
the difference in y-axes ranges clearly show that increasing diffusivity
12
has a greater effect on H2 gas recovery rates and removal percentages
compared to the membrane permeability. This echoes some of the
conclusions Elimelech and Phillip reported on the limits of membrane
permeability on the separation capabilities of membrane technologies,
and why other effects – such as liquid hydrodynamics – should be the
focus instead of the membrane material [50].

We see much of the similar trends as we described above in Figs. 16
and 17 for the effects of O2 diffusivity and permeability on gas recovery
rates. Their effects on the primary gas recovery, though, is very small.

The effects of membrane geometry also follow our understanding of
fundamental membrane transport. Specifically, we see that the length
of the fiber makes very little difference in our recovery results, provided
that the membrane area is constant (Fig. 18). This is consistent with
many of our bulk membrane module modeling equations, where the
characteristic parameter is the membrane area, not the membrane
length. Similarly, we see that an increase in membrane area (Fig. 19)
— which in this case corresponds with increasing the number of hollow
fibers — will significantly increase gas recovery rates.
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Fig. 12. OAT analysis on the effects of the operating vacuum pressure.

Fig. 13. OAT analysis on the effects of the operating linear flow velocity.
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Fig. 14. OAT analysis on the effects of the primary gas (H2) diffusivity in water.

Fig. 15. OAT analysis on the effects of the primary gas (H2) permeability through the membrane.
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Fig. 16. OAT analysis on the effects of the unintended gas (O2) diffusivity in water.

Fig. 17. OAT analysis on the effects of the unintended gas (O2) permeability through the membrane.
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Fig. 18. OAT analysis on the effects of the fiber length, keeping total membrane area constant, but changing the number of tubes.

Fig. 19. OAT analysis on the effects of the membrane area, keeping membrane length constant, but changing the number of tubes.
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